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Chemical engineering plays a crucial role in addressing present challenges related 
to energy, water and environment by proposing innovative, efficient and scalable 
solutions, through process and product design. In particular, process intensification 
(PI) is a promising approach to realize substantially smaller, cleaner and energy 
efficient (bio)chemical processes. This thesis proposes several novel applications of 
high gravity (in short, HiGee), an example of PI, for reactive and non-reactive 
separation processes. The proposed designs are examined for large-scale and/or 
decentralized applications of water purification, biofuel separation and biochemical 
production. The challenges in these separation applications are mainly due to dilute 
feed streams which are also distributed spatially and temporally. Hence, recovery and 
concentration of the product is resource and energy intensive.  
Groundwater pollution by several carcinogenic volatile organic compounds 
(VOCs) is a serious environmental and health concern, and several techniques have 
been suggested to remove these harmful compounds. This part of the study focuses on 
engineering an on-site VOCs (taking trichloroethylene, TCE as the model component) 
removal system for contaminated groundwater, using rotating packed beds (RPBs, or 
HiGee). Since groundwater is classified as a distributed system, an efficient VOC 
HiGee stripping system that is portable and economical is designed.  
Economic production of bioethanol from the lignocellulosic feedstock is one of the 
important solutions to the rising environmental concerns and the depleting crude-oil 
reserves. However, feedstock available for the bulk production of bioethanol is spread 






fermentor is dilute (~5 wt%), requiring resource and energy intensive separation. To 
address these issues, vacuum HiGee stripper-membrane (HSM) process is proposed. 
Performance of HSM is compared with one of the best energy-efficient conventional 
stripper-membrane process in the literature for bioethanol purification. HSM process 
has several advantages such as compactness, lower capital cost, lower operating cost 
and high turndown ratio over the conventional SM process. The size benefit of HSM 
process is essential for transporting bioethanol separation plants within the 
dimensional limitations of commercial motor vehicles (CMVs), for decentralized 
bioethanol purification.  
Lactic acid (LA) is an important example of bio-based chemical products, and its 
demand for producing bio-plastics is growing exponentially. The bulk production of 
LA is by microbial fermentation of renewable feedstock. However, LA separation 
from dilute fermentation broth and its further concentration are energy intensive and 
expensive. To address these challenges, a reactive stripper-membrane (RSM) 
technology as an effective alternative for producing LA is proposed. Performance of 
RSM process for the hydrolysis of methyl lactate to produce 88 wt% and 50 wt% LA, 
is compared with reactive distillation (RD). 
Owing to the small quantity of feedstock per hectare and the high variability in the 
feed flow rates, on-site LA processing by employing portable, modular and efficient 
process plants that demonstrate reliable performance and handle seasonal dynamics is 
important. In this perspective, solid catalyzed reactive HiGee stripper (SCRHS) is 
proposed and analyzed first for a lab-scale, model esterification system. It is then 
extended to plant-scale design of reactive HiGee stripper-membrane (RSM) process 






In summary, rigorous modeling and optimization of several intensified processes 
are studied in this thesis, and their performance in terms of total annual cost, 
compactness, conversion and selectivity is compared with relevant conventional 
processes in the literature. Results indicate that the proposed intensified processes are 
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hs,RPB Height of the annular segment within RPB (m) 
H Henry’s constant (dimensionless) 
Hn Stripper nth section height (n = 1, 2, 3) (m) 
Hy Henry’s law constant ((mol/mol)/(mol/mol)) 
HP Vacuum pump power (hp) 
Ji Component flux (cm3(STP)/cm2.s) 
k Specific heat ratio for air (dimensionless) 
kg Gas-side mass transfer coefficient (m/s) 
kl Liquid side mass transfer coefficient (m/s) 
ks Local liquid-solid mass-transfer coefficient (cm/s) 





kga Volumetric mass transfer coefficient for gas (s-1) 
kla Volumetric mass transfer coefficient for liquid (s-1) 
Kalcohol Adsorption constant of alcohol (m3/mol) 
Keq Equilibrium constant (Dimensionless) 
KLa Overall volumetric mass transfer coefficient (s-1) 
Kwater Adsorption constant of water (m3/mol) 
l Membrane thickness (cm) 
L Volumetric liquid flow rate at r = ri (m3/s) 
Lm Liquid mass flux (kg/m2-s)) 
m Constant 
.
gm  Gas mass flow rate (kg/s) 
.
lm  
Liquid mass flow rate (kg/s)  
Msteam Mass flow rate of the steam to the first evaporator (kg/s) 
Ng Dimensionless acceleration 
OC Operating cost ($) 
OCCompressors Compressors operating cost ($) 
OCPump Pump operating cost ($) 
OCReboiler Reboiler operating cost ($) 
OCRPB RPB operating cost ($) 
p Ratio of liquid jet to exit gas kinetic energy (dimensionless) 
pi,f Feed side pressure (cm Hg) 
pi,p Permeate side pressure (cm Hg) 
P Pressure (bar) 
Pb Blower power, (hp) 





Pbed Rotational power (kW) 
Pcol,stage1 Stripper top stage pressure (bar) 
Pcomp 3rd stage compressor outlet pressure (bar) 
Pcompressor,3 Outlet pressure for the third stage of the compressor (bar) 
Pd Design pressure (psig) 
Pe Effective power to drive the blower, (hp) 
Pi Inlet air pressure, (lbf/in2) 
Pm Membrane permeance (m3(STP)/(m2-h-bar)) 
Pm,i Membrane permeability (cm3(STP).cm/cm2.s.cm Hg) 
Pmem,1 Membrane-1 permeate pressure (bar) 
Pmem,2 MU- 2 Permeate side pressure (bar) 
Po Outlet air pressure (lbf/in2) 
Pp Pump power (hp) 
Pstripper Stripper top stage pressure (bar) 
Qreboiler Reboiler duty of stripper (MW) 
Qg Gas volumetric flow rate (ft3/min) 
Qh Power required for heating (Btu/hr) 
Ql Liquid volumetric flow rate (gpm) 
Qw Liquid flow rate per unit width for a packed bed, cm2/s 
r Variable radius of HiGee (m) 
ravg Log mean radius of RPB, ( ) ( )( )/ ln /o i o ir r r r= −  (m) 
rc Radius of the stationary housing of HiGee (m) 
rmin Minimum inner radius of RPB (m) 
rr Reaction rate (mol/gcat-min) 





ri Inner radius of HiGee (m) 
rs,i Inner radius of the annular segment within HiGee (m) 
rs,o Outer radius of the annular segment within HiGee (m) 
ro Outer radius of HiGee (m) 
rp Variable radius of porous catalyst layer (m) 
rp1 Inner radius of porous catalyst layer (m) 
rp2 Inner radius of porous catalyst layer (m) 
R Universal gas constant (m3-atm/mol-K) 
Ri Reaction rate (mol/g-s); where, i  = ester, ether, acid, alcohol and 
water 
Rm Gas-liquid interphase mass transfer rate (mol/m3-s) 
RR Reflux ratio of the methanol rectification column 
S Stripping factor (dimensionless) 
Sester Scaled sensitivity for esterification (dimensionless) 
Sether Scaled sensitivity for etherification (dimensionless) 
Sp Size factor (dimensionless) 
Shg Gas phase Sherwood number 
Shl Liquid phase Sherwood number 
ts Casing wall thickness (in) 
T Temperature (K) 
Tcol,btm Stripper (n-1)th stage temperature (oC) 
Tcomp,out,i ith stage compressor outlet temperature (i = 1, 2, 3) (oC) 
Tcondenser,out Condenser outlet temperature (oC) 
Tcooler,out Cooler outlet temperature (oC) 
Tproduct Rotational power (kW) 





Treboiler Stripper reboiler (nth stage) temperature (oC) 
Tstage,19 Liquid stream leaving 19th stage of the stripper 
TAC Total annualized cost ($) 
TCC Total fixed capital cost ($) 
TOC Total operating cost ($) 
Ug Superficial gas velocity (m/s) 
Ul Superficial liquid velocity (m/s) 
Ul0 Characteristic flow rate per unit area (= 1 cm/s) (m/s) 
Vi Volume within the inner radius of RPB (m3) 
Vo Volume between outer radius and casing of RPB (m3) 
Vt Volume within the casing of RPB (m3) 
W Casing weight (lb) 
Greek Symbols 
αA/B Membrane selectivity (dimensionless) 
γ Activity coefficient (dimensionless) 
δ Catalyst layer thickness (m) 
ΔPc Centrifugal pressure drop (N/m2) 
ΔPf Frictional pressure drop (N/m2) 
ΔPm Pressure drop due to momentum gain (N/m2) 
ΔX Surface renewal parameter (cm) 
pε  Bed porosity (dimensionless) 
ε Void fraction (dimensionless) 
catε  Catalyst porosity (dimensionless) 
η VOC removal efficiency (dimensionless) 





ηb Blower efficiency (dimensionless) 
ηcompressor Compressor efficiency (dimensionless) 
iη  Component effectiveness factor, where, i  = ester, ether, acid, 
alcohol and water (dimensionless) 
ηmb Motor efficiency for blower (dimensionless) 
ηmp Motor efficiency for pump (dimensionless) 
ηp Pump efficiency (dimensionless) 
μ Ratio of liquid viscosity to that of water at 70oF (dimensionless) 
μg Gas viscosity (kg/m-s) 
μl Liquid viscosity (kg/m-s) 
μr Ratio of liquid viscosity to that of water at 70oF 
ψ  Sphericity of packing (dimensionless) 
ν Kinematic viscosity of the liquid (m2/s) 
ν0 Characteristic kinematic viscosity (= 1.0×10-6 m2/s) (m2/s) 
νjet Liquid jet velocity (m/s) 
ρb Catalyst bulk density (g/m3) 
'
bρ  Catalyst apparent bulk density (g/m
3) 
ρg Gas density (kg/m3) 
ρl Liquid density (kg/m3) 
ρlf Liquid density (lb/gal) 
ρp Particle density (g/m3) 
σc Critical surface tension of packing (0.075 N/m for metal packing) 
σl Surface tension of liquid (0.072 N/m for water) 
σw Surface tension of water (kg/s2) 
catτ  Tortuosity (dimensionless) 





ψ  Sphericity of packing (dimensionless) 
ω Angular velocity of RPB (rpm) 
Dimensionless Groups 
























































ASME American Society of Mechanical Engineers 
ASTM American Society for Testing and Materials 
CE Chemical Engineering 
CEPCI Chemical Engineering Plant Cost Index 
CMV Commercial Motor Vehicles 
EBM Equilibrium-Based Modeling 
FCI Fixed Capital Investment 
f.o.b. Free On Board 
GDP Gross Domestic Product 
HETP Height Equivalent to a Theoretical Plate 
HOC EOS Hayden-O’Connell Equation Of State 
HOCl Hypocholorous Acid 
HSM HiGee Stripper-Membrane 
HTU Height of a Transfer Unit 
ICI Imperial Chemical Industries 
JG Jumping Gene 
LA Lactic Acid 
LCA Life-Cycle Assessment 
LPS Low-Pressure Steam 
MCL Maximum Contaminant Level 
MEE Multi-Effect Evaporator 






MON Motor Octane Number 
MOO Multi-Objective Optimization 
MSCP Modular Structured Catalytic Packing 
MTR Membrane Technology and Research 
MU Membrane Unit 
MWM Methyl lactate-Water-Methanol 
NPV Net Present Value 
NRTL Non-Random Two-Liquid 
NSGA-II Nondominated Sorting Genetic Algorithm-II 
OC Operating Cost 
PBP Payback Period 
PDTS Pressure Drop per Theoretical Stage 
PI Process Intensification 
PIN Process Intensification Network 
PSE Process Systems Engineering 
QH Quasi-Homogeneous 
RBM Rate-Based Modeling 
RD Reactive Distillation 
RDC Rotating Disk Contactor 
RHSM Reactive HiGee Stripper-Membrane 
ROI Return On Investment 
RON Research Octane Number 
RPB Rotating Packed Bed 
RS Reactive Stripper 






SCRHS Solid Catalyzed Reactive HiGee Stripping 
SDWA Safe Drinking Water Act 
SM Steam stripping-Membrane 
SOO Single Objective Optimization 
SQP Sequential Quadratic Programming 
TAC Total Annual Cost 
TCC Total Capital Cost 
TCE Trichloroethylene 
TOC Total Operating Cost 
UNEP UN Environment Programme 
UNIFAC UNIversal Functional Activity Coefficient 
USEPA US Environmental Protection Agency 
VLE Vapor–Liquid Equilibrium 











1.1 Challenges for Chemical Engineering in the 21st Century  
The rapid growth of human population from 6.3 billion in 2000 to an estimated 9 
billion by 2050 will be accompanied by profound socio-economic-technological 
changes. Focusing on the expected global economic changes, the average per capita 
GDP is projected to increase from $6,300 in 2000 to about $33,000 by 2050 (Siirola, 
2012). These changes will lead to a rapid increase in the demand for energy, potable 
water and (bio)chemical commodities. On the contrary, the process efficiency of 
converting natural resources to final products is low (Stankiewicz, 2006). World 
Business Council for Sustainable Development in its report “Vision 2050” estimates 
that for 9 billion people to live well and within the limits of the planet, improvements 
in resource efficiency by a factor of 4-10 is necessary (DiPiazza et al., 2010). Chemical 
engineering has a major role to play in addressing these challenges, especially on a 
technological level by proposing innovative, efficient and affordable ideas that are 
easily scalable to meet the world’s demands, while keeping environmental 
considerations at the forefront. 
Therefore, in the coming decades sustainability-oriented research in the chemical 
engineering domain needs to be focused on the following broad categories 
(Charpentier, 2006; Stankiewicz, 2006; Marquardt et al., 2010): 
• Development of innovative methods, and efficient process-intensified and 






and selectivity, while reducing the cost and complexity of the (bio)chemical 
manufacturing 
• Design of flexible, technically and economically feasible, decentralized low-
cost  multisubstrate and multiproduct modular process plants that can handle 
seasonal dynamics, for processes based on the renewable feedstocks 
To summarize, the efforts by “Chemical Engineering in the 21st century” on the 
technological-level would be to propose and optimally-design (bio)chemical processes 
that exhibit the following key aspects: 
• Compact and cheap 
• Energy efficient 
• Environmental friendly  
• Inherently safe and improved control 
• Just-in-time and decentralized production 
1.2 Process Intensification 
In the last few decades, a new area called process intensification (PI) has been 
widely discussed within the chemical engineering community. PI promises to provide 
solutions to the challenges highlighted in Section 1.1. As Stankiewicz and Moulijn 
(2000) noted “PI is the development of innovative apparatuses and techniques that 
offer drastic improvements in chemical manufacturing and processing, substantially 
decreasing equipment volume, energy consumption, or waste formation, and ultimately 
leading to cheaper, safer, and sustainable technologies.” European Roadmap of Process 
Intensification (2007) defines PI as “a set of often radically innovative principles 






benefits in terms of process and chain efficiency, capital and operating expenses, 
quality, wastes, process safety, and more.” 
1.2.1 Principles, Approaches and Scales of PI 
PI works on four basic principles that are as follows (Van Gerven and Stankiewicz, 
2009): 
Principle 1: Maximize the effectiveness of intra- and inter-molecular events  
Principle 2: Give each molecule the same processing experience 
Principle 3: Optimize the driving forces at every scale and maximize the specific 
                    surface area to which these forces apply 
Principle 4: Maximize the synergistic effects from partial processes 
These four principles then uses one or more following fundamental approaches in PI in 
their respective domains: (1) structure (spatial domain), (2) energy (thermodynamic 
domain), (3) synergy (functional domain), and (4) time
The above PI principles and approaches further act on three different scales: 
 (temporal domain). 
1) Molecular scale (e.g., molecular collisions, molecular diffusion) 
2) Mesoscale (e.g., particles, bubbles, films, phases)  
3) Macroscale (e.g., processing units, plants) 
PI field can be classified into two broad areas, namely, process-intensifying 
equipment and process-intensifying method (Stankiewicz and Moulijn, 2000). Process-
intensifying equipment deals with novel and miniaturized reactors, while a process-
intensifying method includes new or hybrid reactors/separations. These two areas are 
sub-classified into different categories as shown in Figure 1.1. Several successful 
commercial applications of PI are methyl acetate production by Eastman chemicals 






Corporation (Zheng et al., 1997), hydrogen peroxide distillation process of Sulzer 
(Meili, 1997), fine chemical process at Hickson and Welch (Phillips, 1999), and urea 
production by Stamicarbon (Stankiewicz, 2003).  
 
Figure 1.1: Process intensification and its components (Stankiewicz and Moulijn, 
2000) 
Importantly, chemical processes can be operated much safer if the inventory 
within the units at any given instant is less. Avoiding hazards, rather than controlling 
them by adding on protective equipment that may fail, through advances such as 
inherently safer design is important (Kletz, 1998). The consequences of having large 
process inventories can be disastrous if operation goes wrong. For example, a study by 
Hendershot (2000) showed that the devastating effects of Bhopal gas tragedy, which 
claimed thousands of lives, could have been minimized if the inventory within the 






(MIC) in batch mode, less than 10 kg of MIC should have been generated and 
converted immediately in the continuous mode. This explains the importance of PI to 
conceptualize and design compact reactors that are efficient, has short residence time 
and can effectively remove the heat of exothermic reactions to reduce thermal 
runaways. More importantly, instead of carrying tons of hazardous and explosive 
products from the supply site to the consumption site, on-site production strategies 
should be practiced. For instance, Imperial Chemical Industries (ICI) had stopped 
supplying phosgene to its customers and prefers to produce it on-site as required 
(Kletz, 1998). 
Despite several advantages and a good number of industrial applications of PI 
technologies, there are many barriers hindering more changes in the process industries. 
Stankiewicz and Moulijn (2002) pointed out six such barriers, and this section ends by 
highlighting the following important barrier from the perspective of process systems 
engineering (PSE): “Many of the novel equipment and processing methods are of 
radically different nature, and there is lack of simulation and scale-up capability 
(experience and lack of models). Also, there is a lack of early screening methods to 
qualify these novel technologies (lack of tools for early economic and process 
evaluation).” This thesis addresses many of these challenges. 
1.3 Motivation and Objectives of the Thesis  
Gas-liquid-solid contacting is an important operation performed in the chemical 
process industries. This may be for reaction, separation and/or heat exchange. The 
objective in many of these processes is to maximize separation efficiency, conversion 
and selectivity while minimizing size and associated (capital and operating) cost. Since 






intense micromixing and mass transfer efficiency are important in achieving improved 
performance (Burns et al., 2000). The broad objectives of the present work are to 
propose and perform optimal design of such PI systems that will provide faster, safer, 
cheaper, and efficient chemical processes. Rotating packed beds (RPBs, or HiGee) are 
of considerable interest in PI domain as they show a dramatic reduction in size 
compared to conventional packed beds and have many associated advantages (detailed 
in Chapter 2) over the latter. 
The specific objectives of this thesis are: 
a) To perform an exhaustive literature review covering the fundamentals and 
associated applications of HiGee, especially with reference to gas-liquid 
contacting processes. This is followed by the exploration of the opportunities, 
challenges and the role of PSE in addressing the various existing challenges in 
modeling, design, optimization and scale-up of HiGee, especially for its 
applications for decentralized operations. 
b) To analyze heater-integrated HiGee for decentralized removal of volatile organic 
compounds (VOCs) from contaminated groundwater at minimum cost. The effect 
of design and operating variables such as RPB dimensions and rotation, preheating 
the feed, liquid and gas flow rates are investigated. Due to the variation in VOC 
content in the contaminated groundwater, HiGee is optimized such that a range of 
alternative designs are obtained, one of which can be chosen and employed by 
designers as per their end needs. 
c) To address the challenges arising from the logistics of the low volumetric density 
and spatially widespread lignocellulosic feed to the centralized processing plants, 
the concept of HiGee stripper-membrane (HSM) process for high-purity 






economic evaluation of the HSM and the conventional stripping-membrane (SM) 
processes are then performed. Applicability of HSM for portable, decentralized 
application to purify dilute bioethanol feed is investigated as a solution to 
challenges in centralized bioethanol processing.  
d) To explore the feasibility of hybridizing a packed bed reactive stripper with a 
vapor permeation membrane (RSM) process for lactic acid (LA) recovery and 
purification. The performance of RSM process is studied by comparison of 
conversion and operating cost with the best-known reactive distillation (RD) 
process for obtaining industrial grades of LA. 
e) To reduce the inherent limitations of conventional reactive packed beds by the 
introduction of the concept of solid catalyzed reactive HiGee stripping (SCRHS) 
for integrated reaction and separation over a solid catalyst under the effect of high-
gravity field. Multi-scale modeling and simulation of SCRHS, which involve 
intraparticle diffusion, component-based effectiveness factors, and bulk and inter-
phase mass balances, are performed for better understanding of the proposed 
system. Performance of SCRHS is analyzed based on conversion, selectivity and 
product concentration for an equilibrium-limited, esterification with parallel 
etherification reaction. 
f) To scale-up the concept of SCRHS by proposing reactive HiGee stripper-
membrane (RHSM) process for LA recovery and purification. The performance of 
RHSM process is compared to RSM process by employing PSE methods such as 
design, optimization and techno-economic comparison. Due to the dilute nature of 
feedstock employed for LA production, the advantage of RHSM process over the 






In a nutshell, the focus of this thesis are on multi-scale modeling, design, 
optimization and techno-economic evaluation of novel configurations of RPBs for 
reactive and non-reactive separations. The proposed processes are further explored for 
decentralized processing of water, bioethanol and LA applications. In contrast to 
petroleum-based applications, feedstocks involved in these applications are 
geographically widespread - collecting and processing them in a central location may 
not be economical. Rather, it may be better to transport intensified, modular plants for 
on-site production and/or purification of products as per the customer demand and 
environmental specifications. This strategy has potential rewards such as reduced 
formation and disposal of wastes due to higher conversion, reduced capital cost and 
reduced carbon footprint. The plant can work with smaller inventory and thus can lead 
to inherently safer operation. The combined effect of these benefits will result in 
realizing sustainable global growth while maintaining a cleaner, greener and healthier 
environment. It is also likely to generate green jobs in the local communities. 
1.4 Organization of the Thesis 
Following this chapter, the thesis is organized into eight more chapters. Chapter 2 
provides the working principles of HiGee and literature review on HiGee 
developments. Chapter 3 of this thesis presents optimal design of HiGee for VOC 
stripping from contaminated groundwater, and its comparison with conventional 
stripping process. Chapter 4 presents the multi-objective optimization of the 
conventional SM process. The concept of HSM process with bioethanol as an 
application is studied in Chapter 5. HSM is further compared with conventional SM 
process. The feasibility of RSM process for LA recovery and purification is studied in 






etherification system is presented in Chapter 7. SCRHS is then extended in Chapter 8 
by studying RHSM for LA recovery and purification, and comparing it with RSM 
process. Finally, Chapter 9 summarizes the findings of this thesis along with an outline 








Literature Review: HiGee and its Current Status 
 
2.1 Introduction to HiGee and its Working Principles 
 Rotating packed beds (RPBs, or HiGee) is an important example of process 
intensification (PI), and was developed by Ramshaw and Mallinson (1981) at the New 
Science Group in Imperial Chemical Industries (ICI) nearly three decades ago. The 
application of enhanced acceleration in RPBs was observed to profoundly influence 
the performance of multiphase systems that were studied (oxygen-water, ammonia-
water and methanol-ethanol mixtures). The RPB technology was patented by ICI in 
1981 (US patent: 4,283,255), and licensed and further marketed by Glitsch Inc. of  
Dallas, Texas. 
As the name implies, HiGee (acronym for High Gravity) involves the application 
of rotational energy on a torus, cylindrical packed bed thus generating high centrifugal 
force and achieving a radical increment in the overall inter-phase mass transfer 
compared to conventional columns (driven by terrestrial gravity). Figure 2.1 shows the 
schematic of a HiGee - it primarily consists of a packed bed, casing, liquid distributor, 
dynamic seal, and a motor. The liquid stream enters through a stationary, coaxially 
placed distributor at the eye of the rotor, and is fed in the form of jets, broken jets, or 
spray of droplets at the inner periphery of HiGee (Rao et al., 2004). The liquid then 
attaches itself to the inner packing of the rotor where it experiences intense 
impingement due to large relative circumferential velocity between liquid and packing 
(Yi et al., 2009). Simultaneously, gas entering from the outer casing followed by outer 






the imposed pressure gradient. Under a significant centrifugal force (in addition to 
existing frictional, surface tension, and viscous shearing forces (Ding et al., 2000)) 
liquid flows within the packing in the form of thin films, tiny droplets, and rivulets 
(Burns and Ramshaw, 1996) thus decreasing mass transfer resistance while 
simultaneously increasing the gas/liquid interfacial area. Consequently, mass transfer 
enhancement of 1-2 orders over conventional columns can be achieved in HiGee. This 
leads to significant reduction in the size of the processing system. Further, HiGee can 
have packing with relatively high specific surface area (500–5000 m2/m3) compared to 
conventional columns, and can be operated at a higher gas/liquid flow ratio due to its 
lower tendency to flooding. 
 
Figure 2.1:  Schematic of a rotating packed bed (or HiGee) 
The liquid flow in HiGee is mainly in radial direction with little orientation 
towards lateral flow. Burns and Ramshaw (1996) and Burns et al. (2000) conducted 
experimental and modeling study in HiGee that aided in the visual and hydrodynamics 






rotational speed, liquid flow elements demonstrated filament flow in HiGee, which 
further reshaped and reformed dynamically into pore flow, followed by film flow and 
finally droplet flow with increase in the angular velocity (Burns et al., 2000).  
Estimated values of film thickness in HiGee are 8×10-5 m and 5×10-5 m at 600 rpm and 
1200 rpm, respectively (Burns and Ramshaw, 1996). The type of packing, gas and 
liquid flow rates, and angular velocity are the process variables that govern the 
covering of packing pores by the liquid (Yi et al., 2009). 
The intense mass transfer via gas-liquid contacting mainly occurs within the 
packed section of the HiGee. However, considerable amount of gas-liquid contacting 
also occurs outside the rotor, especially when HiGee is small. Due to the drag 
experienced by the rotating packing, gas-hydrodynamics demonstrates block-like 
movement within HiGee, akin to conventional packed beds. Pressure drop within 
HiGee is greater than conventional packed beds, and is observed to increase with gas 
flow rate and angular velocity (Kelleher and Fair, 1996; Sandilya et al., 2001). 
However, contrary to the behavior in conventional packed beds, pressure drop within 
RPB was observed to be lower in wetted bed than in dry bed (Gardner et al., 1992; Liu 
et al., 1996; Zheng et al., 2000). Such behavior is mainly attributed to the larger inner 
radius of HiGee in these studies, and was not observed by other researchers (Sandilya 
et al., 2001; Rao et al., 2004) due to the smaller inner radius of the HiGee employed in 
their studies (Table A.1).  Since total pressure drop across HiGee is complex to model, 
a reasonable approximation is to use the sum of three components, namely, frictional, 









Table 2.1: Correlations to Predict Different Hydrodynamic and Mass Transfer 
Behavior within HiGee 
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The inner radius and the height of HiGee determine the hydraulic capacity of the 
process unit (Singh and Counce, 1989). Due to the convergent and divergent flow of 
gas and liquid, respectively, in addition to the minimum centrifugal acceleration and 
maximum liquid flux, the tendency of flooding in HiGee is highest at its inner radius. 
Hence, careful design of the rotating contactors based on flooding conditions at the 
inner radius is important. In addition, arrangement of the packing within HiGee may 
also be important to reduce flooding. 
Several correlations exist for flooding in conventional packed beds, e.g. Sherwood 
correlation and Wallis correlation (Sherwood et al., 1938; Wallis, 1969). In the context 
of HiGee, little work has been done for determining the flooding correlations. Singh et 
al. (1992) proposed the flooding correlation in HiGee based on metal sponge-like 
(Sumitomo) and wire gauge type packing material. They observed that Sherwood 
correlation underestimates the rotational speed limit of operability for Sumitomo 
packing, and proposed a second order polynomial fit correlation. Lockett (1995) 
performed experiments on air-water countercurrent flow system for obtaining the 
flooding data in RPBs with structured packing, and concluded that Wallis-type plot 
was a better way to correlate flooding in RPBs (especially for the structured type 
packing). The advantage of Wallis-type correlation over Sherwood’s correlation was 
also explained in his work. Lockett (1995) and Singh et al. (1992) correlations for 
flooding in HiGee are presented in Table 2.1. 
High specific area of packing will provide higher contact area, needed for an 
efficient mass transfer within the bed. Several kinds of packing for HiGee has been 
extensively explored in the literature (see Table A.1), some of them being glass/plastic 
beads, reticulated metal wire mesh/metal foam, composite layers of gauze, and 






layers is 2-10 mm thick and specific surface area is 1640-3940 m2/m3 (Bucklin and 
Johnston, 1987; Singh and Counce, 1989). Li et al. (2008) demonstrated that for 
continuous distillation in RPB, wave-thread packing of stainless steel had the best 
mass transfer efficiency among corrugated disk packing and cross meshwork packing 
that were used in their experiments. 
The idea behind the HiGee design proposed by Ramshaw and Mallinson (1981) is 
explained in this section. The basis for choosing gravitational field as an external 
energy agent can be explained by the widely used Sherwood’s flooding chart (Figure 
2.2), primarily developed to represent the hydraulic behavior in countercurrent gas-
liquid gravity-driven packed absorption and distillation beds (Sherwood et al., 1938). 
For a given design of the packed bed with fixed gas and liquid mass velocities (Lm and 
Gm are the liquid and gas mass fluxes, at is packing area per unit volume, g is the 
applied acceleration, ε is the packing void fraction), the abscissa value in Figure 2.2 
gets fixed. The corresponding ordinate in Figure 2.2 thus defines the maximum 
permissible operable limit for the gas velocity beyond which flooding occurs (a 
phenomenon where the liquid is prevented from flowing downwards, and therefore 
accumulates within the column and is carried with the upward gas flow). Due to a 
constant terrestrial acceleration (acceleration due to gravity) and the total cross-
sectional area of the conventional bed, flooding (if reached) is seen throughout the 
column resulting in a sudden, substantial increase in the pressure drop. 
Careful observation of Sherwood’s plot indicates that the limitations inherent to 
conventional packed beds can be overcome if the ordinate values are squeezed. This 
can be achieved by subjecting the packed bed to a high centrifugal force field. The 
centrifugal acceleration generated within HiGee (replace ‘g’ by ‘ω2r’) results in 






as ρg and ρl are fixed (Reay et al., 2008). ‘ε3’ for a high voidage packing will vary over 
a range of 0.5–0.75 only. Thus, for 1000-fold enhancement in ‘g’, at the flooding limit 
either ‘Ug’ or ‘at’ can be increased by a factor of ~30 or ~1000, respectively, giving 
two degrees of freedom to manipulate. In practice, to create roughly equi-axed toroidal 
packing, both ‘at’ and ‘Ug’ should be increased. Overall, the approach leads to 
radically improved mass transfer and reduced height of a theoretical stage, resulting in 
a compact HiGee. 
    
Figure 2.2: Flooding correlation for gas-liquid flow in packed beds (Sherwood et al., 
1938; Reay et al., 2008) 
2.1.1 Separation Performance Metrics 
An important measure of separation in packed beds is its ‘height of a transfer unit 
(HTU)’. HTU of HiGee is as low as 2–6 cm, which is much smaller than conventional 
packed beds whose HTU is within the range of 10-60 cm (Rao et al., 2004). 
Throughputs in HiGee are about 6 times the conventional packed bed. The efficiency 
of mass transfer, which is also an important measure of separation, is up to 1–3 orders 






phase mass transfer and 4-9 times for the gas phase mass transfer (Ramshaw and 
Mallinson, 1981).  
Micromixing (mixing at molecular scale) plays an important role in many 
industrial reactions when the time scale for the chemical reaction is smaller or 
comparable to the time scale of the mixing process. Micromixing is defined as the last 
stage of turbulent mixing and comprises the viscous-convective deformation of fluid 
elements, followed by molecular diffusion (Yang et al., 2005). The product quality of 
fast reactions such as crystallization, precipitation, combustion, and reactions in a 
viscous medium (e.g., polymerization) is significantly influenced by the micromixing 
performance (Chen et al., 2004) of the process unit. Micromixing time in RPBs is of 
the order of 0.1-0.01 ms which is much smaller than several industrially applied 
reactive systems (Table 2.2). All these performance metrics thus demonstrate the 
prominent process intensification characteristics of HiGee (Zhao et al., 2010). 
Table 2.2: Micromixing Time of Different Kind of Process Units (Zhao et al., 2010) 
Process Unit Micromixing time (ms) 
Stirred vessel 1-200 
Kenics static mixer ≥ 1 
Submerged circulative impinging stream reactor 87-192 
Couette reactor 0.1-1 
Rotor-stator mixers 0.5-2 
Ultrasound on micromixing ≥ 5, ≥ 1 
Rotor-stator reactor 0.04-0.01 
RPB 0.1-0.01 
 
2.1.2 Advantages of HiGee 
Due to various reasons discussed in earlier sections, HiGee demonstrates several 






• Compact size and lower capital cost makes it useful especially for decentralized 
operations, offshore applications and plant retrofitting 
• Economical when special alloy metals are used for corrosion resistance or for 
hazardous operations needing low inventories of hazardous material  
• Achieves high turn-down ratios, achieves quick steady state, easy to start-up 
and shut-down, and is operable at high gas and liquid throughputs 
• Short residence times, high selectivity and high conversions – this is especially 
important for processing heat sensitive materials, viscous fluids and for 
exothermic reactions 
• Safer operation due to reduction in process inventory at any given instant 
• Operable even in cold climates by housing it within buildings 
2.1.3 Disadvantages of HiGee 
HiGee demonstrates higher pressure drop over conventional packed bed, and 
hence careful design and scale-up with optimal physical and operating parameters is 
important. Addtionally, HiGee involves a rotating part, and would incur extra 
operating and maintenance costs for motor, bearings, and dynamic seals.  
2.1.4 Operational Performance of HiGee 
Rotational speeds for the operation of HiGee are modest and are similar to that of 
centrifugal pumps and fans used in the chemical process indutries over several years 
for vast range of applications (Ramshaw, 1993). The operational data available in the 
open literature clarifies that HiGee has been providing stable performance for more 
than 5 years (Wang et al., 2011). Data from industrial scale hypochlorous acid (HOCl) 
production using HiGee reported to have no issues on mechanical reliability after 2 






recent data released at Process Intensification Network (PIN)-2010 on the same 
industrial scale HiGee units for HOCl production process, reported its successful 
operation for almost 10 years (Berg, 2010). 
2.2 HiGee in Perspective 
Over the years, as one of the cutting-edge PI technologies, HiGee has been 
explored for numerous fundamental and application-oriented studies. It has been 
explored extensively, especially on lab-scale processes for absorption, stripping, 
distillation, polymerization, heat transfer, reaction, adsorption, extraction, nanoparticle 
preparation, etc. The number of published reasearches since 1970 and a report 
generated by Web of Science with keywords “rotating packed bed” and “HiGee” is 
shown in Figure 2.3 and Table 2.3, respectively.  
 
Figure 2.3: Published items in each year for the latest 20 years with keywords 
“rotating packed bed” and “HiGee” in Web of Science  
The focus of this thesis is to study gas-liquid reactive and non-reactive separation 
processes in single-block HiGee, and several articles published in the domain of 






Appendix A). In addition, variants of HiGee such as split-packing HiGee and zig-zag 
HiGee are reviewed. Industrial application of HiGee in the open literature is provided 
in Table A.2. Following important conclusions from the literature review summarized 
in Table A.1 and A.2 are as follows: 
a) Majority of the HiGee work consists of lab-scale experimental studies explored for 
wide range of important applications. However, scale-up based on the optimal 
design of HiGee and its techno-economic comparison with the conventional plant-
scale processes is limited in the open literature. 
b) Although some industrial scale HiGee applications are listed in Table A.2, it 
appears that there has been little sharing of the design data. 
Table 2.3: Citations Report from Web of Science for Keywords “Rotating Packed 
Bed” and “HiGee” from Year 1970-2011* 
Results found 265 
Total number of times cited 3369 
Total number of times cited (minus self-citations) 2043 
Citing articles 1813 
Citing articles (minus self-citations) 1640 
Average citations per item 12.71 
h-index 31 
*This report reflects citations to source items indexed within Web of Science. 
2.3 Opportunities, Challenges and Role of PSE in HiGee Applications 
Chapter 1 discussed the major challenges for “Chemical Engineering in the 21st 
Century”, and highlighted the importance of PI in addressing them. This thesis aims to 
address various system-level challenges (from catalyst level to plant level) pertaining 
to water, biofuel and biochemical separation and purification sectors, with a view to 
provide solutions that would help to realize low cost, efficient, flexible, safe and 






the dilute characteristics of feedstocks used that are spread spatially and temporally. 
Consequence of such feedstocks is that the separation and purification becomes 
resource and energy intensive. In addition, most of these processes are accompanied by 
phenomena such as formation of azeotropes, equilibrium-limited reactions and variable 
feed flow rates (e.g., due to seasonal dynamics). Therefore, design based on the 
conventional packed beds (driven by terrestrial gravity) that inherently exhibit slow 
gas-liquid-solid mass-transfer, low separation efficiency, and low conversion and 
selectivity, results in bulky and expensive process plants. Hence, development of 
innovative methods that are energy efficient, intensified, and integrated technologies is 
important. Furthermore, the equipment should be modular, technically/economically 
feasible, and increases productivity/selectivity (Grossmann and Westerberg, 2000; 
Jean-Claude, 2006; Stankiewicz, 2006; Marquardt et al., 2010).  
Analysis and literature review in Sections 2.1 and 2.2 indicate that HiGee is a 
promising solution to several technological bottlenecks pertaining to separation and 
purification in the domain of water and bioproducts processes. In this regard, this 
thesis proposes several novel designs and applications of HiGee for reactive and non-
reactive separation processes. With reference to systems level progress in 
understanding and optimally designing HiGee, an excerpt from Trent (2003) is 
highlighted here: “Perceived risks on the process performance may derive from a lack 
of understanding of the process fundamentals and how performance may change with 
the scale of operation … Although considerable number of literature studies using 
centrifugal fields in chemical processing have been reported for lab- and pilot-scale 
operations, little information is public on the scale-up and optimal design.”  
Knowing the immense capability and importance of process systems engineering 






Claude, 2006) through techniques of modeling, simulation and optimization, 
application of these techniques to HiGee systems is imperative to develop deep 
insights into this promising technology. Moreover, development of first-principles 
based models and performance evaluation based on established metrics such as costs, 
energy, size, etc. would help in screening and recommending appropriate HiGee 
technologies. In addition, fundamental insights into the effectiveness of catalysts, 
selectivity, conversion, power consumption and pressure drop in vacuum under high 
gravity field, etc. need to be developed. Optimal designs that provide enhanced 
separation and reduced rotor energy, important for industrial applications of HiGee 
(Lin and Chen, 2009) must also be developed. This thesis investigates all the above 
aspects. 
However, exploration and rigorous analysis of the proposed reactive and non-
reactive HiGee processes by applying PSE technologies have several challenges. 
Firstly, plant-scale data is very rare. This makes model validation difficult. Secondly, 
absence of HiGee as an in-built unit operation in process simulators (e.g., Aspen Plus) 
and limited cost data for techno-economic evaluation pose further challenges.  
“PSE is concerned with the improvement of decision making processes for the 
creation and operation of the chemical supply chain.  It deals with the discovery, 
design, manufacture and distribution of chemical products in the context of many 
conflicting goals” (Grossmann and Westerberg, 2000). Over the years, concepts of 
systems engineering to understand the process behavior over different length (particle 
scale, reactor scale and plant scale) and time scale by employing various computer-
aided methods has been used for numerous studies in chemical engineering. Hence, 






evaluation of novel HiGee separation processes proposed in this thesis, PSE tools have 
been extensively used. The role of these are outlined below:  
(a) COMSOL Multiphysics and Aspen Plus platforms are used to solve first-
principles based mathematical models for catalytic HiGee and conventional 
systems to understand the influence of centrifugal field on reactive separation; 
(b) Non-dominant sorting genetic algorithm-II in Visual Basic based Excel platform 
and sequential quadratic programming in Aspen Plus are employed to optimally 
design HiGee and conventional processes for several conflicting objectives; 
(c) Reliable thermodynamic database, rate-based models, robust numerical solvers, 
transformation-based methodology (to simulate HiGee), etc. in Aspen Plus are 
used for rigorous plant scale design of hybrid reactive and non-reactive HiGee 
separation processes. PSE tools would also help in comparing the proposed HiGee 
processes for water, biofuel and biochemical applications with the best, optimized 
processes in the literature.   
2.4 Summary 
Application of high-gravity field as an external energy source on the packed beds 
promises several advantages over the conventional process. This chapter provided an 
overview on the working of HiGee followed by an extensive literature review on 
various lab and industrial-scale applications reported in the literature. Available 
correlations for pressure drop, liquid hold-up, gas- and liquid-side mass transfer 
coefficient, power consumption and flooding in HiGee were highlighted. Several 
opportunities that need to be explored, the associated existing bottlenecks, and the 
relevant challenges were discussed. The important role that PSE can play in obtaining 















Non-Reactive Separation Systems 
 
“Imagination is more important than knowledge. For knowledge is limited, whereas 
imagination embraces the entire world, stimulating progress, giving birth to evolution. 
It is, strictly speaking, a real factor in scientific research.” 












 “If the world is to thrive, let alone to survive on a planet of six billion people 
heading to over nine billion by 2050, we need to get collectively smarter and more 
intelligent about how we manage waste including wastewater,” said Achim Steiner, the 
Head of UN Environment Programme (UNEP) during their recent report release on 
“Sick Water?”. Statistics in the UNEP report states that globally every 20 seconds one 
child under the age of five dies due to the water-related disease (Corcoran, 2010). 
Moreover, almost 900 million people worldwide do not have access to safe water.  
A very prevalent water pollution problem pertains to the contamination by volatile 
organic compounds (VOCs). Removal of VOCs from groundwater and industrial 
wastewater streams is very important due to its adverse effects on the environment and 
human health. These compounds are present in many groundwater streams due to 
contamination by improper organic disposal, leakage of gasoline storage tanks, 
improper release of industrial wastewater, agricultural run-offs, leaching of landfills, 
and accidental chemical spills. Purification of contaminated groundwater is a spatially 
and temporally challenging task due to the following reasons: (a) groundwater is 
classified as a distributed system and hence remote operations are imperative; (b) 
VOCs dissolve easily into groundwater at dilute concentrations and process systems 
that can achieve efficient separation in less time is necessary. The techniques used to 
remove VOCs from the contaminated groundwater are air stripping, adsorption, 





distillation, membrane separation, ozone oxidation, UV treatment, aeration, caternary 
grid and biological treatment (National Drinking Water, 2005). However, limitations 
pertaining to many of these techniques are high installation cost, huge size, low-
throughput, easy fouling and/or difficulty in handling feed variability.  
The mechanism, benefits and applications of using RPBs (HiGee) for achieving PI 
was discusses in Chapter 2. This chapter explores the feasibility of HiGee for 
economic and decentralized VOC stripping. In addition, despite several studies and 
applications (see Tables A.1 and A.2), scale-up of HiGee is still under-developed 
which results in over-sizing of the bed (Trent, 2004). When compared to the 
conventional packed beds, HiGee has more number of design and operating variables, 
making it more complex to design. Clearly, an optimally designed process should lead 
to minimum total annual cost (TAC) and maximum VOC removal. These objectives 
are conflicting in nature, and MOO is needed to analyze and understand VOC removal 
in HiGee for different scenarios. MOO has found many applications in chemical 
engineering (Rangaiah, 2009), and is applied here for the optimal design of HiGee. 
Typical operating requirements, several objectives, and the option of heating 
groundwater are considered. As energy is a crucial factor in the selection of any system, 
power consumption due to individual operating variables is also discussed.  
For this study, trichloroethylene (TCE) is considered as the model compound of 
VOCs. It is among the most commonly encountered chlorinated VOCs in the 
groundwater streams (Goltz et al., 2005) and is classified among 129 priority 
pollutants by US Environmental Protection Agency (USEPA) (Callahan et al., 1979). 
According to the International Agency for Research on Cancer and National 
Toxicology Program, TCE has been suspected to be carcinogenic in nature. Hence, the 
maximum contaminant level (MCL) for TCE in potable water systems is set at 5 μg/L 





as stated under the Safe Drinking Water Act (SDWA) (USEPA, 2009). The rest of the 
chapter is organized as follows. Section 3.2 describes the HiGee stripping process. 
Section 3.3 presents the formulation of the mathematical model with different 
correlations for the proposed MOO approach in detail. Section 3.4 presents MOO 
results for the HiGee stripping process with and without heater. Uncertainty and 
sensitivity analysis for the HiGee stripping process without heater and the results on 
the feasibility of HiGee for remote applications are also discussed in this section. The 
chapter ends with conclusions in Section 3.5. 
3.2 Process Description 
A schematic of HiGee stripping process is shown in Figure 3.1. TCE-
contaminated groundwater, at 283 K and atmospheric pressure, is delivered by a 
centrifugal pump to an electric heater where it is raised to a certain temperature. 
Groundwater flow rate at a high flow rate and concentration of TCE in it are, 40 l/s and 
500 μg/L, respectively (Gross and Termaath, 1985). The motivation behind selecting 
these particular values is to perform a direct economic comparison with a real-time, 
commercial-scale conventional stripping design studied by Gross and TerMaath (1985). 
The design goal of the HiGee stripping process design is to achieve 99% of TCE 
removal such that the norms laid by SDWA are met (USEPA, 2009). Apart from the 
application of centrifugal force on the packed bed, raising the temperature of 
groundwater can also improve the separation of VOCs. This will result in decreasing 
the solubility of VOCs in water, resulting in its easier removal. The preheated 
groundwater in Figure 3.1 travels to the inner radius of RPB where it is distributed in 
the form of liquid jets by a coaxially placed distributer. Simultaneously, air is 
delivered by a blower at the outer radius of RPB. Thus, air-liquid contacting followed 





by stripping of VOCs takes place within the annular region of the packed bed, and the 
treated liquid exits from the outer radius of the bed (Figure 3.1). Stainless steel wire 
mesh with specific surface area of 825 m2/m3 and voidage of 0.95 is used as the 
packing material within the RPB. 
 
Figure 3.1: Schematic of the HiGee stripping process from contaminated groundwater 
3.3 Mathematical Model and Optimization 
Broadly speaking, a MOO problem generally has two or more objectives with 
many decision variables and constraints. These objectives are often conflicting in 
nature, and improvement in the value of one objective may result in decrease in the 
value of another objective. This results in a set of equally good solutions rather than 
just one optimal solution as in single objective optimization. These solutions are 
commonly known as the Pareto-optimal solutions (Rangaiah, 2009). 
The MOO problem for VOC removal by HiGee stripping can be formulated as: 
Maximize  VOC removal,  f1 (%)    (3.1) 
Minimize  Total annual cost,  f2 ($)   (3.2) 
Subject to  ,mini ir r>      (3.3) 
   o ir r>       (3.4) 
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and model equations for the process given in Sections 3.3.1 and 3.3.2.  
Equations (3.3)-(3.6) are the constraints on physical variables whereas equations 
(3.7)-(3.8) are constraints on operational variables. The significance of formulating 
equations (3.3)-(3.8) as the constraints is as follows. Constraint in equation (3.3) is to 
prevent any possible breakage of liquid jets emanating from the coaxial distributor of 
the RPB due to a small inner radius. Equation (3.4) is to ensure that the outer radius of 
the RPB is always greater than its inner radius. Height of the RPB is selected based on 
the flooding limits as depicted in equation (3.5) with a constraint on its maximum 
value given in equation (3.6). Equation (3.7) is to provide a minimum heating of 284 K 
to the feed and the detailed explanation for the same is discussed in Section 3.3.2.4. 
The G/L ratio in equation (3.8) is constrained to a maximum of 25 obtained from Gross 
and TerMaath (1985), for maintaining a consistency in analysis between RPB and 
conventional stripping column. 
The bounds on the decision variables based on industrial practice are (Gross and 
Termaath, 1985; Trent, 2004): 
   0.01 0.3ir m≤ ≤     (3.9) 
   0.1 1or m≤ ≤      (3.10) 
   0.1 1h m≤ ≤      (3.11) 
    100 2500 rpmω≤ ≤     (3.12) 
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3.3.1 Objective Function: VOC Removal (f1) 









        (3.15) 
Two-film theory is employed for calculating gas-liquid mass transfer rate (Rm), 
and is given by the product of overall mass transfer coefficient ( L eK a ) and 
concentration driving force of TCE in liquid phase ( lc ) and in equilibrium (
*
lc ). 
( )*m L e l lR K a c c= −        (3.16) 
Gas-liquid equilibrium is assumed to follow Henry’s law: 
* 1 l gc H c
−=         (3.17) 
Variable gas phase concentration is given as: 
( ),g l l iLc c cG= −         (3.18) 
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S is the stripping factor defined as: 
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     (3.22)
 
where  
( )2 211L e o iK a r r hSβ π
 = − − 
 
      (3.23) 
Hence, η is chosen as the first objective for maximization.  
f1 = η         (3.24) 
The temperature-dependent Henry’s law constant for TCE-water system (Gross 
and Termaath, 1985) is:  
4308ln 9.703H
T
= −        (3.25) 
Chen et al. (2006) developed the liquid-side mass transfer correlation (kl) for the 
RPB that was able to predict most of the available data in the HiGee literature. Hence, 
this correlation, given below, is used in the present work.  
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  (3.26) 
The end-effects in RPB were accounted within klae by considering volume inside 
the inner radius ( 2i iV r hπ= ), volume outside the outer radius (
2 2( )o c oV r r hπ= − ), 





and the total volume of RPB ( 2t cV r hπ= ), where rc = 8ro/5. The effect of packing 
characteristics such as specific surface area and surface tension on the mass transfer 
efficiency was also accounted in the above correlation. Gas-side mass transfer 
coefficient (kg) for HiGee is given by the recent empirical correlation of (Chen, 2011) 
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  (3.27) 
The overall volumetric mass transfer coefficient ( L eK a ) is related to liquid-side 
and gas-side mass transfer coefficients by the following equation of the two-film 
theory: 
1 1 1
L e l e g eK a k a Hk a
= +        (3.28) 
The calculated L eK a is used in equation (3.23) for computing η in equation (3.22). 
3.3.2 Objective Function: TAC (f2) 
The following sub-sections detail the equations used for sizing and costing of 
HiGee, pump, heater, and blower. Free on board (f.o.b.) cost correlations (CE cost 
index = 550) and the corresponding bare module factors for these equipments were 
obtained from the literature (Turton et al., 2009; Seider et al., 2010). All cost data are 
in US$. 
3.3.2.1 Sizing and costing of blower: The size of the blower depends on the pressure 
drop of the gas across the packed bed. Pressure drop correlations are obtained from 
Sandilya et al. (2001), is the sum of following three components. 
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 (ii) Centrifugal pressure drop (ΔPc):
 
( )2 2 28f g o i
AP r rρ ω∆ = −   (3.30) 
 where constant, A is 1.8 (Singh et al., 1992). 
 (iii) Pressure drop due to friction (ΔPf): 
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=          (3.33) 
where efficiency of the motor (ηmb) is: 
( ) ( )20.8 0.0319 ln 0.00182 lnmb B BP Pη = + −     (3.34) 
Therefore, f.o.b. purchase cost for the centrifugal blower Cb is (Seider et al., 
2010): 
( )( ) ( )2exp 6.8929 0.79 ln 550 / 500Blower eCC P= + ×     (3.35) 
3.3.2.2 Sizing and costing of pump: Power required by the pump (Pp) to deliver liquid 









=        (3.36) 
For head (h) calculation, RPB was assumed to be 2 m above the ground level. The 
size factor Sp for costing a centrifugal pump is given as,  
0.5
p l dS Q h=         (3.37) 





The f.o.b. purchase cost for single-stage centrifugal pump (Cpu) excluding electric 
motor with vertical split case construction of cast iron is given by (Seider et al., 2010): 
( ) ( )( )2exp 9.7171 0.6019 ln 0.0519 lnpu p pC S S= − +    (3.38) 
The f.o.b. purchase cost (Cm) for electric motor is given by (Seider et al., 2010): 
( ) ( )
( ) ( )
2
3 4
exp(5.4866 0.1314 ln 0.053255 ln







   (3.39) 
The total cost of the pump, CCPump is the sum of Cpu and Cm. 
( ) ( )  3.3 550 / 500Pump pu mCC C C= × + ×     (3.40) 
3.3.2.3 Sizing and costing of HiGee: Power consumption in a HiGee can be modeled 
using two distinct terms as shown in equation (3.41). Here, the first term accounts for 
all frictional losses (due to bearings, drive, etc.) and the second term accounts for 
power required for accelerating the liquid entering the HiGee to the rotational speed at 
the outer radius (Singh et al., 1992). Hence, equation for net power consumption for 
rotating a packed bed with liquid of density ρl (kg/m3) flowing through it is given by 
the following equation: 
2 21.2 0.0011bed l oP r Lρ ω= +       (3.41) 
Note that rotational power is a function of two decision variables (outer radius and 
angular velocity).  
The present literature has no correlations for calculating the cost of RPBs. 
However, cost equations for rotating disk contactors (RDCs) are available in the 
literature, which are used as an approximation here. This assumption is reasonable as 
RDCs are similar to RPBs but without any packing. The f.o.b. purchase cost of a 
carbon steel RDC is (Seider et al., 2010): 





0.84320Rotor RC S=  where 
1.5
R RS hD=       (3.42) 
The packing cost is approximated by the expensive one ($200/ft3) present in the 
literature (Seider et al., 2010): 
2 27057.5 ( )Packing o iC r r hπ= × −       (3.43) 
The cost of motor for RPB can be given by (Seider et al., 2010): 
( ) ( )
( ) ( )
2
3 4
exp(5.4866 0.1314 ln 0.053255 ln






+ −   (3.44)
 
Hence, total cost of the RPB is: 
( ) ( )  2.03 1.45 550 / 500RPB Rotor Packing MotorCC C C C= × + + × ×   (3.45) 
3.3.2.4 Sizing and costing of heater: Power needed to preheat (Ph) the feed is: 
.
h l pP m C T= ∆         (3.46)
 
F.o.b. purchase cost equation for heater for hot water is (Seider et al., 2010): 
( )( ) ( )( )( ) ( )22.19 exp 9.593 0.3769 ln 0.03434 ln 550 / 500Heater h hCC Q Q= × − + ×  
          (3.47)
 
where Qh is the power required for heating (Ph) in Btu/hr. The f.o.b. purchase cost 
equation for heater holds good for a value of Q from 0.5 million Btu/hr to 70 million 
Btu/hr, which is similar to a raise in feed temperature of nearly 1oC for the present 
case. Hence, for MOO study, feed temperature is assumed to be raised by a minimum 
of 1oC. 
3.3.2.5 Flooding correlation: Singh et al. (1992) performed series of experiments on 
air-water countercurrent flow system for obtaining the flooding data in HiGee. The 









2 3log 2.27 1.14log 0.17 log
g g gG t m m
l m l m li
U a L L
G Gr
ρ ρ ρ
ρ ρ ρω ε
      
    = − − −                 
         
 (3.48) 
The minimum height of the RPB needed to prevent its operation in flooding 




=        (3.49) 
3.3.2.6 Inner radius: To meet the criteria discussed in Section 3.3 for Equation (3.3), 
the minimum length for the inner radius of the RPB is constrained to a value obtained 
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     (3.50) 
where p denotes the ratio of liquid jet to exit gas kinetic energy (p ~ 4), vjet is the liquid 
jet velocity (vjet = 4 m/s), and fd is the fraction of volume the liquid distributor occupies 
in the inner radius of the RPB (fd  = 1/3). 
3.3.2.7 Total annual cost (TAC): Return on investment (ROI), net present value (NPV), 
payback period (PBP) and TAC are the different economic indicators generally used in 
the literature. For this work, TAC is chosen as the second objective function (f2). The 
objective function, TAC is the sum of TOC (total operating cost) and amortized FCI 
(fixed capital investment) as follows: 
TAC = (amortization factor) × FCI + TOC    (3.51) 





where FCI = CCPump + CCRPB + CCBlower + CCHeater, TOC = OCPump + OCRPB + 
OCBlower + OCHeater, and amortization factor = 0.25. 
The two objectives, f1 and f2 (in Sections 3.3.1 and 3.3.2, respectively) with their 
stated constraints and bounds are optimized simultaneously as a MOO problem to 
obtain the Pareto-optimal solutions. The algorithm used to solve this MOO problem is 
the elitist non-dominant sorting genetic algorithm, NSGA-II (Deb et al., 2002). 
Although several adaptations of the elitist NSGA-II (e.g., the Jumping Gene adaptation 
(Kasat and Gupta, 2003), Altruistic-JG adaptation (Ramteke and Gupta, 2009)) are 
available, they may be needed for MOO of very complex systems. NSGA-II is found 
to be sufficient for the MOO problem in this study. NSGA-II is based on an 
evolutionary-based strategy and employs Darwinian principle of survival of the fittest 
to solve the MOO problem. The computer program uses binary coding for representing 
variables. As mentioned earlier, once the MOO problem is solved, it will give many 
optimal solutions, and the user has to decide which solution to be considered further. 
The algorithm parameters for the results reported in this work are: number of 
generations = 200, population size = 200, crossover probability = 0.9, mutation 
probability = 0.01, and seed for random number generation = 0.5. 
3.4 Results and Discussion 
3.4.1 Pareto-Optimal Solutions for Process With Heater 
Figure 3.2a shows the Pareto-optimal plot for the objective functions, namely, 
minimum TAC and maximum VOC removal for the HiGee process with heater (Figure 
3.1). It clearly shows that there exists a trade-off between these two conflicting 
objectives. The Pareto-optimal solutions (Figure 3.2a) are spread over VOC removal 
percentage from 16.5-100% and TAC from $121,509 to $190,788. A steep change in 





the Pareto plot is observed around 99.1%. After this point, a small increase in VOC 
removal requires a large increase in TAC; Figures 3.2b shows clearly this trade-off 
between TAC and VOC removal. Based on the obtained Pareto-optimal solutions 
(Figure 3.2), the designer can decide the level of VOC removal knowing the 
corresponding TAC required for it.  
 
Figure 3.2: Pareto-optimal front for the optimization of HiGee stripper with a heater in 
plot (a) with enlarged plot (b)  
Inner radius, outer radius, height, gas flow rate, temperature, and angular velocity 
of HiGee are the six independent decision variables in the present MOO problem. This 
section presents their trends corresponding to the Pareto-optimal front in Figure 3.2. 
The scatter observed in Figure 3.3, for example, is found in other studies as well 
(Kasat and Gupta, 2003; Ramteke and Gupta, 2009; Rangaiah, 2009); it is due to the 
stochastic nature of MOO algorithm and sensitivity of objective functions to the 
decision variables of the system. 
Optimal value of the inner radius of HiGee, corresponding to the Pareto-optimal 
front in Figure 3.2, is close to its upper bound for a large range of VOC removal 
(Figure 3.3a). A sudden drop in this value for very high values of VOC removal (~100) 
is due to the corresponding increase in angular velocity (Figure 3.3f), outer radius 





(Figure 3.3b) and height (Figure 3.3c) of the RPB, is in order to minimize TAC. Figure 
3.3b shows the variation in the optimal value of outer radius of the RPB with VOC 
removal. For VOC removal from 16.5 to 76%, outer radius is nearly constant, and 
increases gradually for VOC removal beyond 76%. This is due to the steady increase 
in gas flow rate (Figure 3.3d) and angular velocity (Figure 3.3f) over the range that is 
able to remove up to 76% of VOC without the increase in outer radius of RPB. 
However, size of the packed bed needs to be increased if the designer wants VOC 
removal above 76%. Optimal height of the RPB is nearly constant at 0.56 m for 16.5 to 
99.1% of VOC removal (Figure 3.3c). However, for VOC removal greater than 99.1%, 
it increases steeply in order to prevent RPB from operating in flooding regime due to 
the corresponding increase in gas flow rate (Figure 3.3d) and decrease in inner radius 
(Figure 3.3a).  
Figure 3.3d shows the variation of gas flow rate with percentage of VOC removal. 
Gas flow increases from 0.04 m3/s to 1 m3/s for VOC removal from 16.5 to ~100%. 
However, the increase in gas flow rate is very steep for very high percentage of VOC 
removal. At high gas flow rates, the driving force for VOC mass transfer increases and 
hence, greater VOC separation is achieved. A constant value of preheating temperature 
at 284K in Figure 3.3e, suggests that preheating of feed for enhanced VOC stripping is 
not economical. Since rise in thermal energy for preheating the feed corresponds to 
very high values of TAC, the integration of rotation and heating is found to be not 
beneficial even for very high values of TCE removal. Figure 3.3f shows that optimal 
angular velocity of the bed varies from 104 to 435 rpm for VOC removal from 16.5 to 
100%. The sudden increase in the angular velocity to achieve very high values of VOC 
removal (~100%) can be seen in Figure 3.3f. The effectiveness of any mass transfer 
system depends on its ability to bring the gas-liquid molecules as close as possible. 





HiGee does this by the formation of thin films and microbubbles, which can be 
achieved only if the bed is rotated at a high angular velocity. The designer can now 
select the appropriate angular velocity and the corresponding motor capacity for 
rotating the bed to attain the desired separation target. However, a motor with higher 
power rating may lead to an increased capital and operating costs. This, nevertheless, 
will bring in rewards like faster separation and compactness of the stripper. 
 
Figure 3.3: (a) Inner radius, (b) outer radius, (c) height, (d) gas flow rate, (e) 
temperature, and (f) angular velocity, corresponding to the Pareto-optimal front in 
Figure 3.2 
  





Table 3.1 lists the values of decision variables corresponding to three optimal 
solutions A, B and C selected from the Pareto plot in Figure 3.2. Optimal solutions A 
and C correspond to the minimal and maximal TCE removal obtained, respectively and 
optimal solution B is a point within these two extremes with 99.1% of VOC removal. 
The obtained dimensions (ri, ro, and h) for the resulting optimal HiGee at e.g., 99.1% 
of VOC removal are mechanically realistic values. Moreover, the benefit of 
optimization can be observed here, as high VOC removals (99.1%) can be obtained at 
relatively low angular velocities (213 rpm).  
Table 3.1: Comparison of Values for Three Different Pareto-Optimal Solutions 
Quantity Optimal solution A Optimal solution B Optimal solution C 
VOC removal (%) 16.5 99.1 ~100 
TAC ($) 121,509 129,291 190,788 
OC ($) 86,456 90,702 135,823 
CC ($) 35,052 38,589 54,966 
T (K) 284 284 284 
L (m3/s) 0.04 0.04 0.04 
G (m3/s) 0.04 0.48 0.93 
G/L 1 12 23 
ri (m) 0.30 0.29 0.16 
ro (m) 0.33 0.50 0.99 
h (m) 0.55 0.56 0.96 
ω (rpm) 104 213 435 
To understand the rationale behind the optimizer selecting relatively low rotor 
speed and large rotor size, HiGee system design is perturbed around one of the 
obtained optimal values along the Pareto front in Figure 3.2. Values for 99.1% of VOC 
removal was selected as the base case for this study. The system design was perturbed 
for ro and ω variables independently, whereas other decision variables were kept 





constant at their optimal values. The change in TAC with respect to change in VOC 
removal (η) around the selected optimal value is given in Table 3.2.  
Table 3.2: Values of Objective Functions Corresponding to Perturbations in the 
Optimal Values of Angular Velocity and Outer Radius of the Base Case 
 Base Case Case I Case II 
ω (rpm) 213 235 - 
ro (m) 0.50 - 0.55 
TAC ($) 129,290 129,924 130,341 
VOC removal, η (%) 99.10 99.29 99.57 
ΔTAC/Δη - 3,249 2,204 
For RPBs, increase in size and increase in angular velocity can result in higher 
VOC removal by providing longer residence time for the feed and larger micromixing 
efficiency within the packed bed, respectively. Hence, an optimum combination of ro 
and ω for a given value of VOC removal is important such that TAC is minimized. 
Since the variation of TAC with respect to VOC removal (Δ(TAC)/Δ(η)) around 
99.1% is greater for larger ω than for larger ro (Table 3.2), relatively low ω and larger 
ro are chosen by the optimizer. 
3.4.2 Pareto-Optimal Solutions for Process Without Heater 
In the previous section, synergy effect realizable with HiGee and heater is 
discussed, and it was found that preheating of feed is uneconomical even for very high 
VOC removal. As stated earlier, the goal of this work is to design a HiGee stripping 
process that can achieve 99% TCE removal, which is required for the present TCE 
contamination levels (500 μg/l). Hence, MOO of HiGee stripping process without a 
heater is further studied. The mathematical formulation for this case remains the same 
as in Section 3.3 except that Equations 3.7, 3.13, 3.46 and 3.47 are not required and the 
feed temperature is now fixed at 283 K. Since the results obtained for this case are 





similar to those in Section 3.4.1, they are discussed in brief. Optimal solutions X, Y, 
and Z in Figure 3.4 are similar to A, B, and C in Section 3.4.1, respectively.  
Figure 3.4a shows the Pareto-optimal front for minimum TAC and maximum VOC 
removal, for HiGee stripping process without a heater. The Pareto front is spread over 
VOC removal from 16.5-100% and TAC from $7,583 to $77,306. Figure 3.4b gives a 
closer picture of the Pareto-optimal front for more than 90% of VOC removal. The 
variation in the inner radius, outer radius, height, gas flow rate and angular velocity of 
HiGee corresponding to the Pareto-optimal front in Figure 3.4 is shown in Figures 3.5a, 
3.5b, 3.5c, 3.5d and 3.5e, respectively.  
 
Figure 3.4: Pareto-optimal front for the optimization of HiGee stripper without a 
heater in plot (a) with enlarged plot (b) 
Optimal values of the inner radius of HiGee (Figures 3.5a) are near its upper bound, 
with sudden decrease in its value for very high VOC removal. For VOC removal from 
16.5% to 82%, outer radius (Figures 3.5b) is nearly constant, and it increases gradually 
for VOC removal beyond 82%. This trend is due to a steady increase in gas flow rate 
from 0.04 m3/s to 0.33 m3/s (Figure 3.5d), and angular velocity from 120 to 195 rpm 
(Figure 3.5e) that are able to remove until 82% of VOC without the increase in outer 
radius of RPB. Height of the RPB is nearly constant at 0.55 m from 16.5 to 97.4% of 





VOC removal. However, for VOC removal greater than 97.4%, axial height of the 
RPB increases continuously until 1 m (Figure 3.5c).  
 
Figure 3.5: Optimal values of inner radius (plot a), outer radius (plot b), height (plot c), 
gas flow rate (plot d), and angular velocity (plot e), corresponding to the Pareto-
optimal front in Figure 3.4 
Figure 3.5e shows that angular velocity increases from 120 to 426 rpm with VOC 
removal, with a steep change for very high removal of VOCs. For a 99.11% TCE 
removal in a HiGee stripping process and at TAC of $15,480 (conditions 
corresponding to optimal solution Y in Figure 3.4), the following design and operating 





conditions are recommended: ri = 0.29 m, ro = 0.55 m, h = 0.65 m, G = 0.45 m3/s, L = 
0.04 m3/s, ω = 183 rpm, ap = 825 m2/m3 and εp = 0.95. 
To identify the economical competitiveness of multiple small RPBs over one large 
RPB for the same total feed flow rate, a brief study is pursued here. Four parallel RPB 
units with liquid flow rate of 10 l/s in each of them (rather than a single RPB unit with 
40 l/s, as in the Base Case) are optimized. Obtained MOO results suggest that for each 
individual small unit operating at feed flow rates of 10 l/s and 99.47% of TCE 
removal, TAC involved is $7,631. Hence, for four parallel units, approximate TAC 
involved would be $30,524. However, at a feed flow rate of 40 l/s within one HiGee 
unit and 99.51% TCE removal, TAC involved is $16,562. Hence, the obtained 
optimized results for the present case study suggest that TAC for four smaller HiGee 
units operating in parallel would be nearly 46% more than a single large HiGee unit. 
3.4.2.1 Analysis of power consumption: As discussed earlier, power consumption for 
VOC removal in HiGee mainly consists of three components, namely, for pumping the 
liquid, for blowing the stripping gas and for rotating the packed bed; values of these 
are seldom analyzed in the literature. Figure 3.6 shows the individual contribution of 
each of these components to the total power consumption. 
Pump power (Ppump) is nearly constant for 16.5% to 97.4% of VOC removal 
(Figure 3.6a), due to constant liquid flow rate and constant pump head. It increases 
after 97.4% of VOC removal due to the increase in the pump head. Blower power 
(Pblower) is a linear function of gas flow rate (Figure 3.6b) and hence follows a similar 
trend as in Figure 3.5d. Rotational power (PRPB) is 6.06 kW for VOC removal of 99.1% 
(Figure 3.6c), and it increases further with increase in VOC stripping because of the 
increase in the outer radius and angular velocity of HiGee (Figures 3.5b and 3.5e). 
Overall, the main contributor to total power consumption is due to the power 





component involved in the rotation of the packed bed. This is followed by blower 
power and pump power components, respectively where the earlier dominates the 
latter only after 65.3% of VOC removal. For a typical value of 99.1% VOC removal, 
Ppump and Pblower are 1.72 kW and 3.59 kW, respectively. 
 
Figure 3.6: Variation of component-wise power consumption with VOC removal: 
pump power (plot a), blower power (plot b) and rotating power (plot c), corresponding 
to the Pareto-optimal front in Figure 3.4 
3.4.2.2 Uncertainty analysis: Among different parameters involved in the modeling of 
HiGee, two of them are most uncertain; these are overall mass transfer coefficient and 
Henry’s constant. For example, there are several different correlations for these in the 
literature (Gross and Termaath, 1985; Tung and Mah, 1985; Munjal, 1989a; Munjal et 
al., 1989b; Heron et al., 1998; Chen et al., 2005a; Chen et al., 2005b). In this section, 
the effect of these key model parameters on the VOC removal efficiency is analyzed 





by considering different correlations for liquid-side mass transfer coefficient and 
Henry’s constant. 
Case 1 (Same klae correlation but with different Henry’s correlation): Henry’s 
constant has an inverse relationship with solubility, i.e., greater the Henry’s constant of 
an organic compound, lesser is its solubility in the solution. Moreover, this constant is 
temperature dependent. Heron et al. (1998) did a critical review of the existing 
regression equations on Henry’s law constant for TCE and proposed a more 
appropriate correlation for the same.  
Alternate Henry’s correlation:
 





The base case correlation (Equation 3.25) used for the present work (represented 
as Base Case in Figure 3.7a) is from Gross and Termaath (1985). Figure 3.7a shows 
the obtained results when the two Henry’s correlations are used individually. The 
results indicate that the Pareto fronts obtained for two different Henry’s correlations at 
constant feed inlet temperature are nearly the same. 
Case 2 (Different klae correlation but with same Henry's correlation): The effect of 
considering three different mass transfer correlations with the same Henry's correlation 
(equation 3.25) on the values of objective functions is studied in this section. This 
analysis is important because KLae determines the efficiency of stripping, and hence 
the size of HiGee. Figure 3.7b shows the variation in the Pareto fronts with different 
klae correlations (Equations 3.26, 3.53 and 3.54).  
Alternate klae correlation-1 (Chen et al., 2005b): 
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Alternate klae correlation-2 (Chen et al., 2005a): 
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The alternate klae correlation-1 (Equation 3.53) although accounts for the end-
effects existing in HiGee, it does not account for the packing characteristic within 
HiGee. The alternate klae correlation-2 (Equation 3.54) neither accounts for the end-
effects nor packing characteristics within HiGee. The analysis of the obtained Pareto-
optimal fronts in Figure 3.7b suggests that TAC for any particular percentage of VOC 
removal with the base case klae correlation (Equation 3.26) and the alternate klae 
correlation-1 (Equation 3.53) are nearly the same. However, the Pareto-optimal 
solutions for the base case klae (Chen et al., 2006) correlation and the alternate klae 
correlation-2 (Equation 3.54) differs in TAC for a wide range of VOC removal. For 
illustration purpose, one Pareto solution is selected from each of the Pareto-optimal 
fronts (klae: Base Case and klae: Alternate-2) in Figure 3.7b (intersection points of the 
dotted line with Pareto fronts).  
 
Figure 3.7: TAC versus VOC removal for different Henry’s correlations (plot a) and 
klae correlations (plot b) 
Analysis of the selected solutions show that 89.98% of VOC removal at TAC of 
$11,640 and 69.39% VOC removal at TAC of $11,632 is achieved for base case klae 
(Chen et al., 2005b) (Equation 3.26) and alternate-2 klae (Chen et al., 2005a), 





respectively. The differences in the predictions of Pareto-optimal solution suggests that 
due care has to be taken while selecting the klae correlations as it would result in 
improper sizing and hence, costing of HiGee. 
The details for the variation in the decision variables inner radius, outer radius, 
height, gas flow rate and angular velocity of the RPB corresponding to the Pareto-
optimal front for alternate-2 klae (Chen et al., 2005a) in Figure 3.7b (detailed Pareto-
optimal front in Figure 3.8a) is shown in Figures 3.8b, 3.8c, 3.8d, 3.8e and 3.8f, 
respectively. Continuous increase in the height of HiGee (Figure 3.8d) is observed to 
avoid the operation of the packed bed in the flooding regime due to corresponding 
decrease in the inner radius (Figure 3.8b). The trend for the variation in outer radius 
(Figure 3.8c), gas flow rate (Figure 3.8e) and angular velocity (Figure 3.8f) of the 
packed bed is similar to the case in Section 3.4.2. However, it is observed that 
compared to Figure 3.5e, variation in the magnitude of angular velocity for this case is 
from 105 rpm to 832 rpm for a VOC removal from 10.6-~100%. Hence, in summary, 
to avoid improper sizing of the HiGee system, use of appropriate mass-transfer 
correlations is inevitable. 
3.4.2.3 Sensitivity analysis: Sensitivity analysis (SA) is a quantitative approach to 
predict the response of the system around its optimal value due to the changes in 
operating variables such as feed flow rates. This analysis is necessary, especially for 
the decision makers/engineers for operating the plant based on obtained optimal values 
more confidently. Table 3.3 details the values of objective functions obtained by 
perturbing the values of decision variables by 10% corresponding to the optimal 
solution Y (Figure 3.4). However, one may also perform robust MOO analysis 
(Ramteke and Gupta, 2008) that involves random perturbation of decision variables to 
obtain Pareto-optimal front. 






Figure 3.8: Pareto-optimal front for the optimization of HiGee stripper (without a 
heater) for alternate klae correlation-2 (plot a) and, corresponding optimal values of 
inner radius (plot b), outer radius (plot c), height (plot d), gas flow rate (plot e), and 
angular velocity (plot f) 
Performance sensitivity of the optimal HiGee to changes in operating conditions in 
Table 3.3 shows that TAC is largely affected by the variation in angular velocity of the 
packed bed followed by groundwater flow rate and gas flow rate. VOC stripping 
efficiency is majorly sensitive to increase in feed flow rate and reduction in gas flow 
rate. Considerable changes in VOC removal are observed for other cases too. Table 3.3 





shows that operating cost is more sensitive to any change in the decision variable than 
capital cost. Moreover, capital cost is most sensitive to the variation in gas flow rate 
and operating cost is most sensitive to the angular velocity of the packed bed. 
Table 3.3: Values of Objective Functions Corresponding to the Perturbation in 
the Base Case 
 Base Case Case I Case II Case III Case IV Case V Case VI 
L (m3/s) 0.04 0.036 0.044 0.04 0.04 0.04 0.04 
G (m3/s) 0.45 0.45 0.45 0.40 0.49 0.45 0.45 
ω (rpm) 183 183 183 183 183 165 201 
VOC removal 
(%) 
99.11 99.43 98.65 98.67 99.36 98.85 99.30 
% Δη - 0.33 -0.46 -0.44 0.26 -0.25 0.19 
CC ($) 9,753 9,661 9,843 9,568 9,933 9,718 9,792 
OC ($) 5,727 5,408 6,045 5,551 5,902 5,256 6,246 
TAC ($) 15,480 15,069 15,888 15,120 15,835 14,974 16,038 
% ΔCC - -0.94 0.92 -1.89 1.85 -0.36 0.40 
% ΔOC - -5.57 5.56 -3.06 3.06 -8.21 9.08 
% ΔTAC - -2.65 2.63 -2.33 2.29 -3.27 3.61 
3.4.3 HiGee Stripper for Decentralized Groundwater Purification 
Table 3.4 compares the size and the associated costs for the HiGee stripper and a 
conventional stripper (Gross and Termaath, 1985) to achieve the specified TCE 
removal of 98% at similar groundwater flow rates. Results show that HiGee achieves 
radical reduction in the packed bed volume (by 94%) and cost (by 92%) compared to 
conventional stripper for the same TCE removal. The total capital cost and total 
operational power for HiGee stripper and conventional stripper are $31,977 and 
$412,400, and 10.6 kW and 15.6 kW, respectively. Due to a larger head, and larger gas 





flow rate and pressure drop, pump duty and blower duty for the conventional stripper 
are greater than those for the RPB.  
Table 3.4: Comparison between HiGee Stripper and Conventional Stripper for 
TCE Removal from Contaminated Groundwater 
 HiGee Stripper 
Conventional Stripper 
(Gross and Termaath, 1985) 
Dimensions Inner radius = 0.04 m Diameter          = 1.5 m 
 Outer radius = 0.52 m Tower height   = 9.2 m 
 Height          = 0.64 m Packing height = 5.5 m 
Packing volume (m3)  0.54 9.72 
Operating variables    
Liquid flow rate (m3/s) 0.04 0.038 
Gas flow rate (m3/s) 0.45 0.95 
Angular velocity (rpm) 176 Not applicable 
G/L (vol) 11 25 
VOC removal (%) 98.63 98 
Pressure drop    
Packing zone (Pa) 68.5 1650 
Non-packing zone# (bar) 0.05 0.05 
Pressure head## (m) 0.64 + 2 9.2 + 1 
Capital cost ($)   
Blower 8,125 17,400 
Pump 13,742 16,500 
Packed bed 10,110 378,500 
Total capital cost 31,977 412,400 
Operational power (kW)   
Blower 3.6 9.5 
Pump 1.7 6.1 
Rotor 5.3 Not applicable 
Total operational power 10.6 15.6 
#  Non-packing zone pressure drop in RPB and conventional stripper and is assumed to be equal. 
## RPB and conventional stripper are assumed to be at a height of 2 m and 1 m above the ground level, 
respectively.  
Higher the G/L ratio, higher is the separation performance, but the probabilities of 
flooding and foaming in the packed bed get higher. For the present TCE-water system, 





at a low G/L ratio of 11 and a modest angular velocity of 176 rpm, TCE removal of 
98.63% is possible in HiGee. On the other hand, for a similar liquid flow rate (0.038 
m3/s), a conventional packed column of 9.2 m height and 1.5 m diameter (with 5.5 m 
of 16 mm Pall rings packing) requires a G/L ratio of 25 for TCE removal of 98% 
(Gross and Termaath, 1985). This clearly demonstrates the separation efficiency and 
the corresponding cost of HiGee stripper over conventional columns, and is 
particularly important for processes where the stripping gas is expensive. In addition, 
larger the gas flow rate, larger is the post-processing cost of the contaminated stripping 
gas (i.e., air in the present system). Hence, lower G/L ratio with higher stripping 
efficiency is generally preferred. The compact size and low cost of HiGee stripper 
signify that it is affordable even for small communities and can be operated in 
decentralized, remote locations. Conventional strippers become difficult to operate in 
cold-climates while HiGee can be conveniently housed in a building and easily 
operable. 
3.5 Summary 
In summary, this chapter proposes an optimal design of HiGee for the removal of 
TCE from groundwater, by MOO. Importance and difficulty in the removal of VOCs 
from the drinking water are addressed, and application of HiGee for the removal of 
TCE has been illustrated. Synergy effect of HiGee and heater is studied, and the use of 
the latter for preheating of feed is observed to be uneconomical even for very high 
removal of VOCs. Contributions of different power components to the total power 
consumption is analyzed, and rotational power is found to be the main contributor and 
yet modest for a very high level of VOC removal. Moreover, rotation of packed bed 
results in the enhancement of VOC removal at low G/L ratio, which is desired but 





difficult to obtain in conventional packed beds due to their inherent mass-transfer 
limitations. Uncertainty analysis of mass-transfer correlations showed that improper 
selection of them may result in improper sizing and hence, costing of the HiGee. 
Performance sensitivity of the optimal HiGee to changes in operating conditions 
showed that TAC is largely affected by the variation in angular velocity, followed by 
liquid and gas flow rate. The set of optimal conditions thus suggested can be used in 
designing and operating HiGee water treatment plant for decentralized applications at a 









Multi-Objective Optimization of a Steam Stripper-Membrane Process 
for Continuous Bioethanol Purification 
 
4.1 Introduction 
Energy plays a vital role in meeting the basic human needs and demands including 
sufficient quality and quantity of food, clean water, clean air, transportation, etc. 
Additionally, rapid industrialization and life-style changes around the world have 
resulted in continuous increase in energy demand. During the past few decades, sharp 
fluctuations in crude-oil prices and rising concerns on pollution had motivated 
extensive search for alternate clean, renewable and low-cost fuel. Increasing energy 
security, curbing greenhouse gas emissions, and addressing environmental and related 
economic concerns, are therefore within key agenda for many countries.  
To address above concerns and considering the availability of diverse 
lignocellulosic and non-lignocellulosic feedstocks, research and application in the field 
of bio-based fuels have been accelerating. For example, Biomass R&D Technical 
Advisory Committee of US has envisioned 30 percent replacement of their petroleum 
consumption with biofuels by 2030 (Perlack, 2005). Bioethanol is one of the many 
promising alternatives among biofuels to meet the energy demand in the future. It can 
be blended with gasoline and has a higher octane number & heat of vaporization than 
gasoline. Moreover, bioethanol is less volatile, less toxic, and can reduce the formation 
of photochemical smog (Wyman, 1996). Currently, Brazil and United Sates are the 
predominant producers/users of ethanol as biofuel, and together contribute to nearly 
90% of global bioethanol production for usage as fuel (Flavin et al., 2006). Different 





blends of bioethanol with gasoline are available in the market at present, a few of them 
being E5 (5% ethanol and 95% gasoline), E10, E85 and E100. Depending on the 
geographical location, the associated safety norms and the type of vehicle used, 
ethanol is correspondingly blended with gasoline in various proportions. For example, 
“Flexible-fuel” vehicles can run on any ratio of gasoline and ethanol, ranging from 
neat gasoline to neat ethanol (E100). However, due to the occurrence of cold-start 
problem, maximum content of ethanol used in engines is limited during cold weather 
(temperatures lower than 11oC). Bioethanol has research octane number (RON) and 
motor octane number (MON) of 109 and 90, respectively, whereas gasoline has RON 
and MON of 91-98 and 83-90, respectively (Johansson and Burnham, 1993). In 
addition, it can also be used in unblended form in vehicles having dedicated engines to 
use neat ethanol. However, energy density of bioethanol is two-thirds of that of 
gasoline, and so has a lower fuel economy. Phase splitting, cold-start problem and 
corrosion are some of the associated issues with bioethanol.  
Bioethanol is obtained from fermentation of renewable feedstocks such as energy 
crops, crop residues or waste biomass. Second-generation bioethanol obtained by the 
fermentation of lignocellulosic wastes such as corn stover, sugarcane bagasse and 
switchgrass, is of considerable interest within the academia and industrial community 
due to its abundance and as an effective solution to the “food versus fuel” conflict. The 
production process for bioethanol from lignocellulosic biomass is briefly described 
here, and a schematic of the same is provided in Figure 4.1. Details of the complete 
process can be obtained from the technical report released by National Renewable 
Energy Laboratory (http://www.nrel.gov/docs/fy99osti/26157.pdf) (Aden, 2002). 
Bioethanol production process comprises of nine main steps, as follows: (1) feed 
handling (storage and size reduction), (2) pre-treatment and conditioning 





/detoxification, (3) simultaneous saccharification and co-fermentation, (4) enzyme 
production, (5) product recovery and purification (distillation/dehydration/evaporation 
/scrubbing), (6) wastewater treatment (aerobic and anaerobic digestion), (7) lignin 
combustion (steam and electricity generation), (8) product storage and (9) other 
utilities. 
 
Figure 4.1: Block diagram of bioethanol production from lignocellulosic feed (Aden, 
2002) 
Bioethanol produced within the fermentor in Step 3 is dilute in its concentration, 
generally, 1-5 wt%, and hence recovery and further purification (Step 5) becomes an 
energy and resource intensive task. It is observed that typically, 50-70% of the total 
cost of a biotechnological process comes from downstream processing 
(http://www.bio-economy.net/reports/files/sra.pdf). Different methods are practiced 





and discussed in the literature to recover ethanol from the fermentation broth, some of 
them being distillation, extraction, adsorption and membrane separation. 
Comprehensive literature on different kind of technologies available for bioethanol 
production and purification can be found in the literature (Wyman, 1996; Aden, 2002; 
Huang, 2008; Vane, 2008). Among these, distillation followed by adsorption is the 
most practiced technique in industry for the purification of bioethanol. Since 
distillation can purify up to maximum of 95.6 wt% of ethanol due to the formation of 
low-boiling water-ethanol azeotrope (at 1 atm), further separation step such as 
adsorption using molecular-sieve to obtain dehydrated ethanol at higher purity is 
imperative. However, distillation-adsorption processes are energy-intensive, especially 
for dilute ethanol concentrations in the fermentation broths (< 5 wt%) (Zacchi and 
Axelsson, 1989; Huang et al., 2010; Vane et al., 2012). 
Recently, Huang et al. (2010) studied an alternative separation process by 
combining vapor-permeation membrane and distillation (stripper only) process, for 
economic purification of dilute ethanol feed (11.5 wt%) to high-purity bioethanol (99.7 
wt%). The stripper-membrane separation system showed substantial energy savings 
compared to the distillation-adsorption process (reduction by nearly half), with net 
savings of $3 millions/year (nearly 50% savings in energy) for a typical plant 
producing 30 million gallons of ethanol/year (Huang et al., 2010).  
Since the membrane-stripper system consists of several energy intensive and 
vacuum operated units, operation optimization of the entire separation process to 
obtain high purity of ethanol at minimum operating cost is highly desirable. The 
objective of the study described in this chapter is to formulate and optimize the 
stripper-membrane system for bioethanol separation. For this purpose, the process is 
designed in detail and realistically. Important sets of conflicting objectives, namely, (a) 





maximization of bioethanol purity versus minimization of operating cost (OC), and (b) 
minimization of ethanol loss versus minimization of OC, are considered and solved as 
multi-objective optimization (MOO) problems. Pareto-optimal solutions thus obtained 
for these conflicting objectives are useful for better understanding of the stripper-
membrane system and for selecting one of them for implementation. The rest of this 
chapter is organized as follows. Section 4.2 describes the stripper-membrane system 
technology. Section 4.3 details MOO problem formulation for this separation system 
and its solution. Obtained results are presented and discussed in Section 4.4. The 
chapter ends with summary in Section 4.5. 
4.2 Description and Design of a Stripper-Membrane System 
4.2.1  Stripper-Membrane System 
The plant-scale design of the  system by Huang et al. (2010) comprised several 
units, the important ones being a 15-stage stripper, a vacuum compressor and a two-
stage membrane unit. A schematic of this system is shown in Figure 4.2. The values of 
variables and system parameters shown in this figure are taken from Huang et al. 
(2010). Dilute fermentation broth from the fermentor enters the top of the stripper 
column, as the feed to the separation system. The stripper column with a reboiler 
operates under vacuum (0.5 bar), where the dilute broth undergoes ethanol-water 
separation. The overhead vapor leaving the column becomes relatively concentrated in 
ethanol (~65 wt% ethanol, depending on the operating conditions), and is compressed 
to 3 bar. Compression raises the temperature of the vapor stream, and so compressor 
outlet stream is cooled to a temperature of approximately 5oC above the dew point 
(~120oC). 






Figure 4.2: Schematic of a stripper-membrane unit (Huang et al., 2010) 
A heat exchanger integrated with the reboiler (not shown) is used to cool this vapor 
stream. The hot vapor stream then passes through a two-stage membrane vapor 
permeation unit, where further concentration of ethanol in the retentate takes place. 
The permeate stream from the membrane unit-1 (MU-1) mainly consists of water 
vapor, and is recycled to the stripper at between 8th-11th stage. The permeate stream 
from membrane unit-2 (MU-2) consists of relatively low water content; it is condensed 
and then mixed with the stream from fermentation broth as the feed to the stripper. The 
retentate stream from the second stage of the membrane unit consists of ethanol of 





desired purity. It undergoes vapor condensation in the stripper reboiler to provide 
heating, thus recovering the latent heat from the product stream. As this is insufficient, 
steam is used to supply the remaining energy for vaporizing water in the reboiler. 
4.2.2 Modified Design of the  Stripper-Membrane System  
The proposed flowsheet by Huang et al. (2010) was designed under certain 
assumptions. In order to model and optimize the stripper-membrane process with high 
fidelity, several important factors have been introduced in the present study. Figure 4.3 
shows the modified flowsheet, and the corresponding key changes are discussed 
below. Lignocellulosic ethanol is generally of very low concentration, in the range 
from 1-5 wt%. On the contrary, concentration of corn-based ethanol from the 
fermentor is typically high (as high as 15 wt%). For this study, mildly concentrated 
feed, namely, ethanol at 11.5 wt% is considered for consistency with the study by 
Huang et al. (2010). 
a) Adiabatic thermal efficiencies of vacuum compressors and above atmospheric 
compressors are significantly different. A multi-stage compressor with realistic 
efficiencies (Ryans and Bays, 2001) and intermediate cooling, is implemented. 
b) Instead of equilibrium-based approach, a rigorous rate-based column simulation is 
performed using interface-based mass transfer rates, to obtain accurate results.  
c) Aspen Plus in-built correlation for bubble-cap trays is chosen to calculate the 
pressure drop across the column. Pressure drop of 0.1 bar and 0.2 bar is assumed 
respectively for coolers and reboiler (Turton et al., 2009), and pressure drop of 0.02 
bar is assumed for the “Vapor condenser” after “Membrane 2” (Figure 4.3). 






 Figure 4.3: Modified schematic of a stripper-membrane unit. The data shown in the 
figure is for the particular optimized case of 99.7 wt% of ethanol purity in the product 
stream and 0.1 wt% of ethanol loss at the stripper bottoms. 
d) According to Huang et al. (2010), the permeate vapor stream from MU-2 has to be 
cooled to 30oC to completely condense and create spontaneous vacuum conditions 
on the permeate side. However, cooling water available in industries is generally in 





the temperature range of 27-32oC. Considering a ΔTmin of 10oC for the condenser 
in Huang et al. (2010), cooling water temperature has to be at a temperature of 
20oC, which may not be available in many locations throughout the year. Hence, 
cooling/condensation of the permeate stream from the second stage of the 
membrane unit is constrained to a maximum of 37oC in order to create spontaneous 
vacuum. In addition, a minimum temperature driving force (ΔTmin) of 10oC and 
15oC for coolers and reboiler, respectively, is now considered. 
e) Permeate stream of the MU-2 is at 0.1 bar; it is condensed and then returned to the 
stripper operating at 0.5 bar. Hence, a pump is included to raise the pressure of the 
condensed stream to atmospheric pressure. 
4.2.2.1 Process design and simulation in Aspen Plus: Thermodynamic property 
package, and design of the important units implemented in Aspen Plus simulation 
software are discussed in this section. Selection of a suitable thermodynamic property 
package to predict the vapor-liquid equilibrium for the studied components is 
important, as it can considerably affect the simulation results. NRTL (non-random 
two-liquid model) property method in Aspen Plus is generally recommended for non-
ideal components in the ethanol-water system, and hence chosen for calculating 
activity coefficients for liquid phase mixtures. Vapor phase is represented by ideal gas 
equation of state. 
Column Simulation: Throughout the work pursued in this thesis, the majority of 
the conventional column simulations are performed based on the rate-based modeling 
(RBM) approach instead of equilibrium-based modeling (EBM) approach due to 
following reason:  
Equilibrium-based model assumes the vapor and liquid streams leaving a tray (or a 
section of a packed column) are in equilibrium with each other, and solves a set of 





mass balances, energy balances, summation and equilibrium equations. However, in-
reality equilibrium only exists at the vapor-liquid interface and tray efficiencies 
assumed based on heuristics are used to reduce this shortcoming in EBM. On contrary, 
rate-based model is closer to reality as it eliminates the uncertainties in efficiencies 
associated with EBM by assuming the equilibrium to be established only at the vapor-
liquid interface (Taylor and Krishna, 2000). A rigorous set of mathematical equations 
comprising of phase material balances, phase energy balances, interphase mass transfer 
rates, interphase energy transfer rates, phase equilibrium at vapor-liquid interface, 
summation equations and hydraulic equations for pressure drop, are all solved 
simultaneously in RBM approach.  
Ethanol-water separation simulation within the stripper based on rate based-model 
in RADFRAC module in Aspen Plus is implemented here. The simulated column 
comprises of 20 stages (i.e., 19 stages with bubble cap trays and reboiler). The feed 
enters the top stage (Stage 1) of the stripper, and the recycle stream from the MU-2 
enters at stage 1 of the column. The terminology in RADFRAC states that the stage 
counting starts from the condenser (stage 1) and ends at reboiler. However, in the 
absence of a condenser, stage 1 is the first plate. Top stage pressure of the column is 
specified as 0.5 bar as an initial guess. Mass and heat transfer coefficients on bubble 
cap trays were calculated, within Aspen Plus, using AIChE (1958) correlation and 
Chilton and Colburn method, respectively. Scheffe and Weiland’s (1987) approach to 
calculate interfacial area was selected.  
An estimate of the column diameter is needed to simulate it using rate-based 
approach. For this purpose, the column is first simulated using equilibrium-based 
approach and the diameter value from the sizing results is obtained. Note that a 
constant column diameter is assumed in all MOO runs. For this purpose, the column 





dimension has to be such that it is valid over the entire range of decision variables to 
avoid any possibility of flooding. Thus, the column diameter obtained from 
equilibrium-based model was used to set its value at 3.87 m for all simulations during 
MOO. The tray spacing was set at the default value of 0.6096 m. Bulk properties for 
each phase on each stage are needed to evaluate the corresponding energy and mass 
fluxes. These were calculated by selecting mixed-flow model in the rate-based 
approach, which assumes that bulk property for each phase on any given stage is equal 
to the property of the stream leaving that stage. 
Membrane Configuration: The overhead vapor leaving the stripper is compressed to 
a maximum of 3 bar. Compression results in temperature increase, and the stream has 
to be cooled near to its dew point. The operating temperature of the membrane is thus 
maintained at 128oC, which is ~5oC above its dew point to prevent condensation. 
According to Huang et al. (2010), the challenge here is the availability of membranes 
that can sustain high operating temperatures (120–130oC), and they stated that 
Membrane Technology and Research (MTR) and U.S. Environmental Protection 
Agency (USEPA) have developed such membrane modules. Water permeable 
materials such as cross-linked hydrophilic polymers to hydrophobic perfluoropolymers 
have been used by them to develop related kind of composite membranes. Water and 
ethanol permeance values for the simulated membrane unit is 2000 gpu and 50 gpu, 
respectively (Huang et al., 2010); note that one gas permeation unit (gpu) is 10-6 
cm3(STP)/(cm2.s.cm Hg). Vapor-permeation membrane area assumed in Huang et al.’s 
study was 2000 m2 and 2500 m2 for the first and second units, respectively. However, 
due to the occurrence of infeasible solutions when targeting high ethanol purity during 
MOO, membrane area was increased to 3000 m2 and 3500 m2, respectively, in the 
present study.  





Membrane Module Modeling: The permeate side of the membrane is maintained at 
vacuum, and vapor permeation is the underlying phenomenon for the transport and 
separation of components. Vapor permeation membrane module is unavailable readily 
in the Aspen Plus User Interface. However, Aspen Custom Modeler has an inbuilt 
code for gas-permeation module, and it can be imported into Aspen Plus User 
Interface. Following are the underlying assumptions for the membrane model used in 
this work. 
1. Transport phenomena across and along the vapor permeation membrane 
module can be adequately represented by discretizing it and solving as a set of 
multiple cells. Here, default value of Ncells =100 was used.   
2. Cross-flow mechanism with unhindered permeate withdrawal (i.e., permeate is 
removed from each cell and mixed to form the module permeate) and retentate 
flow from one cell to the next are assumed.       
3. Constant temperature exists along the interior of the entire membrane module.    
4. Vapor stream follows ideal gas behavior.       
5. Constant permeability of components (ethanol and water) is assumed for the 
given process conditions. 
Compressor Configuration and Design: Adiabatic thermal efficiency of compressors 
is an important factor for estimating the energy needed for compression. For a process 
gas compressed from initial pressure (Pin) to final pressure (Pout), it is defined as: 
Theoretical adiabatic horsepower  
Actual brake horsepowercompressor
η =    (4.1) 
Efficiencies of vacuum compressors are significantly lower than compressors that 
operate above atmospheric pressure. Typically, compressors operating above 
atmospheric pressure have an efficiency of 0.7-0.8 (Turton et al., 2009) whereas dry 





vacuum pumps have low thermal efficiencies and varies over a wide range. Depending 
on the operation pressure and the type of dry vacuum-pump used, adiabatic thermal 
efficiency can vary from 0.01 to 0.5 (Ryans and Bays, 2001). In this work, three stage 
screw compressors with inter-stage cooling are used to keep temperature below 204oC 
(Turton et al., 2009), and the corresponding efficiencies and discharge pressures are as 
follows: 
a) Screw compressor 1: ηcompressor = 0.33; Discharge pressure= 0.63 bar (Fixed) 
b) Screw compressor 2: ηcompressor = 0.33; Discharge pressure= 1 bar (Fixed) 
c) Screw compressor 3: ηcompressor = 0.75; Discharge pressure= 3 bar (Initial guess) 
Lower adiabatic efficiencies, for compression below atmospheric pressure, result in 
drastic increase in energy for compression, increased release of heat and high exit gas 
temperature. A rigorous multi-stage polytropic compressor using ASME method is 
chosen from Aspen Plus to model the compression system in the  stripper-membrane 
system. The mechanical efficiencies for all the compressors were specified as 0.95. 
Due to various operation and design constraints (e.g., material of construction), 
intermediate cooling in a multi-stage compression is generally desirable and 
implemented here such that the outlet temperature from any of the compressors does 
not rise above 204oC (Turton et al., 2009). To meet this constraint, outlet temperature 
of the first, second and third coolers are specified as 80oC, 95oC and 125oC, 
respectively. The reason behind selecting such high temperatures is to prevent liquid 
formation at the inlet to the next compressor or membrane unit. Pressure drop across 
each of the coolers is assumed to be 0.1 bar (Turton et al., 2009). 
  





4.3 Mathematical Formulation and Optimization 
The applicability and benefits of MOO are studied for conflicting objectives in a  
stripper-membrane system. Two important scenarios, each consisting of two 
conflicting objectives, are examined: (A) maximize ethanol purity (fpurity) and 
minimize operating cost per kg of product (fcost), and (B) minimize ethanol loss per kg 
of product (floss) and minimize fcost. Chemical engineers can see the conflicting nature 
of the objectives in each of these scenarios. MOO provides quantitative results on the 
trade-off among the objectives involved and many optimal solutions including values 
of decision variables. 
Case A: Maximize ethanol purity (fpurity) and minimize operating cost per kg of 
product (fcost) 
Study of ethanol purity (fpurity) as one of the objectives is important due to two 
main reasons; firstly, separation of most of water from bioethanol is necessary as its 
presence above certain limit may result in phase separation when mixed with gasoline, 
especially at low temperatures. Contamination of gasoline-ethanol mixture by water 
may also result in corrosion of metal parts and reduced fuel performance. In addition, 
due to the hygroscopic property of ethanol, there is a maximum safety limit. One of the 
hurdles for bioethanol distribution is the lack of common consensus on the limits for 
water in the fuel. The American Society for Testing and Materials (ASTM) 
specification for water in ethanol is 1.3 wt% and that according to European Union 
standards (EN 15376) is 0.3 wt% (D4806-04a, 2004; Vane, 2008). Secondly, 
bioethanol-dedicated engines in vehicles that run on neat alcohol (E100) allow hydrous 
ethanol, which has higher octane number and good anti-knocking property. Hence, 





wt% of water in bioethanol and the corresponding OC may vary for different scenarios 
of production. 
Therefore, knowledge on the trade-off between purity and OC will be of economic 
interest. The Pareto-optimal solutions obtained from MOO will help the decision-
makers to identify the extra OC (if any) incurred in purifying bioethanol to a higher 
target level. The solutions will also provide quantitative insights on competitiveness of 
the studied membrane-stripper technology for bioethanol purification. 
Case B: Minimize ethanol loss (floss) and minimize operating cost per kg of product 
(fcost) 
The separation efficiency for a system is generally described by its ability to 
achieve desired purity with minimal loss of the product (here, bioethanol) in the waste 
stream (stripper bottoms); this will also reduce the wastewater treatment cost. 
However, reduction in product loss is likely to increase OC. Therefore, simultaneous 
minimization of OC and ethanol loss per unit of product is of interest. 
4.3.1 Problem Formulation  
The MOO problem for bioethanol purification by membrane-stripper system for 
Case (A) can be formulated as shown below.  
Maximize Ethanol purity,  fpurity (%)     (4.2) 
Minimize Operating cost per kg of product,  fcost ($/kg)   (4.3) 
subject to ,1 , 1 0.1mem col stageP P bar≥ +      (4.4) 
  , 37
o
condenser outT C≥       (4.5) 
  , ,19 10
o
cooler out stageT T C≥ +      (4.6) 
  15oproduct reboilerT T C≥ +      (4.7) 





  % 0.1bottomsEthanol wt =      (4.8) 
In addition to the above, model/governing equations for each and every unit must be 
satisfied. This is ensured by simulating the process system in a simulator such as 
Aspen Plus. 
Equation (4.4) specifies that the permeate side pressure of the MU-1 (“Membrane 1” 
in Figure 4.3) should be at least 0.1 bar above the stripper operating pressure (stage-1), 
to ensure driving force for permeate flow into the column. Outlet temperature of 
condenser is specified to be greater than 37oC in Equation (4.5). Vapor stream leaving 
the 3rd stage of compressor would be at high temperature, and the energy from its 
cooling is used in the “Heat exchanger” to heat the liquid stream leaving 19th stage of 
the stripper (Figure 4.3). Hence, Equation (4.6) is to ensure the minimum temperature 
driving force (ΔTmin) of 10oC for the heat exchange in the cooler (Figure 4.3) with the 
“Heat exchanger”. Equation (4.7) is to maintain a ΔTmin of 15oC for the heat exchange 
of the retentate from MU-2 with reboiler (stage 20) of the stripper. Finally, Equation 
(4.8) is the design specification on ethanol content in the stripper bottoms. Ethanol 
purity at the bottoms in Equation (4.8) can be specified as an inequality constraint as 
% 0.1bottomsEthanol wt ≤ . However, specifying the constraint in such a way in Aspen 
Plus results in different values of bottoms ethanol purity (i.e., less than 0.1 wt%) for 
different runs of optimization. Hence, to keep the ethanol purity same in all MOO 
runs, it is set as an equality constraint. 
Decision variables for optimization are: operating pressure for stripper (Pstripper), 
outlet pressure for the third stage of the compressor (Pcompressor,3), permeate side 
pressure of MU-1 (Pmem,1), permeate side pressure of MU-2 (Pmem,2), and reboiler duty 
of stripper (Qreboiler). Selection of an appropriate range of decision variables is an 
important step in the formulation of an optimization problem. Bounds for the decision 





variables for the stripper-membrane process were obtained by simulating the process 
by varying each of the variables within physically meaningful range. This analysis 
helps to identify any difficulties in simulating the process during MOO, and is 
particularly useful when process simulators are used in order to avoid later difficulties. 
Further, bounds were set such that they cover the values used by Huang et al. (2010). 
The lower bound for the stripper pressure (Pstripper) in Equation 4.9 was decided 
such that temperature rise at the outlet of the first stage of the compressor would not 
exceed 204oC. As discussed earlier in Section 4.2.2.1, a 3-stage compressor was used 
for this study. Since the overhead vapor stream would be brought to at least the 
atmospheric pressure, the first and second stage outlet pressures were fixed at 0.63 bar 
and 1 bar, respectively. The third stage compressor outlet pressure (Pcompressor,3) can be 
varied; range for Pcompressor,3 was limited to 3 bar in Equation 4.10, to avoid violating 
the operational limit of 204oC on the outlet temperature at the compressor exit (Turton 
et al., 2009) during MOO. Lower bound of the permeate side pressure (Pmem-1) of MU-
1 is set higher by 0.1 bar (Equation 4.11) over the lower bound of Pstripper, such that 
Equation 4.4 holds valid.  
Permeate side pressure for MU-2 was kept above 0.1 bar (Equation 4.12) due to the 
practical constraints on the operation of the membrane (Huang et al., 2010). Reboiler 
duty was limited to a maximum value of 13.96 MW (Equation 4.13) to avoid any 
column operational problems such as flooding or dry trays. Figure 4.3 shows energy 
integration (1) between “Cooler” and “Heat exchanger”, and 2) by ethanol vapor 
condensation in the reboiler of the stripper. To avoid computational problems in the 
simulation of the process for a large range of decision variables, the process flowsheet 
is simulated without the energy integration. Then, the recovered energy from the two 
streams (from cooling and from condensation in reboiler) is deducted from the reboiler 





duty to calculate the total steam cost. Hence, the decision variable in Equation 4.13 
below is the total reboiler duty. 
In summary, bounds on decision variables are as follows:  
  0.25 0.6stripperbar P bar≤ ≤      (4.9) 
  ,31.5 3compressorbar P bar≤ ≤      (4.10) 
  ,10.35 1membar P bar≤ ≤      (4.11) 
,20.1 0.5membar P bar≤ ≤      (4.12)
5.82 13.96reboilerMW Q MW≤ ≤     (4.13) 
Problem formulation for Case B is similar to Case A with the following 
modifications. Equation (4.2) is replaced by Equation (4.14):   
Maximize Ethanol loss, floss (%)      (4.14) 
Minimize Operating cost per kg product, fcost ($/kg)   (4.15) 
Constraint in equation (4.8) is replaced by: 
  % 99.7productEthanol wt =      (4.16) 
All other constraints and decision variables are the same as those in Case A, from 
Equations 4.4-4.7 and 4.9-4.13. The two objectives, floss and fcost with their 
corresponding constraints are solved simultaneously such that 99.7 wt% of bioethanol 
in the product stream, specified as an equality constraint in equation (4.16), is also met.  
4.3.2 Optimization Methodology for MOO Problems in Cases A and B 
The ε (epsilon) constraint method suggested by Haimes et al. (1971) is employed in 
the present study to obtain the Pareto-optimal solutions. In this method, one of the 
objective functions in the MOO problem is chosen as the only objective (in this case, 
fcost) and the others (in this case, fpurity or floss) are transformed into constraints using 





suitable values so that the transformed objectives are kept within acceptable values. 
The value of the transformed objective into a constraint (i.e., ε) is to be determined 
based on a priori knowledge of the system or from single objective optimization 
(SOO) of each objective in the MOO problem.  
For example, in Case B, the transformed optimization problem will be: 
Minimize Operating cost per kg of product,  fcost ($/kg)   (4.17) 
subject to ( )%   lossf wt ε≤       (4.18) 
  ,1 , 1 0.1mem col stageP P bar≥ +      (4.19) 
  , 37
o
condenser outT C≥       (4.20) 
  , ,19 10
o
cooler out stageT T C≥ +      (4.21) 
  15oproduct reboilerT T C≥ +      (4.22) 
  % 99.7productEthanol wt =      (4.23) 
The decision variables and their bounds for the above SOO formulation are as in 
Equations (4.9)-(4.13). One objective, floss, in Case B (Equation 4.14) is transformed 
into an inequality constraint in Equation 4.18. This additional constraint ensures that 
the objective, floss, is less than or equal to a specific ε value. Since higher value of floss 
results in lower fcost, the optimizer would finally return a value of OC corresponding to 
floss equal to ε.  
The resulting SOO problem along with bounds on decision variables (Equations 
4.9-4.13) and constraints (Equations 4.18-4.23) can be solved to obtain an optimal 
solution for fcost. In ε-constraint method, the SOO problem is repeatedly solved for 
different values of ε. The obtained optimal solutions are then finally screened to find 
the Pareto-optimal front (i.e., non-dominated solutions).  





Advantages of ε-constraint method are that: (1) it is easy to formulate and 
implement, (2) it can handle problems having convex and non-convex Pareto-optimal 
front, and (3) any single objective optimizer such as that in Aspen Plus simulator can 
be used. Disadvantages of ε-constraint method are: (1) its complexity increases in 
terms of user inputs with the increase in number of objectives, (2) it gives only one 
optimal solution at a time, (3) difficult to obtain well-distributed solutions, and (4) it is 
time consuming since it requires many SOO problems to be solved and use of small 
changes in ε to avoid missing any optimal solution. However, ε-constraint method is 
used in this work because the inbuilt optimizer in Aspen Plus can be used readily and 
to demonstrate this method with a process simulator. 
Optimization within Aspen Plus: Inbuilt optimizer within Aspen Plus, namely, 
SQP-Biegler (a sequential quadratic programming algorithm) is selected as the 
optimizer method. The convergence test option is set to “Kuhn Tucker using Hessian”. 
Forward difference approximation was used for the derivative calculations as it is 
computationally less expensive. The tolerance value for each of the constraints in 
MOO formulation (Section 4.3.1) is set as 1×10-3, and it is set as 1×10-5 for the 
objective function. A generic set of executable FORTRAN statements for calculating 
the OC for a given process optimization is implemented within Aspen Plus. The 
objective function (here, OC in Cases A and B) is automatically calculated for each set 
of values of decision variables given iteratively by SQP-Biegler algorithm, until the 
minimum within the given bounds and constraints, is reached. Since Aspen Plus has a 
local optimizer, local solutions may be obtained in different optimization runs. Hence, 
for each value of ε, several optimization re-runs with initial values from the optimal 
results of the previous run and/or different initial guess are performed, to find the 
optimal solutions correctly. More discussion on this is given in Section 4.4.1.    





4.4 Results and Discussion 
4.4.1 Maximize Ethanol Purity per kg Product (fpurity) and Minimize Operating 
Cost (fcost) 
Figure 4.4 shows the Pareto-optimal front of non-dominated solutions (filled 
circles) for the two objectives, namely, minimum OC/kg of product and maximum 
ethanol purity. It is seen that a trade-off (conflict) exists between these two objectives. 
The open circles in Figure 4.4a are dominated solutions (i.e., filled circles are better 
than these, and so the open circles are not the correct or global optimal solutions), and 
are obtained in different runs despite starting with good initial estimates. Possible 
reasons for this are: (a) presence of multiple minima for SOO problem, (b) inbuilt 
optimizer (SQP-Biegler) in Aspen Plus is only a local optimizer, and so can converge 
to a local minimum, (c) premature convergence of the inbuilt optimizer, and (d) use of 
finite difference approximation for derivatives. Thus, it is important to run the 
optimizer several times for reliable and accurate results.  
 
Figure 4.4: Pareto-optimal front for the optimization of  steam stripper-membrane 
process, in plot (a) with enlarged plot (b); dominated and non-dominated solutions are 













The Pareto-optimal solutions (filled circles in Figure 4.4a) are spread over ethanol 
purity from 97.33-99.73 wt% and OC/kg of product from $0.043 to $0.048. A steep 
change in the Pareto-optimal front around 99.68 wt% of ethanol purity can be seen. 
This implies that increase in purity beyond this value would result in rapid increase in 
the operating cost. Although the range of the objective fcost ($/kg) seems to be small, 
OC for a typical plant capacity of 30 million gal/yr (~11,500 kg/h) varies from $4.34 
million/yr to $4.87 million/yr. Utilizing the quantitative results from the Pareto-
optimal front in Figure 4.4 and based on ethanol purity requirement (i.e., water in 
ethanol by ASTM is 1.3 wt% and by EN 15376 is 0.3 wt% (D4806-04a, 2004; Vane, 
2008)), one of the non-dominated solutions and the corresponding decision variables 
(Figure 4.5) can be chosen. 
Desired separation of ethanol-water mixture is achieved here by hybridizing the 
benefits of a stripper and membrane separation. This implies that both reboiler duty 
(related to stripper separation) and compressor power (related to membrane separation) 
can be varied to obtain a target purity level for bioethanol at the lowest OC. Reboiler 
requires steam (in this case, low-pressure steam, LPS) whereas compressor requires 
electric power. Cost of LPS (at 5 bar and 160oC) and electric power for this study are 
$27.7/ton and $0.06/kWh, respectively (Turton et al., 2009). Hence, depending on the 
bioethanol plant location and the prevailing cost of LPS and electricity, MOO results 
in Figures 4.4 and 4.5 can vary. 
Optimal values of the column pressure, MU-1 permeate side pressure and MU-2 
permeate side pressure corresponding to the Pareto-optimal front in Figure 4.4 are 
shown in Figure 4.5a, 4.5c and 4.5d, respectively. A continuous, nearly linear decrease 
is observed for the permeate side pressure of MU-2 (Figure 4.5d), implying that to 
achieve high ethanol purity in the range of 97.4 wt% to 99.68 wt% at low OC/kg 





product, lowering the permeate side pressure of MU-2 is most economical. According 
to solution diffusion model, flux (Ji) of a component i across a membrane of given 
thickness (L) and permeability (Pm,i) is proportional to the partial pressure driving 




= −     (4.17) 
where pi,f and pi,p are the partial pressure of component i on the feed and permeate 
side, respectively. The greater the difference between pressures on both the sides of the 
membrane, greater would be the partial pressure difference for a given composition. 
Therefore, for the same membrane area and at low permeate side pressure, high driving 
force and high component flux can be maintained. This better performance is, however, 
achieved by increasing cost of vapor condensation and pumping liquid. Also, at very 
low operating pressures, stability of the membrane can be an issue. The lower limit of 
the MU-2 permeate side pressure is reasonable and is as suggested in Huang et al. 
(2010). There is no significant and consistent variation in column pressure and MU-1 
permeate side pressure for ethanol purity from 97.4 wt% to 99.6 wt% (Figures 4.5a and 
4.5c).  
Operating pressure of the column initially rises marginally from 0.52 bar to 0.54 
bar for ethanol purity from 97.3 wt% to 97.4 wt%, and is nearly constant around 0.54 
bar until ~99.6 wt%. Since permeate side of the MU-1 is connected to the stripper, its 
variation is similar to the column pressure. In fact, it obeys the constraint in Equation 
4.4 (i.e., a shift of 0.1 bar in Figure 4.5c compared to column pressure in Figure 4.5a) 
to provide the driving force for permeate flow to the column. However, sudden 
changes in the trends of Figures 4.4, 4.5a, 4.5c and 4.5d are observed beyond 99.6 wt% 
of ethanol purity. MU-1 permeate side pressure and correspondingly column pressure 





start decreasing and hits nearly its lower limit. The column pressure is reduced to 
~0.27 bar for ethanol purity of ~99.74 wt%. 
  
   
 
Figure 4.5: (a) Column pressure, (b) compressor exit pressure, (c) membrane unit-1 
permeate side pressure, (d) membrane unit-2 permeate side pressure, and (e) reboiler duty, 










As discussed in Section 4.2.2, spontaneous condensation of the vapor stream at the 
“Vapor condenser” in Figure 4.3 creates the desirable vacuum on the permeate side of 
MU-2. Since the temperature of the condensate leaving the “Vapor condenser” (Figure 
4.3) is restricted to 37oC (Equation 4.5), the corresponding attainable vacuum on the 
permeate side of MU-2 is ~0.16 bar. Due to this reason, the permeate pressure in 
Figure 4.5d does not go beyond ~0.16 bar. Hence, optimization results suggest that for 
achieving ethanol purity beyond 99.68 wt%, the optimizer has to change MU-1 
permeate side pressure. Since column pressure and permeate side pressure of MU-1 are 
related via Equation 4.4, reduction in the former is also observed (Figure 4.5a). 
Operating the column at lower pressure increases compression cost and simultaneously 
reduces reboiler duty (Figure 4.5e), with the net effect of increasing the objective 
function, OC/kg ethanol produced (Figure 4.4) for achieving ethanol purity > 99.68 
wt%. Reduction in reboiler duty is observed due to the reduction in column pressure 
(Figure 4.5a) and hence, corresponding enhancement in relative volatility of 
ethanol/water mixture. 
Figure 4.5c shows the variation in the third stage compressor exit pressure with 
ethanol purity. Optimal value of this decision variable is near its upper bound for the 
entire range of the objective function. This is to maintain high feed-side pressure to the 
MU-1. Some fluctuations in the compressor exit pressure are observed due to the 
corresponding variations in the column pressure (Figure 4.5a). 
Table 4.1 shows the comparison of three selected points from Figure 4.4a. Points 
A and C are the optimal solutions corresponding to the minimal and maximal ethanol 
purity obtained, respectively, and optimal solution B is within these two extremes with 
99.68% of ethanol purity. Point B is at the limit of ethanol purity beyond which OC 
increases significantly (Figure 4.4a). Large change in Pmem,2 is required if the user 





desires to shift the target ethanol purity from 97.33 wt% to 99.68 wt%. However, major 
changes in Pstripper, Pmem,1 and Qreboiler are required if the user needs to further increase 
the ethanol purity from 99.68 wt% to 99.73 wt% (Table 4.1). 
Table 4.1: Comparison of Three Selected Pareto-Optimal Solutions shown in 
Figure 4.4a 
Quantity Solution A Solution B Solution C 
Ethanol purity, floss (wt%) 97.33 99.68 99.73 
OC, fpurity ($/kg) 0.043 0.045 0.048 
Pstripper (bar) 0.524 0.480 0.267 
Pcompressor,3 (bar) 2.949 2.996 3.000 
Pmem,1 (bar) 0.624 0.580 0.367 
Pmem,2 (bar) 0.500 0.159 0.164 
Qreboiler (MW) 9.87 9.78 8.15 
Compressor power (MW) 3.26 3.51 5.54 
 
4.4.2 Minimize Ethanol Loss (floss) and also Operating Cost/kg of Bioethanol 
(fcost) 
The Pareto-optimal solutions for the objectives, namely, ethanol loss in the 
wastewater stream (floss) and OC/kg of bioethanol recovered (fcost) are spread over 
ethanol loss from 0.025-0.21 wt% and OC/kg from $0.045 to $0.046 (Figure 4.6a). 
Purity of the ethanol product was fixed as 99.7 wt% (Equation 4.16) in this 
optimization. As before, although the range of fcost ($/kg) is small, for a typical plant 
capacity of 30 million gal/yr (~11,500 kg/h), OC varies from $4.55 million/yr to $4.65 
million/yr. As stated earlier, one limitation of ε-constraint (and also some other 
methods) is the difficulty to obtain well-distributed non-dominated solutions. This can 
be seen in Figure 4.6a where there are no solutions between 0.05 to 0.081 wt% ethanol 
loss. Optimal solutions X, Y and Z in Figure 4.6a and Table 4.2 are similar to solutions 
A, B and C obtained for Case A in Section 4.4.1.  





Table 4.2: Comparison of Three Pareto-Optimal Solutions Selected in Figure 4.6a 
Quantity Solution X Solution Y Solution Z 
Ethanol loss, floss (wt%) 0.035 0.081 0.210 
OC, fcost ($/kg) 0.046 0.045 0.045 
Pstripper (bar) 0.370 0.397 0.435 
Pcompressor,3 (bar) 3 3 3 
Pmem,1 (bar) 0.470 0.497 0.535 
Pmem,2 (bar) 0.161 0.161 0.160 
Qreboiler (MW) 9.03 9.19 9.41 
Compressor power (MW) 4.51 4.16 3.82 
Variation in decision variables, namely, column pressure, compressor exit 
pressure, MU-1 permeate side pressure, MU-2 permeate side pressure and reboiler 
duty, corresponding to the Pareto-optimal front in Figure 4.6a is shown in Figures 
4.6b-4.6f. To achieve high ethanol purity and low ethanol loss in the wastewater 
stream, permeate side pressure of MU-1 has to be a lower value. Figure 4.6d shows 
slight variation in MU-1 permeate pressure from 0.47 bar to 0.54 bar for 0.025-0.21 
wt% ethanol loss. Lower permeate pressure and hence larger pressure driving force 
would result in enhanced performance of MU-1 (Equation 17). Variation in column 
operating pressure (Figure 4.6b) obeys the specified constraint (Equation 4.4), with a 
similar trend as for MU-1 permeate side pressure (Figure 4.6d) and a shift of 0.1 bar. 
Operation of column at lower pressure would result in higher operating cost for the 
vacuum compressor, but also lower reboiler duty in the range (9.03-9.41 MW) due to 
the increase in relative volatility of ethanol-water mixture (Figure 4.6f). 





   
    
       
Figure 4.6: Pareto-optimal front for the optimization of  steam stripper-membrane 
process (plot a) and, corresponding optimal values of column pressure (plot b), 
compressor pressure (plot c), MU-1 permeate side pressure (plot d), MU-2 permeate 
side pressure (plot e), and reboiler duty (plot f) 
The compressor exit pressure is near its upper bound (Figure 4.6c), to provide a 












polymeric membrane. Since the specification for ethanol purity in Equation 4.16 is 
high (99.7 wt%), the permeate side pressure of MU-2 (Figure 4.6e) is near its lower 
bound to maintain a large partial pressure driving force across the membrane (refer to 
the discussion on Figure 4.5d in Section 4.4.1). However, close observation of Figure 
4.6e reveals that the permeate pressure is restricted to ~0.16 bar. This behavior is 
observed due the constraint on the temperature of the condensate leaving the “Vapor 
condenser” to 37oC in Equation 4.5.  
4.4.3 Detailed Analysis of a Selected Optimal Solution 
A comprehensive analysis of one selected solution from the Pareto-optimal front 
in Figure 4.4 is the focus of this section. For this purpose, the optimal solution for 99.7 
wt% ethanol purity in the product stream with 0.1 wt% ethanol in the wastewater 
stream is selected. The corresponding OC/kg product is $0.046. For this optimal 
solution, process flowsheet along with main design and operating data is given in 
Figure 4.3. Figure 4.7 shows mass fraction of water and ethanol in the liquid and vapor 
phases at different stages in the stripper. The concentration of water increases and 
ethanol decreases in both the phases from the top (stage 1) to bottom (stage 20, 
reboiler) of the column.  
The temperature profiles of liquid and vapor phases as well as of vapor-liquid 
interface are presented in Figure 4.8. As expected, temperature increases from the top 
to bottom of the stripper. The bulk liquid and vapor-liquid interface temperatures are 
nearly the same on all stages of the column; maximum difference is 0.2oC on stage 1. 
Vapor temperature is slightly more than the liquid temperature. Also, a sharp rise in 
vapor phase temperature is observed at stage 9 of the stripper due to the entry of the 
recycle vapor at 125oC from membrane-1. 





    
Figure 4.7: Composition profiles of ethanol and water at different stages of the steam 
stripper for liquid phase (left plot) and vapor phase (right plot)  
 
Figure 4.8: Temperature profile at different stages of the steam stripper for liquid phase, 
vapor phase and vapor-liquid interface 
Operating conditions at the outlet of different compressor stages and inter-stage 
coolers of the compressor system are given in Table 4.3. It can be seen that the 
operational constraints on temperature (T ≤ 204 oC) and pressure (Pcompressor,3 ≤ 3 bar), 
are within its specified range. 
 





Table 4.3: Operating Conditions at the Outlet of Compressor Stages and Inter-
stage Coolers of the Compressor System 
 Stage 1 Stage 2 Stage 3 
Compressor    
Exit temperature (oC) 157 202.6 198 
Exit pressure (bar) 0.63 1 2.99 
Power (MW) 1.19 1.65 1.395 
Inter-stage Cooler    
Exit temperature (oC) 80 95 125* 
Exit pressure (bar) 0.53 0.9 2.89 
Vapor fraction 1 1 1 
*This refers to the external cooler after the compressor system. 
Composition variation of ethanol and water within the dual-stage membrane for 
the retentate side of the membrane are shown in Figure 4.9. Vapor stream leaving the 
stripper at ~0.39 bar enters multi-stage compressor system, which increases the 
pressure of the inlet stream to the membrane unit to ~3 bar. This pressurized stream 
with 0.392 mole fraction of ethanol enters membrane-1 and undergoes separation 
within it based on the phenomenon of vapor permeation (Huang et al., 2010). The 
composition profile (Figure 4.9) shows the performance of the first and second 
membrane unit (3000 m2 and 3500 m2, respectively). Ethanol on the retentate side is 
concentrated from 0.39 to 0.82 mole fraction with simultaneous decrease in water mole 
fraction from 0.61 to 0.18. Ethanol-water stream leaving membrane-1 is further 
concentrated in membrane-2, where mole fraction of ethanol increases from of 0.82 to 
0.992 (equal to 0.997 mass fraction) and that of water decreases from 0.17 to 0.008. 
Thus, the desired product purity of 99.2 mole% (99.7 wt%) for the retentate stream 
leaving the final cell is achieved. 






Figure 4.9: Composition profile of ethanol and water at different discretized cells 
along the retentate side of the vapor permeation membranes 1 and 2 
Table 4.4 details steam, electricity and cooling water for the selected optimal point 
with fpurity of 99.7 wt% ethanol. Steam (LPS) and electricity cost for the reboiler and 
multistage compressor respectively, are the main contributors to the total OC for 
bioethanol recovery and purification process. However, energy conservation by using 
the energy from cooling the compressor-exit vapor stream and from condensing 
ethanol vapor in the reboiler, results in  ~40% reduction in the required LPS and 
consequently in major reduction in OC. Pump power is negligible (0.15 kW) compared 
to the compressor power (4,238 kW). Cooling water is assumed to be received at 27oC 
and returned at 42oC, and its cost water is taken as $0.0148/ton (Turton et al., 2009). 
Total cooling duty for obtaining 99.7 wt% ethanol purity is -3,912 kW, and the 
corresponding cooling water cost is $29,123/yr. To summarize, for producing 99,960 
tons/yr of 99.7 wt% ethanol, total operating cost is ~$4.5 million/yr. 
 
 





Table 4.4: Energy, Utilities and their Costs for fpurity of 99.7 wt% and floss of 0.1 
wt% 
Steam  
Reboiler duty (kW) 9,092 
Energy from the “Cooler” (kW) -956 
Energy from ethanol condensation (kW) -2659 
Net reboiler duty (kW) 5,477 
Steam cost ($/yr) 2,293,037 
Electricity  
Total compressor duty (kW) 4,238 
Pump duty (kW) 0.15 
Total electric power (kW) 4,238 
Total electricity cost ($/yr) 2,227,500 
Cooling water  
Cooling duty (Vapor condenser) (kW) -1,564 
Cooling duty (Multi-stage cooler) (kW) -2,348 
Total cooling duty (kW) -3,912 
Total cooling water cost ($/yr) 29,123 
Total ethanol production (tons/yr) 99,960 
Total OC ($/yr) 4,549,661 
OC per unit bioethanol purified ($/kg) 0.0455 
4.4.3.1 Effect of lowering ΔTmin of the “vapor condenser”: From Sections 4.4.1 and 
4.4.2, it is observed that lowering permeate side pressure of MU-2 helps to reduce OC. 
However, constraint on temperature driving force (ΔTmin) of 10oC for the “Vapor 
condenser” (Equation 4.5) and cooling water temperature (Section 4.2.2) in the MOO 
study, results in vacuum pressure on the permeate side of MU-2 to be restricted ~0.16 
bar. A test case where the restriction on ΔTmin is reduced to 5oC is considered. 
Accordingly, the constraint in Equation 4.5 is changed to , 32
o
condenser outT C≥ . 
Obtained results for Case A (fcost and fpurity) show that OC reduces marginally from 





$0.0455/kg to $0.0453/kg when ΔTmin  for the “Vapor condenser” is reduced from 
10oC to 5oC. 
4.4.3.2 Effect of lowering the feed stage of the stripper: The feed stream entering the 
stripper is at lower purity (11.5 wt% ethanol) compared to the recycle stream from the 
“Vapor condenser” (57.7 wt% ethanol). Hence, the advantage of feeding these streams 
at different stages is studied using the values of decision variables obtained from the 
optimal solution in Section 4.4.3.1 for ΔTmin for the “Vapor condenser” as 5oC. Figure 
4.10 shows the effect of varying the feed stage on the OC/kg of ethanol. A further 
reduction in OC/kg ethanol can be achieved if the feed enters at the 2nd stage of the 
column. The reduction in OC thus achieved is from $0.0453/kg to $0.0448/kg. Figure 
4.11 shows the shift in the composition profiles of ethanol and water within the 
stripper when feed stage (FS) is 1st and 2nd. 
 
Figure 4.10: Effect of variation in the feed stage of the column on OC/kg of ethanol 
($/kg). Square box indicates the optimal feed stage location 
 







Figure 4.11: Composition profiles of ethanol and water at different stages of the steam 
stripper for vapor phase (plot a) and liquid phase (plot b), for 1st and 2nd feed stage 
(FS), respectively 
The enhancement in the separation performance with change in the FS is clearly 
observed in Figure 4.11 for all the stages within the stripper. When FS is shifted from 
1st to 2nd, ethanol in the vapor stream leaving the top stage (stage 1) of the stripper 
increases from 63.6 wt% to 64.1 wt%, and ethanol in the bottoms stream from stage 20 
of the stripper is reduced from 0.115 wt% to 0.012 wt%. The reduction of ethanol in 
the wastewater stream results in slightly higher product flow rates (for 99.7 wt% 
ethanol) in the final output stream (ethanol product flow rate of 11,398 kg/h and 
(a) 
(b) 





11,489 kg/h when FS is 1st and 2nd, respectively). Hence, lowering of feed stage results 
in further reduction in the total OC. 
4.5 Summary 
Ethanol recovery and purification from dilute bioethanol-water mixture from 
fermentation using steam stripper-membrane process is a recent and promising 
technology. In this chapter, the process flowsheet is first modified considering 
important design and operational aspects. MOO of the modified stripper-membrane 
process for important and conflicting objectives, namely, maximization of ethanol 
purity (fpurity), minimization of operating cost per kg of ethanol product (fcost), and 
minimization of ethanol loss per kg of ethanol product (floss), is studied using ε-
constraint method. To achieve high separation efficiency at minimum fcost, permeate 
side pressure of MU-2 is observed to be an important handle for the optimizer. 
However, due to practical limitations on cooling water temperature and ΔTmin of the 
“Vapor condenser”, operation of MU-2 for permeate pressures below 0.16 bar is not 
attractive since lowering MU-1 permeate-side pressure followed by column pressure 
increases compressor power and operating cost.  
A particular case for 99.7 wt% of ethanol purity and 0.1 wt% of ethanol loss is 
considered for analyzing various aspects of the process. The basis for selecting a 
particular solution from the Pareto-optimal solutions depends on criteria such as the 
geographical region of bioethanol use and the corresponding norms on its purity and 
water content in the fuel, minimum allowable loss of ethanol and the operating cost to 
achieve particular separation level. Hence, the set of optimal solutions provided 
through this study can be used in operating the stripper-membrane process at desired 







HiGee Stripper-Membrane System for Decentralized Bioethanol 
Recovery and Purification 
 
5.1 Introduction 
Chapter 4 discussed detailed modeling of the conventional stripper column-
membrane (SM) separation process in Aspen-Plus™. Despite considerable progress in 
the separation processes involving either the tray- or packing-based conventional 
distillation columns, it has several inherent limitations: (a) low turn-down ratios 
(Kelleher and Fair, 1996) and hence difficulty in handling seasonal variations; (b) high 
installation costs and not portable for on-site ethanol concentration; (c) requires large 
land-space for column installation; (d) high inventory within the column, which poses 
safety risk for decentralized production (as ethanol has low vapor pressure and is easily 
combustible); and (e) slow process dynamics (Qian et al., 2012). 
Additionally, the scattered and wide geographical locations of feedstock 
cultivation zone, the bioethanol production plants and the bioethanol consumers pose 
considerable challenges in the logistics of the feedstock and the produced bioethanol. 
Note that volumetric energy density of biomass is nearly 20 times lower than that of 
oil, which makes biomass transport over long distances unattractive (Marquardt et al., 
2010). Therefore, handling, transportation and storage of the feedstock to the 
centralized processing plants contribute substantially to the biomass cost (Banerjee et 
al., 2010), adding further to the final product cost. Hence, instead of large centralized 
plants, decentralized compact and modular plants with capabilities of handling 
seasonal variations for on-site bioethanol production are needed (Marquardt et al., 





2010). The biological waste produced and the bulk of water separated locally can then 
be recycled for the agricultural production, local power generation and livestock feed 
(Langeveld et al., 2010). 
To address the limitations of the conventional packed columns and the logistics of 
the feedstock and bioethanol stated above, the present work proposes a process-
intensified technology, namely, HiGee stripper-membrane (HSM) process. The 
performance of this process is compared with one of the best energy-efficient 
separation processes available in the literature (Huang et al., 2010). The advantage of 
HSM process for portable application of on-site bioethanol purification within the size 
limitations as per the norms of the Federal regulations of commercial motor vehicles 
(CMVs) (U.S. Department of Transportation, 2004) is also explored.  
The overview of this chapter is as follows. Section 5.2 describes the proposed 
HSM process. Design procedures of HSM and SM processes for bioethanol 
purification are detailed in Section 5.3; also, rigorous simulation of these processes in 
Aspen Plus is outlined at the end of this section. Optimization formulation for the 
techno-economic evaluation of both the processes is described in Section 5.4. Section 
5.5 presents and discusses the results for HSM process, analyzes its benefits over SM 
process, and assesses the feasibility of mounting HSM process on CMVs for on-site 
bioethanol purification. The article ends with the conclusions in Section 5.6.   
5.2 Proposed Configuration of a HiGee Stripper-Membrane (HSM) Process 
Schematic of the proposed HSM process is shown in Figure 5.1. The main 
components of this process are HiGee, multistage compressors with inter-stage 
coolers, a vapor permeation membrane unit and heat exchangers. Fresh dilute feed at 
atmospheric conditions enters the liquid distributor of the HiGee, which is operated at 
vacuum conditions and is equipped with a reboiler. The feed enters in the form of 





liquid jets, and is sprayed at the inner radius of HiGee with the help of coaxially placed 
liquid distributors. The vapor rising from the reboiler enters the casing and then the 
outer radius of HiGee. Within HiGee, vapor moving radially inwards, interacts with 
the liquid flowing radially outwards in the countercurrent direction. Thus, intense 
vapor-liquid mass transfer of the components and hence separation occurs within the 
packing zone of HiGee. 
 
Figure 5.1: Schematic of HiGee stripper-membrane (HSM) process. Note that for easy 
understanding, the unit-operations in the figure are not to the scale. 
Vapor exiting HiGee enters the multistage compressors with inter-stage coolers to 
operate the compressors within the recommended design limits (Tout < 204oC) due to 
mechanical considerations (Turton et al., 2009). In addition, the compressor efficiency 





is also an important factor that further dictates the total electric power and the 
temperature of the vapor stream exiting each of these pressure-changing devices. The 
vapor stream leaving the final compressor has to be cooled to the temperature 
compatible with the vapor-permeation membrane unit.  
Within the membrane, further separation of the vapor mixture takes place. 
Membrane area and permeate pressure are decided based on the product purity to be 
achieved. Instantaneous vapor condensation of the permeate stream can help in 
creating and maintaining the rough vacuum on the permeate zone of the membrane. 
The condensed stream is further raised to the atmospheric pressure by a pump, and is 
recycled to the stripper. Cooling of compressed vapor stream and condensation of 
membrane retentate stream would release significant heat and provides opportunity for 
heat integration (Huang et al., 2010). The following sections will discuss the design 
and optimization of HSM process and modified conventional SM process (based on 
the study in Chapter 4) for bioethanol separation.  
5.3 Design Procedures of HSM and SM Processes 
5.3.1 Feed Specifications  
Bioethanol from the fermentation of lignocellulosic feedstock is very dilute (~5 
wt%) in ethanol concentration. Hence, logistics of such low-density liquid (contains 
nearly 95-99 wt% water), assuming it is produced in decentralized fermenters 
wherever the feedstock is available, to a centralized separation plant may be 
uneconomical. For this study, 5 wt% ethanol feed at mass flow rate of 100,000 kg/h at 
37oC and 1 bar is considered. The capability of compact and yet high-throughput 
HiGee technology to handle such high feed flow rate would be discussed in detail in 
Section 5.5.2. 





5.3.2 Design and Costing of HiGee Steam Stripper  
Design of inner radius, outer radius and height of HiGee stripper in HSM process 
is based on the correlations discussed in Chapter 2 and 3. To design conventional 
stripper in SM process, established correlations within Aspen Plus are used. The 
HiGee stripper and conventional stripper are designed with 80% flooding constraints 
to operate each of them within safety limits. The actual height of HiGee is thus 
calculated as 1.25 times the hflooding obtained from Equations (3.48) and (3.49). The 
maximum diameter of the HiGee is 2 m (Trent and Tirtowidjojo, 2003; Trent, 2003), 
with the ratio of axial height (h) to the outer radius of the rotor (ro) limited to 0.85 
(Trent, 2003). Casing of HiGee is designed such that it is spacious enough to allow its 
proper placement, and to accumulate and hold the liquid leaving the packed bed. Thus, 
the outer radius (rc) and the height (hc) of the HiGee casing is 1.5 times the outer 
radius and the height of the packing, respectively (Agarwal et al., 2010). 
5.3.2.1 Pressure drop in vacuum HiGee: Study of pressure drop within vacuum HiGee 
is necessary as it is one of the most important parameters for its success over 
conventional vacuum packed beds. Kelleher and Fair (1996) studied pressure drop per 
theoretical stage (PDTS) versus F-factor and compared its values with conventional 
packing (Pall rings). HiGee demonstrated much higher capacity and reduction in PDTS 
with an increase in F-factor, and is opposite of the behavior observed in conventional 
packed beds. However, a drawback of HiGee to exhibit high pressure drop over 
conventional packed beds was highlighted is their study, and suggested that HiGee is 
better suited for operations at atmospheric pressure or higher (Kelleher and Fair, 
1996). Lin and Liu (2006) studied purification of butyl stearate and 2-ethyl hexyl 
palmitate in vacuum HiGee system, and compared its performance with conventional 
commercial process (aerated agitated tank). Due to the high mass transfer efficiency in 





HiGee, reduction in energy consumption, operating temperature (by 20oC) and 
operating time (by 5-10 fold) was observed compared to the conventional process (Lin 
and Liu, 2006). 
The mathematical correlations to calculate the total pressure drop in RPBs was 
discussed in Chapter 2 and 3, and primarily comprises of centrifugal, frictional and 
momentum-gain pressure drop (Sandilya et al., 2001). Among these, centrifugal 
pressure drop is generally the key contributor to the net pressure drop due to its 
squared dependency on the angular velocity and outer radius of RPB. Hence, outer 
radius (ro) and angular velocity (ω) have to be selected carefully to minimize the net 
pressure drop across the RPB. This would determine the efficacy of HiGee for vacuum 
conditions. Further, pressure drop should be low in vacuum operations to reduce vapor 
expansion and hence load on the compressors. These would dictate electric power 
required, sizing and costing of unit operations (e.g., stripper, compressors and 
membrane). 
5.3.2.2 Mass transfer correlations: Liquid and vapor phase mass transfer coefficients 
within the RPBs are estimated using the following correlations, respectively (Chen et 
al., 2005b; Chen, 2011). 
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 (5.2) 
5.3.2.3 Cost of HiGee: HiGee rotor cost and the packing cost is estimated as 
0.84320Rotor RC S=  (where, ( )
1.52R oS h r= ) and 250 $/ft3, respectively (Seider et al., 
2010). 





5.3.2.4 Design and cost of casing: The casing for the vacuum operation of the HiGee 
stripper was designed using the following equations (Seider et al., 2010); weight of the 
casing depends on the shell diameter (Di = 2rc ), wall thickness (ts), and tangent-to-
tangent length (L = hc), and is calculated as follows: 











     (5.4) 
  V E ECt t t= +         (5.5) 
where tEC is the correction factor and is 0.1tE here. Further, corrosion allowance of 
0.125 inches is added to tV to obtain ts. F.o.b. purchase cost of vertical vessels (at 
CEPCI = 500), is given by (Seider et al., 2010): 
( ) ( )( )2exp 7.0132 0.18255 ln 0.02297 lnVC W W= + +    (5.6) 
is used to estimate the cost of the HiGee casing. Therefore, the total cost of HiGee also 
includes the cost of packing and casing. 
5.3.3 Design of Conventional Packed Columns  
Since the design of conventional columns is extensively described in textbooks, it 
is described in brief here. Vacuum operated columns requires low pressure drop, and 
hence packing-based design is selected over tray-based design for the conventional 
column. This is also for fair comparison between the HSM and conventional SM 
processes. Structured packing of BX type from Sulzer (Sulzer Chemtech, 2010) is used 
is used as the column packing; it is capable of providing high separation efficiency 
(small HETP) and low pressure drop. Packing data for the BX packing are: void 
fraction = 0.9 and total surface area = 492 m2/m3 (as given in Aspen Plus database). 
Rate based modeling approach with the mass transfer coefficient correlations of Bravo 





et al. within Aspen Plus was selected for simulating the stripping column. The casing 
design, costing of the conventional vacuum stripper and the cost of the structured 
packing is similar to that discussed in Section 5.3.2. 
5.3.4 Design and Costing of Membrane Separator and Compressors  
5.3.4.1 Vapor-permeation membrane: Membrane type, design basis and the permeance 
values for ethanol and water across the membrane were discussed in Chapter 4. Based 
on f.o.b. cost data for gas permeation and pervaporation membranes ($45/ft2 and 
$38/ft2, respectively) in the textbook (Seider et al., 2010) and personal communication 
(Huang, 2012), $60/ft2 is estimated for the vapor permeation membranes used in this 
study. The bare-module factor of 2.32 is chosen for the membranes (Seider et al., 
2010). 
5.3.4.2 Design of vacuum pumps: The nature of suction fluid, suction pressure and 
temperature, vapor flow rate (throughput), and the desired outlet pressure are the 
important factors that govern the type of  vacuum pumps used industrially. Readers are 
referred to Ryans and Croll (1981) and Ryans and Bays (2001) for further details on 
vacuum pumps. Chemical process industries often operate at the rough vacuum levels 
(1.013 bar to 0.001 bar) (Ryans and Bays, 2001), and similar is the case for bioethanol 
recovery and purification in this study (suction pressure to the first vacuum pump is in 
the range of 0.2 bar to 0.75 bar). However, for the studied bioethanol process, the 
suction volumetric flow rate, an important criterion for the selection of vacuum pumps, 
is very large (about 18,000 m3/h). Availability of vacuum pumps (and the 
corresponding cost data) with such suction pressures and high volumetric flow rates 
are very limited in literature. Rotary blowers were found to be capable of handling 
such high throughputs (30-30,000 ft3/min) with the lowest recommended suction 





pressure of 60 torr (for a two-stage rotary blower) (Ryans and Croll, 1981), is chosen 
for this study. Adiabatic thermal efficiency is an essential parameter (often neglected 
in the literature); values of this parameter used in this study are given in the next 





HPCC  =  
 
     (5.7) 
where HP is the motor horsepower of the vacuum pump (Ryans and Croll, 1981); 
CEPCI value for 1981 is 297.  
5.3.5 HiGee Simulation Methodology and Validation in Aspen Plus 
Aspen Plus contains a rich thermodynamic database that is necessary for the 
reliability of the simulation results. Among different unit operations, it contains a 
predefined RADFRAC module, which can simulate conventional columns using rate-
based modeling (RBM) approach. 
However, Aspen Plus does not have a built-in module for HiGee unit. Hence, 
transformation-based approach to simulate HiGee using rate-based model in Aspen 
Plus is proposed here. For this purpose, the ability of Aspen Plus to carry out rigorous 
rate-based calculations by discretizing the process unit into segments and then solving 
material and energy balances for phases, interphase mass and energy transfer rates, 
phase equilibrium and summation equations simultaneously in RADFRAC, is utilized. 
In general, RADFRAC module simulates vertical columns, but HiGee is different as 
the fluid flow within it is primarily in radial direction. Hence, the proposed approach 
first divides HiGee into many differential volumes of coaxial annular rings, and then 
transforms these differential rings into a series of sequentially stacked vertical 
cylinders (Figure 5.2). Transformation is carried out based on conservation of material 





flux and volume (Equations 5.8 and 5.9) for the given differential segment. Hence, for 
transforming an annular segment within RPB (with rs,i, rs,o and hs,RPB as the section 
inner radius, outer radius and height, respectively) into a cylinder (with diameter, 𝐷 
and height, ℎ𝑐𝑦𝑙𝑖𝑛𝑑𝑒𝑟), calculations are as follows. 
1) Conservation of area for constant material flux for a differential segment: 
Area for material flow in the annular ring = Area for material flow in the cylinder 
2
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2) Conservation of volume for a differential segment: 
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Figure 5.2: Schematic showing the transformation method of HiGee (left sketch) as a 
conventional column (right sketch) in Aspen Plus. The arrows represent the direction 
of material flow (solid line: vapour flow, dashed line: liquid flow). 
In addition, the mass transfer rates are also very different in HiGee and 
conventional columns. To implement this in Aspen Plus, the mass-transfer correlations 










transport correlations” framework of RADFRAC (Equations 5.10 and 5.11) for each 
packing segment.  
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ε ε= = −     (5.11) 
HiGee correlations in Equations 5.1 and 5.2 thus take the following generalized form: 
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   (5.15) 
To obtain the values of gas-liquid mass transfer in each segment, values of cg and cl are 
calculated in Excel worksheet that is interlinked with Aspen Plus to send the calculated 
values. Pressure drop within HiGee is also calculated in Excel and then transferred to 
Aspen Plus. 
In order to verify the proposed transformation method to simulate HiGee in Aspen 
Plus, oxygen-water stripping study in HiGee system reported in the literature was 
simulated. Chen et al. (2005) reported 30 sets of experimental data; each set consists of 
measured oxygen concentration at the outlet of the HiGee unit at varying liquid flow 
rates, gas flow rates and rotational speeds. These experimental data are simulated using 





the transformation and RADFRAC in Aspen Plus, and the obtained results are shown 
in Figure 5.3. It can be seen that the proposed transformation-based approach gives 
good prediction of the experimental data with an R2 of 0.987. Hence, it is employed for 
HiGee simulation in Aspen Plus for this study. 
 
Figure 5.3: Parity plot comparing the oxygen concentrations simulated using the 
transformation and RADFRAC in Aspen Plus with the experimental oxygen 
concentrations at the outlet of HiGee stripper 
5.3.6 Simulation of SM and HSM Units in Aspen Plus 
To simulate the conventional and HiGee strippers (as discussed in Section 5.3.5) 
by RBM approach, appropriate discretization of the packing section is important for 
proper prediction of separation performance, and hence for the reliability of results for 
both the processes. As per the ratio of packing length between the conventional and 
HiGee strippers, packed bed is discretized into 50 and 25 sections, respectively.  
R2 = 0.987 





Rotary-blower for vacuum-level operation and screw compressors for above 
atmospheric pressure operation are simulated using the compressor module (polytropic 
compression with ASME method) available in Aspen Plus, with appropriate 
thermodynamic efficiencies (Ryans and Croll, 1981; Turton et al., 2009) assigned to 
each of them; these are as follows: 
a) Rotary-blower 1: ηcompressor = 0.55; Discharge pressure = 0.8 bar (Fixed) 
b) Rotary-blower 2: ηcompressor = 0.65; Discharge pressure = 1 bar (Fixed) 
c) Screw compressor 1: ηcompressor = 0.75; Discharge pressure ~ 3 bar 
Mechanical efficiency of 0.9 is used for both rotary-blowers and screw compressors. 
Additionally, following the compressors heuristics (Turton et al., 2009), inter-stage 
coolers with specified temperatures are used to avoid temperature rise beyond 204oC. 
Exit temperature of vapor from the first, second and third stage cooler is set at 88oC, 
95oC and 125oC, respectively, to avoid formation of liquid phase. 
5.4 Optimization of HSM and SM Processes 
Performance comparison of HSM and conventional SM processes can be done in 
several ways; total annual cost (TAC), a widely used economic indicator, is selected 
for this study. The cost correlations for each of the unit operations (including auxiliary 
units such as coolers, reboiler, pump etc.) within conventional SM and HSM processes 
were obtained from the literature (Ryans and Croll, 1981; Seider et al., 2010), and 
Guthrie’s method to estimate bare module cost of each unit was followed. TAC is the 
objective function to be minimized, and is the sum of amortized total capital cost (TCC) 
and total operating cost (TOC): 
  TAC = (amortization factor) × TCC + TOC   (5.16) 





where TCC = CCCompressors + CCCondensors + CCCoolers + CCHeatEx + CCMembrane + 
CCPump + CCReboiler + CCRPB, TOC = OCCompressors + OCPump + OCReboiler +  OCRPB, and 
amortization factor = 0.25. CCCompressors includes the bare-module costs for two 
vacuum pumps and one above-atmospheric compressor. Due to the corrosive property 
of ethanol-water system, the material used for the design of all unit operations is 
SS314 (except compressors made of carbon steel). Cost of low-pressure steam (at 5 bar 
and 160oC) and cooling water considered are $27.7/ton and $0.0148/ton, respectively 
(Turton et al., 2009). The cost of electricity considers the thermal inefficiency of 3:1 
for converting heat to electricity and is $0.144/kWh. 
First, the conventional SM process is analyzed thoroughly to understand its 
behavior for bioethanol recovery and purification. Insights from this analysis were then 
used to formulate the following optimization problem for both HSM and SM processes 
(Figures 5.4 and 5.5). 
Minimize  Total annual cost (TAC), f ($)  (5.17) 
Subject to  ,1 , 1 0.05mem col stageP P bar≥ +    (5.18) 
   , 37
o
condenser outT C≥     (5.19) 
   , , 10
o
cooler out col btmT T C≥ +    (5.20) 
   , 10
o
product col btmT T C≥ +    (5.21) 
   , , 204
o
comp out iT C≤   
    where i = 1st, 2nd & 3rd compressor (5.22) 
   % 99.7productEthanol wt =    (5.23) 
   % 0.1bottomsEthanol wt =    (5.24) 











≤      (5.25) 
   , ,i n o nr r≤      (5.26) 
   , 1o nr m≤        (5.27) 
where n = 1st, 2nd & 3rd HiGee stripper. In addition, model equations governing each 
unit-operation in the bioethanol process flowsheet (Figures 5.4) must be satisfied. 
Explanation on the constraints is similar to the discussion in Chapter 4. 
A total of 7 decision variables are chosen for the optimization of HSM process. 
The bounds on these decision variables are as follows: 
   0.2 0.75stripperbar P bar≤ ≤     (5.28) 
   1.5 3compbar P bar≤ ≤     (5.29) 
   ,10.35 1membar P bar≤ ≤     (5.30) 
 
2 2
,2500 5000memm A m≤ ≤     (5.31)
 5.8 14reboilerMW Q MW≤ ≤     (5.32) 
  200 1000rpm rpmω≤ ≤     (5.33) 
  0.1 1or m≤ ≤       (5.34) 
The data from the plant-scale design of HiGee systems for oxygen deaeration at 
Shengli Oil field of China Petrochemical Corporation (Trent, 2003), and the insights 
gained from the study in Chapter 3 on the optimal design of HiGee process, are 
implemented in this work. Design data presented in both these studies suggest that, 
although for lab-scale studies high angular velocities (2000 rpm-2500 rpm) are needed, 
moderate angular velocities (200 rpm-750 rpm) are sufficient for plant scale design of 
HiGee to achieve high separation levels. Hence, angular velocity in Equation 5.33 is 
varied between 200 rpm to 1000 rpm.  





Optimization problem for the conventional SM process (Figure 5.5) is similar to 
that for the HSM process except for the following major changes. Study of the SM 
process flowsheet indicated that the “feed” stream and the “Membrane 1” permeate 
stream have to be placed somewhere between the packed section for greater energy 
savings. Sizing of the stripper column is performed at 80% flooding conditions using 
“pack sizing” in Aspen Plus, and maximum column diameter for packing sections was 
obtained to be 2.53 m. The corresponding heights of the three packed sections are 
chosen as the decision variables of the optimization problem. Hence, from Equations 
(5.17)-(5.34) for HSM process optimization, Equations (5.25)-(5.27) are replaced by 
Equations (5.35)-(5.36) and Equations (5.33)-(5.34) are absent in SM process: 
10.01 1m H m≤ ≤       (5.35)
0.5 5nH m≤ ≤ ; where n = 2 and 3    (5.36)  
The ranges of other decision variables and constraints are similar to that in HSM 
optimization formulation. In addition, the model equations governing for all unit 
operations in the bioethanol process flowsheet (Figure 5.5) must be satisfied.  
5.5 Results and Discussion 
5.5.1 Analysis of HSM and SM Processes 
The optimized HSM process flowsheet for bioethanol purity of 99.7 wt% is 
detailed in Figure 5.4. The initial study of conventional SM process suggests that three 
packing sections with intermittent feed entry locations are needed within a 
conventional stripper. Similar would be the case for the design of HiGee strippers in 
HSM process too. Hence, three HiGee steam strippers are chosen here (Figure 5.4). A 
total of 2 external liquid inlet streams (Feed and Liquid reflux) and 2 external vapor 
streams (one from the reboiler and another from the first membrane unit) enter the 





triple-HiGee system. Note that “Feed in” stream and “Liquid reflux” stream is not 
mixed as a single feed due to different ethanol mass fraction in them (5 wt% and 62.4 
wt%, respectively); similar is the case for “Permeate vapor” stream and “Reboiler” 
vapor stream to the HiGee system. Figure 5.4 shows that dilute bioethanol feed at 5 
wt% enters the inner radius of the 2nd HiGee stripper (HiGee 2) via a coaxially placed 
liquid distributor. Vapor rising from the reboiler interacts counter-currently with the 
liquid flowing within the 3rd HiGee stripper (HiGee 3). Here, under the effect of high-
gravity field, liquid flowing forms thin films and tiny droplets, resulting in enhanced 
vapor-liquid mass transfer. The vapor stream exits the inner radius of HiGee 3 and 
enters the casing of HiGee 2. 
Within HiGee 2, vapor-liquid interaction undergoes similar phenomena as in 
HiGee 3, and the vapor stream leaving it then enters the 1st HiGee stripper. The vapor 
stream leaving the casing of 1st HiGee stripper (HiGee 1) as “Overhead vapor” 
undergoes three-stage compression with inter-stage cooling. The outlet pressure of the 
vapor stream for the 3rd-stage compressor that was chosen as a decision variable has an 
optimized value of 3 bar. The vapor stream leaving the 3rd-stage compressor is at a 
high temperature and is incompatible with the requirements of the membrane unit for 
operational stability. Hence, the vapor stream is cooled in the 1st heat exchanger placed 
after HiGee 3. The cooled vapor stream at 125oC then enters “Membrane 1” having an 
area of 2000 m2. The permeate stream pressure of “Membrane 1” that is a decision 
variable is obtained to be 0.81 bar. This permeate stream has 17.5 wt% ethanol, and 
enters/recycles to HiGee 2 as a vapor stream. The permeate-side pressure of 
“Membrane 2” having an area of 1609 m2 is maintained at 0.16 bar by condensation of 
the vapor stream by cooling water at 27oC. After pumping the condensate, 62.4 wt% 
ethanol liquid reflux enters HiGee 1. To recover the energy in the retentate stream of 





“Membrane 2”, it is condensed in the 2nd heat exchanger situated prior to the reboiler 
of the HiGee stripper. The 1st and 2nd heat exchangers can respectively recover 5.7% 
and 14% of energy with respect to the total reboiler duty needed for the designed 99.7 
wt% ethanol-water separation process.  
 
Figure 5.4: Process flow diagram of HiGee stripper and membrane units for producing 
99.7 wt% ethanol with and 0.1 wt% of ethanol loss at the stripper bottoms  
The process flow diagram for the conventional SM process for bioethanol 
purification is similar to the HSM process, where the HiGee packed beds are replaced 
with the conventional packed bed stripper. The design and operating conditions in 





conventional SM process for the same feed conditions of 5 wt% ethanol and at 
100,000 kg/h as in HSM process are detailed in Figure 5.5. As discussed in Section 
5.4, the column diameter obtained after sizing for the BX type packing from Sulzer 
(total surface area = 492 m2/m3, void fraction = 0.9) is 2.53 m. The optimal placement 
of the feed stream (liquid phase) and the permeate stream from “Membrane 1” (vapor 
phase) entering the stripper are obtained by varying the heights of the 3 packing 
sections, namely, H1, H2 and H3 as the decision variables. The optimized values of 
H1, H2 and H3 within the stripper column are 0.49 m, 2.48 m and 1.02 m, 
respectively.  
Sizing of each of the three HiGee strippers is done using the correlations described 
in Section 5.3.2.2. Size of each HiGee stripper has to be such that pressure drop is 
minimal in it; for this, outer radius and angular velocity of each HiGee stripper have to 
be kept low (Section 5.3.2.1). As highlighted in Section 5.3.5, Aspen Plus lacks HiGee 
module and hence, the decision variables such as the outer radius and the angular 
velocity are varied from the Aspen-linked Excel platform. The Excel workbook where 
all the correlations for the simulation of HiGee are calculated (e.g.: mass transfer for 
vapor and liquid side, flooding correlations, inner radius, pressure drop, etc.), 
iteratively updates the Aspen Plus process flowsheet after each optimization run until 
the values of the process variables are approximately same for two successive runs. 
Thus, the optimized values obtained for the outer radius and the angular velocity of the 
three HiGee units are [0.3 m, 0.75 m, 0.5 m] and [300 rpm, 300 rpm, 500 rpm]. Wire 
mesh packing with total surface area of 300 m2/m3 and void fraction 0.95 is used here. 
Pressure drop thus obtained from the optimal design of HSM process is 132 Pa, 327 Pa 
and 320 Pa, respectively, for HiGee 1, HiGee 2 and HiGee 3. The total pressure drop 
in the HiGee strippers is nearly 2.6 times that of the conventional stripper (304 Pa). 






Figure 5.5: Schematic of conventional stripper-membrane unit for ethanol purity of 
99.7 wt% in the product stream and 0.1 wt% of ethanol loss at the stripper bottoms  
The component-wise pressure drop, namely, centrifugal, frictional and 
momentum-gain, in each of the three vacuum HiGee strippers are shown in Figure 5.6. 
As discussed in Section 5.3.2.1, centrifugal pressure drop is expected to be the key 
contributor to the pressure drop in each of the HiGee strippers. This is found to be 
particularly valid for large rotor size for “HiGee 2” and “HiGee 3” that have an outer 
radius of 0.75 m and 0.5 m, respectively. However, for a smaller rotor size as in HiGee 





1 that has an outer radius of 0.3 m, all three components are dominant contributors to 
the total pressure drop. 
 
Figure 5.6: Contribution of centrifugal (dPc_VHS), frictional (dPf_VHS) and 
momentum-gain (dPm_VHS) pressure drops in 1st, 2nd and 3rd vacuum HiGee stripper 
(VHS)  
The mass fraction composition profiles for ethanol and water components in the 
vapor phase within HiGee and conventional strippers are shown in Figures 5.7a and 
5.7b, respectively. Profiles in the three HiGee strippers are plotted consecutively for 
easy visualization and understanding. Ethanol concentration increases from the outer 
radius to the inner radius of the three HiGee strippers (Figure 5.7a), and from the 
bottom to the top of the conventional stripper (Figure 5.7b). Ethanol concentration of 
the vapor mixture is relatively high at the top/inner radius of the packing in 
conventional/1st HiGee stripper. This is due to the reduction in remixing effects by 
entering the high mass fraction “Liquid reflux” stream (62.4 wt% in HSM process and 
52.2 wt% in conventional SM process) and the dilute feed stream (5 wt% in both HSM 
process and conventional SM process) at different positions of the packing zone. 





   
 
Figure 5.7: Profiles of mass fraction of ethanol and water in vapor phase at variable 
distance of the packed bed in: (a) three HiGee strippers, and (b) conventional stripper  
Liquid phase temperature profiles within HiGee strippers and conventional 
stripper are shown in Figures 5.8a and 5.8b, respectively. Increase in temperature as 
the liquid moves from the top/inner radius towards the reboiler of the packed beds is 
observed. However, a sudden change in the temperature at the inlet of HiGee 2 (ri = 
0.24 m) and conventional stripper is observed in Figures 5.8a and 5.8b, respectively 
due to the mixing of the dilute ethanol feed at 37oC with the heated liquid within the 
packed beds at that point. 
(a) 
(b) 





   
 
Figure 5.8: Temperature profiles at variable distance of the packed bed within: (a) 
three HiGee strippers and (b) conventional stripper 
5.5.2 Comparison of HSM and SM Processes for 99.7 wt% EtOH  
 A thorough comparison of optimal designs and costing of HSM and conventional 
SM processes is presented in Table 5.1. The net volume of the packing zone within the 
three HiGee strippers in HSM process design is 2.57 m3, and is about one-eighth of 
that of the conventional stripper (20.04 m3). Additionally, the total weight of the 
stainless-steel casings of the three HiGee strippers show a reduction of 40% in HSM 
compared to that of the conventional stripper column. The size and weight reduction 
are important for decentralized applications in terms of portability. 
(a) 
(b) 





Table 5.1: Size and Cost Comparison of HSM and SM for 99.7 wt% Bioethanol 
Purity  
Quantity HSM Process SM Process 
Packed Bed Dimensions (m) RPB1: ri,1 = 0.18, ro,1 = 0.3, 
ht1 = 0.38, 
rc = 0.45, hc = 0.57;  
RPB2: ri,2 = 0.25, ro,2 = 0.75, 
ht2 = 1.25, 
rc = 1.13,  hc = 1.89; 
RPB3: ri,3 = 0.21, ro,3 = 0.5, 
ht3 = 0.79, 
rc = 0.75, hc = 1.19  
Diameter          = 2.53 
Packing height = 3.99 
Column height = 6.01 
Packing volume (m3) 0.07 (RPB1); 1.89 (RPB2); 
0.51 (RPB3) 
20.04 
Operating variables    
Feed flow rate 103 m3/h (100,000 kg/h) 103 m3/h (100,000 kg/h) 
Angular velocity (rpm) 300 (RPB1); 300 (RPB2); 
500 (RPB3) 
Not applicable 
Pressure drop    
Packing zone (Pa) 132 (RPB1); 327 (RPB2); 
320 (RPB3) 
304 
Capital cost ($)   
Packed column ($) 420,329 896,848 
Compressors:    




Membrane ($) 6,489,053 6,977,605 
Heat exchangers (HEs)   
Kettle reboiler ($) 352,867 362,854 
Two fixed head HEs ($) 141,792 141,917 
Condensers ($) 84,833 96,213 
Cooler ($) 26,596 25,058 
Pump ($) 18,673 18,056 
Total capital cost ($) 10,646,797 11,827,074 
Utilities (kW)   
Steam   
Reboiler duty (kW) 8,129 8,501 
Energy from “Cooler” (kW) 464 466 
Energy from ethanol 
condensation (kW) 
1,142 1,148 
Net reboiler duty (kW) 6,523 6,886 
Steam cost ($/yr) 2,731,589 2,883,650 
Electricity   
Total compressor duty (kW) 984 1002 





Pump duty (kW) 0.08 0.10 
Rotor duty (kW) 45 n.a. 
Total electric power (kW) 1029 1,002 
Total electricity cost ($/yr) 1,299,124 1,263,593 
Cooling water   
Cooling duty (Vapor 
condenser) (kW) 
-854 -1,245 
Cooling duty (Multi-stage 
cooler) (kW) 
-171 -180 
Total cooling duty (kW) -1,024 -1,426 
Total cooling water cost 
($/yr) 
7,625 10,612 
Total ethanol production 
(tons/yr) 
42,930 43,003 
Total operating cost ($/yr) 4,038,337 4,157,856 
TAC per unit bioethanol 
($/kg) 0.156 0.165 
The low angular velocities (300-500 rpm) needed for achieving the desired levels 
of bioethanol separation in HSM process comparable to the conventional SM process 
suggests easy operation and maintenance of HiGee strippers. Overall, TCC and TOC 
for HSM process are less by 10% and 2.9% than those for the conventional SM 
process (Table 5.1). TAC per unit of bioethanol purified in HSM and conventional SM 
processes is 0.156 $/kg and 0.165 $/kg, respectively. Among different unit operations 
within HSM and conventional SM processes, capital cost of membrane is the major 
contributor (61% and 59%, respectively) to the TCC of the bioethanol separation plant 
(Table 5.1). Therefore, cost reduction of membrane will have significant effect on 
TAC per unit of bioethanol purified. Capital cost for compressors (includes rotary 
blower vacuum pumps and above-atmospheric compressors) contributes by 14% and 
13% to the TCC, respectively, in HSM and conventional SM processes. Steam cost 
accounts for 68% and 69% of the total operating cost in HSM and conventional SM 
processes respectively, while the majority of the remaining operating cost is the 
electricity cost, mostly for compressors. Total rotational power for the operation of the 





three HiGee strippers in HSM process is a modest 45 kW (4.6% of the total electric 
power). 
5.5.3 Portable Ethanol Purification System on a Truck 
Study of HSM and SM processes in Section 5.5.2 suggests that the former is 
compact, low-weight and economically beneficial than the later. However, 
decentralized operation of bioethanol purification process is necessary to gain 
important benefits of renewable bioethanol. Hence, this section proposes “plant-on-a-
truck” concept for portable, decentralized bioethanol purification and studies its 
feasibility for HSM process. As the name suggests, “plant-on-a-truck” requires a 
compact and high-performance plant that can be placed within the size limits of a truck 
and can be transported to the farms for on-site ethanol/water separation. The plant 
should also have high turndown ratio (as different set of farms may have different feed 
flow rates) and should be able to handle seasonal dynamics (Marquardt et al., 2010). In 
addition, for faster processing and safer operation of the dilute ethanol feed, the 
separation system should achieve steady state quickly and have smaller inventory. 
Such a separation plant on a truck can then be operated at decentralized locations for 
few days as required, and then transported to another location, similar to civil 
construction equipment. 
TAC analysis for portable, farm-scale recovery and purification of dilute 5 wt% 
ethanol from the fermentor is analyzed. The HSM process is designed to process feed 
flow rate of 10,000 kg/h (equivalent to processing dilute ethanol produced from the 
fermentation of nearly 2 tons of corn stover obtained from a farm land of 0.2 km2 in 2 
days) (Sanders, 2007). Since the plant is portable, it is assumed that it operates for only 
300 days/year with the remaining days for its transportation, startup, shutdown and 





maintenance. According to the Federal regulations (U.S. Department of 
Transportation, Federal Highway Administration, 2004), maximum dimensions of 
CMVs can be 2.6 m in width and 4.27 m in height.  
From the results in Table 5.2 for a HSM plant for bioethanol recovery and 
purification, it is seen that the maximum heights of vacuum HiGee strippers are 0.45 
m, 1.08 m and 0.66 m, and can be easily accommodated within the CMV dimensional 
limits. Owing to the rotational characteristic of HiGee (an additional degree of 
freedom), it can achieve high turndown ratio (of highest to lowest controllable flow 
rates within the same separation system) (Agarwal et al., 2010). The best turndown 
ratio in conventional columns can be 4, whereas HiGee can provide turndown ratio of 
10 or even more (Kelleher and Fair, 1996). Liquid residence time within one HiGee is 
very short (~1 s) compared to the conventional packed beds (~40 s) (Qian et al., 2012). 
This further means faster processing and lower inventory of bioethanol at any instant 
within HiGee strippers resulting in safer operation.  
Although TAC per unit of bioethanol purified by decentralized HSM (10,000 
kg/h) in Table 5.2 (0.233 $/kg) exceeds purification cost by centralized HSM (100,000 
kg/h) in Table 5.1 (0.156 $/kg), it is difficult to conclude which among the two 
approaches is beneficial due to the following reasons, uncertainties and lack of data. 
a) Centralized recovery and purification processes require the transportation of huge 
amount of dilute lignocellulosic feedstock (20 times lower volumetric energy 
density than oil) over a long distance. This radically adds to bioethanol cost 
(Banerjee et al., 2010; Marquardt et al., 2010), but is not accounted in Table 5.1. 
On the contrary, decentralized processing is advantageous as it does not need 
mobilization of dilute lignocellulosic feedstock, and the bioethanol produced can 
be used locally as fuel. 





Table 5.2: Cost of Decentralized HSM Process for 99.7 wt% Bioethanol Purity  
Quantity HSM Process 
Packed Bed Dimensions (m) RPB1: ri,1 = 0.06, ro,1 = 0.3, ht1 = 0.23, rc = 0.45, 
 hc = 0.35; RPB2: ri,2 = 0.08, ro,2 = 0.75, ht2 = 0.72, 
rc = 1.13, hc = 1.08; RPB3: ri,3 = 0.07, ro,3 = 0.5, 
ht3 = 0.44, rc = 0.75, hc = 0.66 
Packing volume (m3)  0.06 (RPB1); 1.26 (RPB2); 0.34 (RPB3) 
Operating variables   
Feed flow rate 10.3 m
3/h (10,000 kg/h) 
Angular velocity (rpm) 300 (RPB1); 300 (RPB2); 500 (RPB3) 
Pressure drop   
Packing zone (Pa) 78 (RPB1); 330 (RPB2); 336 (RPB3) 
Capital cost ($)  
Packed column ($) 308,180 
Compressors:   
Rotary-blower vacuum pumps ($) 106,540 
Above-atmospheric compressors ($) 216,302 
Membrane ($) 733,392 
Heat exchangers (HEs)  
Kettle reboiler ($) 177,093 
Two double-pipe HEs ($) 25,623 
Condensers ($) 15,590 
Cooler ($) 16,726 
Pump ($) 31,916 
Total capital cost ($) 1,925,006 
Utilities (kW)  
Steam  
Reboiler duty (kW) 848 
Energy from the “Cooler” (kW) 39 
Energy from ethanol condensation 
(kW) 116 
Net reboiler duty (kW) 693 
Steam cost ($/yr) 238,559 
Electricity  
Total compressor duty (kW) 90 
Pump duty (kW) 0.01 
Rotor duty (kW) 8 
Total electric power (kW) 98 
Total electricity cost ($/yr) 101,228 
Cooling water  
Vapor condenser cooling duty (kW) -115 
Multi-stage cooler duty (kW) -16 
Total cooling duty (kW) -137 
Total cooling water cost ($/yr) 1,020 
Total ethanol production (tons/yr) 4,289 
Total operating cost ($/yr) 340,626 
TAC per unit bioethanol ($/kg) 0.233 





b) Bioethanol is a water intensive process. Hence, pumping to deliver a huge amount 
of water to the centralized plant and processing it before its release would be 
expensive. However, lands for farm-scale feedstock production are generally near 
water sources and hence less energy is needed. The water released from the 
decentralized plants can be recycled for agricultural purpose. The bulk amount of 
high-quality fermentation residue can also be used locally for power generation, 
cattle feed and agriculture manure (Langeveld et al., 2010). 
c) Decentralized processes can utilize the energy obtained either by the incineration 
of high-cellulose agricultural residues like corn stover, sugarcane bagasse, wood 
chips, etc. or integration with solar thermal systems to provide low-grade, 
environmentally friendly, and cheap heat/electricity for separation. On the 
contrary, centralized plants would need high grade/amount of heat/electricity and 
could be using non-renewable coal/natural gas as the main energy source. 
Hence, a thorough life-cycle assessment (LCA) involving “cradle-to-grave” analysis of 
both the centralized and the decentralized HSM process is necessary to quantify the 
advantage of one over the other. 
5.6 Summary 
Bioethanol is set to play a pivotal role to replace crude-oil for sustainable 
development. However, economic recovery and purification of bioethanol is one of the 
main bottlenecks for lowering the processing cost of dilute feed; hence, concepts of 
process intensification for designing novel separation systems are imperative. This 
study proposes HSM process and evaluates it for bioethanol separation. Design, 
optimization and techno-economic evaluation followed by detailed analysis of HSM 
and conventional process for 99.7 wt% bioethanol from 5 wt% ethanol-water mixture, 





was studied to gain insights of both the processes. HSM process showed 8-fold 
reduction in packed bed volume, 10% lower capital cost and 3% reduction in operating 
cost over conventional SM process. Due to its compact size, HSM can be operated 
safely and placed on CMVs for transportation to the farms for decentralized, on-site 













Reactive Separation Systems 
 
“Imagination is the beginning of creation. You imagine what you desire, you will what 
you imagine, and at last, you create what you will.” 








Modeling and Analysis of Reactive Stripper-Membrane Process for 
Lactic Acid Recovery 
 
6.1 Introduction 
Lactic acid (LA) is an important example of biobased products, and is used in 
many industrial applications such as pharmaceuticals, bioplastics, textile, food and 
preservatives, and fertilizers. Its worldwide production was around 120,000 tons in 
2006 (Datta and Henry, 2006), and is expected to be around 259,000 tons in 2012 
(Mujtaba et al., 2012). LA is the feedstock for polylactic acid (PLA), used for the bulk 
production of bioplastics, and the expected capacity of PLA alone is 830,000 tons by 
2020 (Li et al., 2009a). LA production can be via chemical synthesis or carbohydrate 
fermentation route. About 90% of LA production is through the fermentation of 
renewable feedstock due to its ability to produce stereoisomer at low cost whereas the 
chemical synthesis route results in a racemic mixture (Joglekar et al., 2006). However, 
concentration of LA produced in the fermentation broth is very dilute, and impurities 
that are generally present (unconverted acids, alcohol, side esters, sulfates, heavy 
metals, proteins, residual sugars and nutrients) need to be separated. Purification of LA 
is one of the important steps in LA production as it directly affects the grade and cost 
of production. Depending on the purity, from lowest to highest, LA can be classified as 
technical, edible, pharmaceutical, analytical, and polymerization grade (Henton et al., 
2005). In addition, LA has strong affinity with water, is a high-boiling component and 
tends to oligomerize at high temperatures. These factors, therefore, makes LA 
purification energy and resource intensive task.   






Esterification of dilute LA mixture with alcohols such as methanol, ethanol, 
propanol, isopropanol and butanol, and further hydrolysis of the obtained lactate esters 
is an attractive option for producing the desired grades of LA. Moreover, esterification 
is known to be the only downstream process that can selectively separate LA from 
other organic acids (Joglekar et al., 2006). In this regard, reactive distillation (RD), a 
well-known example of process intensification (PI), was studied extensively for 
simultaneous hydrolysis and separation of LA esters in a single column (Sanz et al., 
2004; Kumar et al., 2006). Sanz et al. (2004) performed a series of pilot scale RD 
experiments to comprehend the reaction kinetics for lactic acid esterification and 
hydrolysis by testing different kinetic models. Kumar et al. (2006) suggested a process 
scheme for LA recovery using RD. Joglekar et al. (2006) studied four downstream 
process routes for LA recovery, and concluded that the conventional precipitation of 
calcium lactate followed by its esterification-hydrolysis in RD is the most economical 
route compared to other considered options.  
Tanaka et al. (2002) demonstrated the advantages of vapor-permeation-aided 
esterification reaction of LA and ethanol through lab-scale experiments; they 
concluded that it gives much higher conversion above the equilibrium limit, compared 
to reactor-only (with no vapor permeation) system. The present study proposes a  
reactive stripper-membrane (RSM) technology that hybridizes a structured, catalytic-
packed bed and a vapor permeation membrane unit, for LA recovery and purification. 
This technology is analyzed by modeling and simulation, and its performance is 
compared with one of the best technologies known, namely, RD, for LA production. 
The criteria for the comparison of RSM and RD processes are the conversion achieved 
for methyl lactate hydrolysis and the associated energy cost. Often, 88 wt% and 50 
wt% LA are the desired industrial grades (Datta, 2000). Hence, both these scenarios 





are analyzed and discussed. The rest of the chapter is organized as follows. Section 6.2 
discusses the proposed RSM technology. Reaction kinetics, thermodynamic properties 
and design of RSM and RD processes are also presented. Section 6.3 deals with the 
validation of a lab-scale RD column for methyl lactate hydrolysis. It also presents and 
discusses the results obtained by rigorous analysis and comparison of RSM and RD 
processes for industrial-scale production of 88 wt% and 50 wt% LA. The chapter ends 
with summary in Section 6.4. 
6.2 Methyl Lactate Hydrolysis using  RSM and Conventional RD Processes 
6.2.1 Reaction Kinetics and Thermodynamic Property Model 
Methyl lactate hydrolysis is described by the following reaction: 
Methyl lactate (1) + Water (2)  Lactic acid (3) + Methanol (4) 
It is a slow, liquid-phase, and equilibrium-limited reaction. Among the four 
components involved in the reaction, methyl lactate and water form an azeotrope at 1.3 
atm and 107.37oC. The corresponding mass fraction of methyl lactate and water in 
liquid phase is 0.1399 and 0.8601, respectively. As shown later in Section 6.3.2, due to 
the constant in-situ removal of methanol within the process unit, mass fractions of 
methyl lactate and water do not reach this azeotrope composition. 
Sanz et al. (2004) studied kinetics of methyl lactate hydrolysis, and analyzed three 
models, namely, the quasi-homogeneous (QH), the Langmuir-Hinshelwood, and the 
Eley-Rideal models. Of these, QH model was observed to give a good global 
representation of this hydrolysis, and is used for the current study. According to this 
model, activity (ai) based reaction rate (rr mol/gcat-min) for cation-exchange resin 
catalyzed hydrolysis of methyl lactate is given by  
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 (6.1) 
Liquid-phase non-ideality in the studied reactive system is accounted by considering 
activity coefficients (γ ) in the reaction kinetics (i.e., i i ia xγ= ). 
The thermodynamic property method used for the hydrolysis of methyl lactate is 
UNIFAC group contribution model for the liquid phase, and Hayden-O’Connell 
equation of state (HOC EOS) for the vapor phase (Liu et al., 2011). Organic acids 
associate and form dimers in vapor phase that further affects VLE and enthalpy of the 
system; this characteristic is taken care of by using HOC-EOS for the vapor phase. 
6.2.2 Proposed Configuration of a Reactive Stripper-Membrane System 
The proposed RSM process for the hydrolysis of lactate esters is shown in Figure 
6.1. Main units in this process are the reactive stripper (RS), a membrane unit and a 
rectification unit. Unlike conventional RD, RS unit consists of catalytic structured 
packing and a reboiler only but no condenser and rectifying section. However, similar 
to RD, both heterogeneous liquid phase reaction and in-situ product removal can be 
achieved in RS. Among different components involved in the hydrolysis of methyl 
lactate, water has significantly higher vapor pressure. Hence, water vapor formed in 
the reboiler rises and enters the bottom of the column. Within the packed bed, the 
rising vapor stream interacts with the solid catalyst and the liquid stream flowing 
downwards, and then exits from the column top. During this contacting, methanol that 
forms due to hydrolysis of methyl lactate and being the most volatile component is 
simultaneously transferred from the liquid phase to the vapor phase. As per Le 
Chatelier’s principle, this transfer of methanol out of liquid phase drives the slow and 
reversible hydrolysis reaction in forward direction, resulting in higher conversion of 





methyl lactate to LA. Further discussion on the quantitative gains for LA production 
using RS over RD is presented in Section 6.3. 
 
Figure 6.1:  Reactive stripper-membrane (RSM) process for methyl lactate hydrolysis 
Some amount of methyl lactate in the feed entering at the top of RS column is 
transferred to the vapor stream, because of its higher vapor pressure compared to that 
of LA. Thus, the vapor stream leaving the top of the column contains mostly methanol, 
water and methyl lactate. Since methyl lactate is an expensive feed, it has to be 
recovered and recycled to the process. As boiling point of water is between that of 






methanol and methyl lactate, water removal can ease further separation of methanol 
and methyl lactate. To achieve this effectively, a water-selective Zeolite NaA vapor 
permeation membrane unit (Okamoto et al., 2000) is used to separate water from the 
methyl lactate-water-methanol (MWM) mixture (Figure 6.1). Since the selected 
Zeolite NaA membrane demonstrates higher selectivity for water over methanol, it 
would only allow water to permeate through it but not methanol (Okamoto et al., 
2000). Due to the larger kinetic diameter of methyl lactate in MWM vapor mixture and 
lower hydrophilic affinity with the membrane, permeance of methyl lactate through the 
Zeolite NaA membrane relative to other components is negligible. A crossflow 
membrane configuration is used for the desired separation. The permeate side of the 
membrane is maintained at vacuum condition (0.1 bar) to provide the necessary 
driving force. According to solution diffusion model, flux (Ji) of component i across a 
membrane of thickness (l) and permeability (Pi) for component i is proportional to the 
partial pressure driving force, and is given by 
( ), , /i i i p i rJ P p p l= −        (6.2) 
where pi,p and pi,r are the partial pressures of component i on the permeate and 
retentate side, respectively. For a given membrane area, low permeate side pressure 
can provide high component driving force and hence high trans-membrane component 
flux can be achieved. This better performance is, however, obtained at higher costs for 
permeate vapor condensation and pumping of the condensate. In addition, membrane 
selectivity is an important characteristic for a membrane to separate the components in 
a mixture. It is given by: 
Membrane selectivity = ( ) ( )/ / /A B m mA B
A B
P P P P
l l
α    = =   
   
  (6.3)  





where (Pm)A and (Pm)B are the permeances for components A and B, respectively, 
in units of m3(STP)/(m2-h-bar). The retentate stream of the membrane unit is still in 
vapor state, and contains methyl lactate and methanol. Hence, a rectification column 
with a condenser but without reboiler is used to separate methanol and methyl lactate 
in the retentate stream (Figure 6.1). The unconverted methyl lactate is recovered from 
the bottom of the rectification column and returned to the first stage of RS column. 
The proposed process with RS and membrane unit is analyzed in detail in Section 6.3.  
6.2.3 Design and Simulation of Conventional RD and RSM Processes  
6.2.3.1 Design of conventional RD for methyl lactate hydrolysis: A packed column 
provides greater mass transfer efficiency, lower pressure drop and compact size over 
tray columns, and is used for this study. Recently, Liu et al. (2011) presented an 
optimized tray-based RD column for methyl lactate hydrolysis. The column 
configuration consisted of a non-catalytic rectifying zone and a catalytic reactive zone, 
both with bubble cap trays, and the stripping zone was absent. Since the present work 
deals with proposing packed-bed RSM process and comparing it to a packed-bed RD 
process, Liu et al.’s (2011) work that is originally for tray column is taken and 
modified further as the base case for our comparative analysis. For this, the tray 
column for methyl lactate hydrolysis by Liu et al. (2011) is first simulated by 
implementing rigorous rate-based model in Aspen Plus. Liu et al. (2011) did not 
mention whether number of trays implemented in their study is ideal or real. Since 
trays are mostly designed as real trays, especially when column sizing and total annual 
cost analysis is done (as in Liu et al., 2011), rate based modeling approach for 
estimating tray efficiency is used. Efficiency of each bubble cap tray is thus obtained 
and shown in Figure 6.2. The number of ideal stages is then estimated by multiplying 
the average tray efficiency (= 0.6 from Figure 6.2) and the number of real trays. By 






applying the concept of height equivalent to a theoretical plate (HETP), the tray 
column design is replaced by its equivalent packed column design.  
 
Figure 6.2: Tray efficiency of different stages within the RD tray-based column 
Process flowsheet for the methyl lactate hydrolysis using RD along with the 
downstream units is shown in Figure 6.3. The catalytic zone of the RD packed column 
is comprised of Sulzer’s KATAPAK-SP 11 structured packing, which is designed 
based on modular concept where each catalytic layer (reaction zone) is combined with 
a layer of MellapakPlus layer (separation zone). The granular catalyst within the 
catalytic layer is immobilized between wire gauges. Non-catalytic rectifying zone in 
the RD column is assumed to comprise of Sulzer’s BX type structured packing. 
MellapakPlus and BX types have inherent property to provide large number of transfer 
units and small pressure drop per meter of packed section (Sulzer Chemtech, 2010). 
Since KATAPAK-SP 11 properties are not available in Aspen Plus database, 
properties of Mellapak-250Y from Sulzer with similar pressure drop and liquid hold-
up characteristics (Orjuela et al., 2011) are used in this study. In addition, packing 
dimensions for the catalytic section of the column packing that are needed for 
calculating pressure drop and liquid holdup by Stichlmair method, are replaced by 





KATAPAK-SP 11 packing values. Details of the packing parameters used in this study 
are given in Table 6.1. Note that only some characteristic data on physical dimensions 
of catalytic packing for large column diameters (diameter greater than 0.4 m) are 
available in the open literature. Behrens (2006) presented the characteristic data on 
KATAPAK-SP 11 (named as modular structured catalytic packing, MSCP-11 in their 
work) for large column diameters, and these data are used in this study. 




MSCP-11 (KATAPAK-SP 11) 
Non-catalytic 
Packing: BX 
Void fraction 0.55 0.9 
Total surface area (m2/m3) 300.2 492 
HETP (m) at F-factor = 1 ~0.5 0.2 
Volume fraction catalyst 0.46 - 
Methyl lactate hydrolysis reaction occurs within the structured packed bed and also 
in the reboiler due to the presence of heterogeneous catalyst at both the locations. 
Liquid feed comprising of 90 mol% (0.391 wt%) water and 10 mol% (0.609 wt%) 
methyl lactate at 97oC and 1.3 atm enters the catalytic zone of RD at a flowrate of 1 
kg/s. The design parameters for the packing-based RD column are shown in Table 6.2. 
Sizing of RD, at 80% flooding conditions, resulted in a column diameter of 0.53 m and 
0.63 m for rectification and reactive zone, respectively. The corresponding height of 
the rectification and reactive zone is 0.4 m and 12 m, respectively. The vapor stream 
leaving the partial condenser (Figure 6.3) of RD is further processed in a distillation 
column for separating methanol and water to the required purity specifications. Bottom 
stream from the RD is sent to a multi-effect evaporator system, which is discussed 
later.







Figure 6.3: Process flowsheet for methyl lactate (MeLa) hydrolysis using RD, for 88 wt% lactic acid (LA)





Table 6.2: Unit-wise Comparison between RD and RS Processes for 88 wt% LA 
Purity 
Reactive Separator  
Reactive separator type RD RS  
Column internals Packed column Packed column 
Height of reactive zone (m) 12 12 
Height of non-reactive zone (m) 0.4 - 
Diameter of reactive zone (m) 0.63 0.6 
Diameter of non-reactive zone (m) 0.53 - 
Mass of catalyst in column packing (kg) 780 780 
Mass of catalyst in reboiler (kg) 50 50 
Reboiler duty (kW) 938.95 938.95 
Condenser duty (kW) -730.98 - 
Feed entry from the top (m) 0.4 0 
Reflux ratio  4.65 - 
Distillate rate (kg/hr) 427.1 - 
Multi-Effect Evaporator 
Evaporator 1 (T = 89oC) P = 0.60 atm P = 0.54 atm 
Evaporator 2 (T = 76oC) P = 0.33 atm P = 0.29 atm 
Evaporator 3 (T = 56oC) P = 0.06 atm P = 0.07 atm 
Methanol Column 
Number of stages 12 12 
Reflux ratio 1.31 0.68 
Distillate to Feed molar flow ratio 0.89 - 
Reboiler duty (kW) 126.7 - 
Condenser duty (kW) -284.2 -226.4 
 Membrane Unit for  RSM  
Membrane type NaA Zeolite 
Membrane area (m2) 500 
Permeance of methanol (m3(STP)/(m2-h-bar)) 0.0042 
Permeance of water (m3(STP)/(m2-h-bar)) 21.3949 
6.2.3.2 Design of RSM for methyl lactate hydrolysis: Process flowsheet for methyl 
lactate hydrolysis using RSM, and its associated downstream separation units is shown 






in Figure 6.4. The liquid feed at 97oC and 1 atm is similar in composition and flow rate 
to the RD feed, and enters the top of RS column. The feed then undergoes integrated 
reaction and separation within the KATAPAK-SP 11 structured catalytic packing. The 
non-catalytic rectification zone that was present in RD does not exist in the RS 
column. Sizing of RS at 80% flooding conditions resulted in a column diameter of 0.6 
m. Height of the packed-bed and catalyst mass within it are 12 m and 780 kg, 
respectively. These are the same values employed in the RD column (Section 6.2.3.1).  
Other details of RS and associated equipments are given in Table 6.2. The vapor 
stream leaving RS at 0.51 kg/s, consists of water (57.8 wt%), methanol (30.1 wt%) and 
methyl lactate (12.08 wt%). 
As shown in Figure 6.4, a low-duty heater (3.87 kW) is used to heat the vapor 
stream leaving the top of RS to 105oC, which is compatible with the experimental data 
in Okamoto et al. (2000) for the permeances of vapor permeation in zeolite NaA 
membrane. Due to the high selectivity offered by this particular membrane, water can 
be effectively separated from the vapor mixture. Thus, the membrane retentate stream 
mainly consists of methanol (69.8 wt%) and methyl lactate (26.7 wt%). It is processed 
in a 12-stage, reboiler-free rectification column, where 99 wt% methanol is recovered 
as the condensate. The bottom stream leaving the rectification column contains the 
unreacted methyl lactate (59 wt%) and is recycled to the stage 1 of the RS column. 
Permeate side of the zeolite NaA membrane is maintained at 0.1 bar by spontaneous 
condensation and cooling of the permeate stream to 41oC using cooling water at 30oC. 
The pressure of the condensed permeate stream is then raised to atmospheric pressure 
by a pump. 






Figure 6.4: Process flowsheet for methyl lactate (MeLa) hydrolysis using RSM, for 88 wt% lactic acid (LA) 






6.2.3.3 Design of a multi-effect evaporator (MEE) system: The bottom stream from 
RD and RS columns consists of LA (about 36% and 57 wt% in case of RD and RS) 
and water. To achieve the desired purity of LA, this bottom stream has to be 
concentrated in a MEE system. The difference between the RD and RS processes is in 
the extent of evaporation required and hence the quantity of steam needed to 
concentrate LA. Triple-effect evaporators operating at 89oC, 76 oC and 56 oC in series 
(Åkerberg and Zacchi, 2000), are used to concentrate LA. Operation of evaporators at 
lower temperatures and sub-atmospheric pressure is necessary to avoid LA 
polymerization at high temperature and concentration. Each evaporator in MEE system 
is operated at successively lower temperature/pressure for using vapor produced in the 
previous evaporator as the heating medium. Co-current operation for MEEs over 
countercurrent operation is selected for the following reasons: (a) LA-water stream 
leaving the reboiler of the column is at high temperature (> 89oC); hence, sequential 
cooling in subsequent evaporators would be economical; and (b) at high 
concentrations, LA is susceptible to degrade at higher temperature; hence, operation of 
the final stage has to be at a lower temperature. 
6.2.3.4 Simulation details: Two plant-scale designs, involving RD and RSM 
techniques with their respective downstream separators, are shown in Figures 6.3 and 
6.4. Both the process flowsheets are simulated in Aspen Plus version 7.2 and rate-
based approach is selected for this study. Aspen Plus User Interface does not have 
built-in modules for evaporator. Simulation of MEE in both the RS and RD processes 
is performed by coupling condenser and flash vessel (Lewis et al., 2010). For example, 
in case of the first evaporator, latent heat released during the condensation of low-
pressure steam (LPS) at 160oC and 5 barg in the shell side of the evaporator is modeled 
by a condenser. This latent heat is supplied to the tube side of the evaporator, which is 





modeled by a flash vessel model that performs vapor-liquid phase-equilibrium 
calculations. 
Design specifications that are required to be met by both the RD and RSM 
processes are: (Spec a) mass fraction of LA in the concentrate of the third-stage 
evaporator is the desired grade of 50 wt% or 88 wt% (Datta, 2000); (Spec b) mass 
fraction of methanol product from the methanol distillation/rectification column is 
fixed at 99 wt%; (Spec c) mass fraction of water at the bottom of the methanol 
distillation column in RD process flowsheet is fixed at 99.7 wt%. The flow rate of LPS 
to the first evaporator in MEE is adjusted to meet Spec a, and reflux ratio of 
distillation/rectification column is manipulated to meet Spec b, for both RD and RS 
processes. To meet Spec c in RD process, distillate to feed molar flow ratio of 
methanol distillation column is manipulated. 
6.3 Results and Discussion 
6.3.1 Validation of Rate Based Module and Property Model in Aspen Plus 
Applicability of RADFRAC module and the chosen UNIFAC-HOC 
thermodynamic property model in Aspen Plus to design reactive separation process for 
methyl lactate hydrolysis is tested by simulating a lab-scale RD column and comparing 
it with available experimental data. 
Experimental data for the hydrolysis of methyl lactate was obtained from Kumar 
et al. (2006). The test column has both reactive and a non-reactive zones. The non-
catalytic rectifying and stripping zones comprised of wire mesh type of HYFLUX 
packing (number of theoretical stages per meter, NTSM = 8 m-1). KATAPAK-S 
packing (NTSM = 3 m-1) (Kumar and Mahajani, 2007) filled with Amberlyst ion 
exchange resin was used for the catalytic zone. Based on the respective NTSMs, the 






height of the stripping, reactive and rectifying zones within the test column are 
obtained as 1 m for each section. Kinetics of Sanz et al. (2004) and discretization of 10 
stages per meter are used for simulating the RD column using RADFRAC rate-based 
model in Aspen Plus. The obtained results are shown and compared with the 
experimental data in Figure 6.5. It can be seen that good match with the experimental 
data is obtained by the use of rate-based approach. This justifies the use of UNIFAC-
HOC EOS property package, reaction kinetics and RADFRAC module for the present 
study. The following sections present and discuss the results obtained for industrial-
scale RD and RS processes. 
 
 
Figure 6.5: Simulation results and experimental data for methyl lactate hydrolysis in 
the RD column: (a) mass fraction in liquid phase and (b) temperature profile 
(a) 
(b) 





6.3.2 Analysis for 88 wt% LA Product 
Figures 6.6a and 6.6b show the composition profiles for lactic acid, methanol, 




Figure 6.6: Profiles of lactic acid, methanol, methyl lactate and water mass fraction in 










The packing height in all the figures and analysis follows top-to-bottom approach 
with condenser as the top stage and reboiler as the last stage. The reboiler duty and the 
reactive zone height for the RS column are kept the same as those (namely, 939 kW 
and 12 m, respectively) for the RD column (Table 6.2), for a fair comparison of both 
the systems. Mass fractions of methyl lactate and water at any point within the packed 
bed in both RS and RD columns in Figures 6.6a and 6.6b are below the azeotrope limit 
stated in Section 6.2.1. LA concentration continuously increases along the column 
length. Sudden changes in profiles for RD at about 2 m from the column top are due to 
the feed entering at 2 m from the top. LA mass fraction is higher in RS compared to 
that in RD at the same reboiler duty. 
Being the lowest boiling point component among others, methanol would be 
easily removed from the liquid phase. Therefore, in-situ removal of methanol, which is 
formed constantly due to methyl lactate hydrolysis, would result in rapid progress of 
the reaction in the forward direction. Figure 6.7a shows the mass-transfer rate of 
methanol between vapor and liquid phases along the axial direction of the packed bed 
in the RS column. A positive value of methanol mass transfer rate in Figure 6.7a 
signifies the transfer of methanol from vapor phase to liquid phase, and a negative 
value indicates the transfer in the opposite direction. At the entrance of the packed bed, 
methyl lactate hydrolysis reaction just begins, and the amount of methanol formed is 
relatively minimal. Meanwhile, the vapor stream constantly formed in the reboiler 
rises, and methanol formed in the liquid phase vaporizes. As the vapor stream moves 
towards the column top, it is enriched with methanol (Figure 6.6a). However, methanol 
mass transfer from liquid phase to vapor phase would only happen until the chemical 
potential gradient between the liquid and vapor phases is positive. Owing to lower 
concentration of methanol in liquid phase compared to that in vapor phase, reversal of 





mass transfer from vapor phase to liquid phase occurs at the top of the packed bed 
(Figure 6.7a). Note that the establishment of equilibrium between mass transfer and 
reaction kinetics thus results in a plateau-like region for methanol concentration near 
the column top (Figure 6.6a). This particular phenomenon of re-absorption of the 
stripped component back to the liquid phase during a single pass within the reactive 
separation system is termed as component internal looping (Schildhauer et al., 2005). 
Significant amount of methyl lactate is unconverted in RD (0.01 kg/s) than in RS 
(0.001 kg/s), indicating a larger loss and higher impurity in the final LA product for the 
RD (see Figures 6.3 and 6.4). Reaction rate profiles for LA production within the RD 
and RS columns are shown in Figure 6.7b. Both the profiles in this figure have a peak 
around the stage where the respective column feed enters. From the peak, LA 
production rate generally decreases along the axial direction of the packed bed due to 
gradual depletion of methyl lactate. However, a rebound in rate is seen in the reboiler 
of the RD column due to the presence of significant unconverted methyl lactate. 
Profiles in Figure 6.7b indicates that catalyst is not needed in the reboiler of the RS 
column.  
The temperature profiles of the bulk liquid phase within the RD and RS columns 
are shown in Figure 6.8. The temperature fluctuations in this figure are due to the 
simultaneous occurrence of esterification reaction and hence constant formation of 
methanol (Figures 6.6a and 6.6b) within both the columns. A larger temperature 
change can be in RD column compared to RS column. The difference between the top 
and bottom stage temperatures in RS is 9.9 0C; in the RD column, the difference is 
33.6 0C. This is mainly due to the presence of condenser in the RD. Maximum 
temperature for the liquid phase within RD and RS columns is 109.8 0C and 112.6 0C, 
respectively. 








Figure 6.7: (a) Methanol mass transfer rate along the axial direction of the packed bed 
in the RS column; and (b) Profile of LA production rate for liquid phase reaction along 
the axial direction of the packed bed in the RD and RS columns 
Figure 6.9 shows the composition profile of the vapor phase on the retentate side 
of the Zeolite NaA membrane module within RSM process. Since Zeolite NaA is a 
water-selective membrane, mass fraction of water on the retentate side continuously 
decreases with the increase in the membrane area. Consequently, mass fraction of 
methyl lactate and methanol increases with the membrane area. Note that LA is 
negligible in the membrane feed stream and hence along the membrane too. 
(a) 
(b) 






Figure 6.8: Temperature profile along the axial direction of the packed bed in the RS 
and RD columns 
 
Figure 6.9: Vapor-phase composition profiles of lactic acid, methanol, methyl lactate 
and water at the retentate section of the Zeolite NaA membrane 
6.3.3 Energy Requirements and Conversion in RSM and RD Processes for 88 
wt% LA 
The design and operating conditions of RD and RSM processes for 88 wt% LA are 
shown in Figures 6.3 and 6.4, respectively, and unit-comparison is given in Table 6.2. 
Both energy (and its cost) and methyl lactate conversion are considered for comparing 






the performance of RD and RSM processes. This comparison for producing 88 wt% 
LA is presented in Table 6.3. Note that electric energy for permeate and recycle pumps 
in RSM process is small (0.128 kJ/kg), and is not given in Table 6.3.  
Table 6.3: Comparison between RSM and RD Processes for 88 wt% LA Product 
Energy Comparison 
RSM process 
Energy per unit 
LA (kJ/kg) 
RD process 
Energy per unit 
LA (kJ/kg) 
RS reboiler 2,795 RD reboiler 2,973 
Multi-effect evaporators 279 Multi-effect evaporators 940 






Total (Steam) 3,085 Total (Steam) 4,364 





LA flow rate (kg/s) 0.336 LA flow rate (kg/s) 0.316 
EC ($/kg LA produced) 0.042 EC ($/kg LA produced) 0.059 
Methyl lactate conversion 99.6% Methyl lactate conversion 94.0% 
The reboiler duty corresponding to a reflux ratio of 4.65 and distillate flow rate of 
427.1 kg/hr for RD is calculated to be 939 kW, and is the same for RS in order to 
perform a fair comparison between both the processes. Absence of condenser and 
reflux (mostly water) in the RS results in higher concentration and mass flow rate of 
LA in the column bottoms when compared to RD (Table 6.3). This leads to radical 
decrease in steam requirement for MEE in the RSM process; nearly 70% reduction in 
energy requirement for MEE per unit mass of LA obtained can be realized for the 
RSM process as compared to the RD process. Methanol column in RD and RSM 
processes requires reboiler duty of 126.7 kW and 0 kW, respectively. Taking the cost 
of low-pressure steam (LPS) and electricity as 27.7 $/1000kg and 0.06 $/kWh, 





respectively (Turton et al., 2009), the energy cost (EC) for obtaining 88 wt% of LA as 
the final product is 0.059 $/kg and 0.042 $/kg for RD and RSM plants, respectively. 
Hence, for a production capacity of 50,000 tons of LA, savings of $0.85 million in 
energy cost can be realized by using RSM instead of RD process. 
In addition, the conversion of methyl lactate in the column is increased by 5.6% if 
RSM is implemented. The concentrated product stream from the third evaporator in the 
RD plant has 2.47 wt% methyl lactate, compared to 0.47 wt% in the RS plant. This will 
require recovery of methyl lactate, and further increase the separation costs in the RD 
process to obtain LA of purity comparable to that from the RSM process. This cost of 
purification and the penalty on the loss of methyl lactate are not considered in the 
current analysis, and can further add to the energy cost of the RD process. 
6.3.4 Energy Requirements and Conversion in RSM and RD Processes for 50 
wt% LA 
As discussed, 50 wt% and 88 wt% are among the common grades of LA that have 
market demand (Datta, 2000). For design conditions shown in Figure 6.4, the proposed 
RSM process can easily achieve 50 wt% of LA in the bottoms of the stripper and so 
MEE system is not required. This characteristic of RS can thus result in significant 
reduction in size, cost and energy requirements for the entire recovery and purification 
part of the LA process. On the contrary, RD-based methyl lactate hydrolysis gives ~36 
wt% of LA in the bottoms of the column, and so it needs to be concentrated further in 
the downstream MEE system.  
The detailed design of RD and RSM processes for 50 wt% LA are shown in 
Figures 6.10 and 6.11, respectively.  







Figure 6.10: Process flowsheet for methyl lactate (MeLa) hydrolysis using RD, for 50 wt% lactic acid (LA) 






Figure 6.11: Process flowsheet for methyl lactate (MeLa) hydrolysis using RSM, for 50 wt% lactic acid (LA) 






Table 6.4 shows the energy and cost comparison of these two processes. To 
achieve the design specification of 50 wt% LA, reboiler duty for the RS is selected as 
the manipulated variable. Reboiler duty for RS and RD column is 834 kW and 939 
kW, respectively. At comparable conversion, the net LPS requirement reduces by 
nearly 30% in the RSM process compared to RD (from 3,667 kJ/kg to 2,632 kJ/kg of 
50 wt% LA produced). Accordingly, energy cost for obtaining 50 wt% of LA as the 
final product is 0.049 $/kg and 0.036 $/kg for RD and RSM processes, respectively. 
Thus, for a production capacity of 50,000 tons, savings of $0.65 million in energy cost 
can be realized by using RSM instead of RD process. 
Table 6.4: Comparison between RSM and RD Processes for 50 wt% LA Product  
Energy Comparison 
RSM process 
Energy per unit LA 
(kJ/kg) 
RD process 
Energy per unit 
LA (kJ/kg) 
RS reboiler 2,620 RD reboiler 2,957 
Multi-effect evaporators 0 Multi-effect evaporators 261 






Total (Steam) 2,632 Total (Steam) 3,667 





LA flow rate (kg/s) 0.318 LA flow rate (kg/s) 0.318 







* Note that electric energy for permeate and recycle pumps in RSM process is small (0.118 kJ/kg), and 
is not given in Table 4. 
  






In-situ removal of products to drive the equilibrium-limited reaction(s) in the 
preferred direction is essential to achieve higher conversion and lower cost for many 
processes. The present chapter proposed and analyzed the RSM process for the 
hydrolysis of methyl lactate to produce 88 wt% and 50 wt% LA. Energy cost per kg of 
LA produced and conversion achieved in the RSM and RD processes were compared. 
Results show that, for 88 wt% LA, 29% savings in energy cost (i.e., $0.85 million for a 
plant of 50,000 tons of LA/annum) and conversion increase of 5.6% can be achieved 
by using RSM process compared to the RD process. For 50 wt% of LA as product, 
28% savings in energy cost (i.e., $0.65 million for a plant of 50,000 tons of 
LA/annum) and elimination of triple-effect evaporator system can be achieved by the 
use of RSM process rather than the RD process. The obtained results are encouraging 
for cost savings and sustainability, and so the proposed RSM process is very attractive 








Modeling and Analysis of Solid Catalyzed Reactive HiGee Stripping 
 
7.1 Introduction 
Integration of reaction and separation in a single unit results in considerable 
reduction in the size of a plant and accompanied by benefits such as increased 
conversion, reduced recycles and increased safety. Reactive distillation (RD), reactive 
stripping (RS) and reactive absorption are few of the many examples of such 
integration (Sundmacher et al., 2005). Although RD has received industrial 
acceptance, it is found to be applicable and beneficial only when the operating regimes 
for reaction and the separation window overlaps. However, the approach of RD may 
not be beneficial when heat-sensitive reactants or products are present within the 
system. RS is a better alternative for such situations. It also provides greater 
operational freedom by allowing the engineer to manipulate both temperature and 
pressure, independent of each other for reaction and separation. Schembecker & Tlatlik 
(2003) reported that energy consumption for the production of high boiling esters is 
lower for RS compared to RD for partial conversion in a one-pass configuration.  
Although RS has several advantages, mass transfer in conventional RS beds is 
slow resulting in tall and bulky columns. Moreover, although countercurrent RS is 
beneficial over cocurrent RS in terms of conversion, gas/liquid flow rates in the former 
are constrained to a narrow range to avoid the problem of flooding. This further limits 
the reactor to operate at lower capacities. This chapter introduces the concept of solid 
catalyzed reactive HiGee (high gravity) stripper (SCRHS) with esterification reaction 
as an illustrative application. Esterification reactions are of prime relevance to the 






process industries with ethyl acetate, butyl acetate and amyl lactate being a few out of 
the many important examples. To the authors’ knowledge, only a single work on liquid 
catalysed reactive HiGee stripping (LCRHS) has been reported till now for industrial 
production of hypochlorous acid (HOCl) by Dow Chemical (Trent, 1999). No further 
work or analysis is available in the open literature until now. 
The general form of an esterification reaction involves reaction of acid and alcohol 
to form ester as the main product: 
Acid + Alcohol  Ester + Water 
These reactions are reversible in nature, and are often mass-transfer limited. 
Catalysts used for esterification reactions are generally mineral acids in liquid state. 
Kinetics of these reactions is reasonably fast but the mixing of the reactants is slow 
and non-uniform. For solid-catalyzed esterification reactions, constant removal of 
water is necessary as its presence poisons the catalyst. The benefits of solid catalyzed 
esterification include reduction in corrosive waste streams and downstream separation 
costs. The solid catalyst used for these reactions is generally encapsulated within a 
specially designed structured packing, or the catalyst itself is coated over the inert 
packing of the column.  
Modeling and analysis of an intensified SCRHS for minimizing the 
thermodynamic and mass-transfer limitations encountered in conventional packed beds 
is the focus this chapter. Mathematical modeling of SCRHS is performed using first-
principles approach, and its performance results are discussed in detail. Component-
based effectiveness factor as a measure of overall diffusional resistance within the 
porous catalyst is also studied. Influence of the centrifugal field on the ester formation 
and any variation on the catalyst effectiveness factor is further analyzed to gain more 






insights into the proposed SCRHS process. The obtained results are encouraging and 
show that SCRHS is promising for the future esterification plants. 
7.2 Proposed Solid Catalyzed Reactive HiGee Stripper (SCRHS) 
Figure 7.1 shows the schematic of an SCRHS system. The modification for 
SCRHS is that the inert packing material within the conventional HiGee (as discussed 
in earlier chapters) is replaced by porous solid catalytic packing. The packing within 
the multiphase reactor thus acts as both a catalyst surface and a mass transfer surface, 
over which the inert gas phase and reactive liquid phase contact each other in counter-
current direction.  
 
Figure 7.1: Schematic of a Solid Catalyzed Reactive HiGee Stripper (SCRHS)  
Reaction kinetics used for the analysis of SCRHS is from the work of Schildhauer 
et al. (2009) where the esterification of 1-octanol with hexanoic acid was studied. 
Reasons for selecting this reaction system are its similarity to several industrial 
processes and its ability to demonstrate the interdependencies of activity, selectivity 






and mass transfer in reactive separations (Schildhauer et al., 2005a). The esterification 
and etherification reaction of hexanoic acid and 1-octanol is as follows: 
(a) 1-Octanol + Hexanoic acid  Octyl-hexanoate + Water  (7.1a) 
(b) 2 (1-Octanol)  Dioctyl ether + Water    (7.1b) 
1-octanol reacting with hexanoic acid to form octyl-hexanoate (Equation 7.1a ) is 
the main reaction of interest. A side reaction where 1-octanol forms a dimer of dioctyl 
ether and water is shown in Equation 7.1b. The system analyzed here is the integrated 
octyl-hexanoate esterification followed by stripping of water by nitrogen from a multi-
component mixture of solvent (cumene), ester, ether, 1-octanol and hexanoic acid at 5 
bar and 1600C. 
Some of the many parameters used for the present analysis of SCRHS are obtained 
from the works of Ramshaw and Mallinson (1981) and Schildhauer et al. (2005b). Due 
care is given for the selection of bed porosity, specific surface area of packing and 
dimensions of HiGee (Ramshaw and Mallinson, 1981). Bulk density for granular 
shaped Zeolite (Aluminum silicate) catalyst is obtained from Perry's Chemical 
Engineers' Handbook (Green and Perry, 2008). The reactants (hexanoic acid and 1-
octanol), each mixed in solvent (cumene) with equimolar concentration of 100 
gmol/m3, are fed into the inner radius of the HiGee bed by coaxial distributors placed 
at the eye of the rotor. Simultaneously, gas (here, nitrogen) enters from the casing of 
the SCRHS, and the enhanced gas-liquid-solid contacting occurs within the catalyst 
zone of packed bed. Under high centrifugal force-field, reactants will travel in the form 
of thin films over the catalyst surfaces, resulting in efficient reaction and mass-transfer. 
Since water has the minimum boiling point and highest vapor pressure among other 
components in the liquid phase (Table 7.1), it can be removed easily from the reaction 
mixture as soon as it is formed. Inert gas (nitrogen) is used as the stripping agent to 






remove water from the reaction phase. The added advantage of using nitrogen is that, 
after reaction, it can be easily separated from other components (evaporated product, 
reactants and solvent) using a conventional condenser by phase separation (at about 
288 K) or membrane separation based on molecule size. Nitrogen can be recycled for 
reuse in the system. 
Table 7.1: Vapor Pressures of Pure Components at 150 °C (Mueller et al., 2007) 




hexanoic acid 0.15 
octyl-hexanoate 0.02 
dioctyl ether 0.01 
The possible advantages of SCRHS are as follows: 
• Faster separation of the desired component can be achieved due to the 
reduction in gas-liquid mass transfer resistance. 
• Compact size and low installation cost for the system. 
• Safer operation due to the reduction in process inventory at any given instant. 
• Decentralized operation and high turndown ratio are feasible. 
• HiGee raises the reactor flooding limits; hence, smaller-sized catalyst can be 
used and improved catalyst wetting may be achieved. 
• Rapid in-situ removal of water increases the forward reaction, reduction of 
catalyst poisoning and consequently increased catalyst activity and lifetime.  
• Use of solid catalyst instead of mineral acids results in reduction of 
downstream equipments used for catalyst separation. In addition, no corrosive 
waste streams which may corrode the system are produced. 






However, few disadvantages of SCRHS are as follows: it is a rotating device and, 
as in conventional HiGee, this will incur extra operating and maintenance costs. 
7.2.1 Potential Applications of SCRHS 
Water being a high vapor pressure component among other components in several 
high-boiling esterification reactions like butyl lactate, butyl acetate, butyl acrylate and 
amyl lactate, it can be stripped easily from the reaction mixture using SCRHS. Hence, 
enhanced conversion and selectivity for the desired product can be realized in a 
compact unit. SCRHS may also be used for processes where the reactions are fast 
and/or the products formed are temperature sensitive needing less residence time. 
Application of SCRHS is also possible for hydrodesulphurization and 
hydrodenitrogenation in petroleum refining, where selective removal of sulphur and 
nitrogen respectively from the reaction mixture is necessary to prevent rapid catalyst 
deactivation (Schildhauer et al., 2005a).  
7.3 Modeling and Analysis of SCRHS 
A steady-state three-phase mathematical modeling of the SCRHS is demonstrated, 
and the following reasonable and simplifying assumptions are made for this purpose: 
1) plug-flow of both liquid and the gas phases is established, 2) catalyst wetting is 
complete, 3) concentration of the species in the bulk liquid phase and catalyst surface 
is same, and 4) pressure and temperature changes within the packed bed are negligible. 
Due to the high centrifugal force, backmixing in the HiGee is negligible (Guo et 
al., 1997), and hence, assumption of plug flow behavior for both liquid and gas phases 
is reasonable. Rotation of the packed bed would result in the formation of thin films, 
and uniform wetting of the small catalyst pellets (1 mm diameter in this study) can be 






achieved. In addition, rotation considerably reduces the liquid-solid mass-transfer 
resistance (Munjal et al., 1989a). Due to high operating pressure (5 bar), pressure drop 
within the packed bed is negligible. The assumption of near isothermal condition 
within SCRHS is discussed in detail in Section 7.3.2.6. 
7.3.1 Esterification Reaction and its Kinetics 
A simplified and yet comprehensive reaction kinetic model for the 1-
octanol/hexanoic acid system is given by equations (2) and (3). Reaction is assumed to 
follow Langmuir-Hinshelwood type expression with single and dual site kinetics for 
esterification (main reaction) and etherification (side reaction), respectively. Kinetic 























alcohol alcohol water water
k c KR
K c K c
=
+ +     (7.3) 
Table 7.2: Kinetic Parameters for Zeolite BEA (SiO2/Al2O3= 75:1) Catalyst, taken 
from (Schildhauer et al., 2009) 
Parameter Value Unit 
kester 1.98×10-7 m3/(gcat s) 
kether 2.27×10-5 mol/(gcat s) 
Keq 2.65 - 
Kalcohol 3.19×10-3 m3/mol 
Kwater 1.23×10-1 m3/mol 
 






7.3.2 Model Equations 
Three levels of modeling consisting of catalyst, liquid and gas phase are performed 
to study the SCRHS system. 
7.3.2.1 Catalyst phase modeling: Intraparticle diffusional limitation is taken into 
consideration for calculating the effective reaction rate in the bulk liquid phase. For 
this purpose, component-based effectiveness factor (η) for different species (Elnashaie 
and Elshishini, 1993) in the reaction phase is calculated by solving an intraparticle 
diffusion based model. Figure 7.2 shows the schematic of a spherical catalyst pellet 
having inert packing at the core and a thin coating of catalyst layer of thickness, δ from 
inner radius, rp1 to outer radius, rp2.  The reason for modeling catalyst coated packing 
is to minimize the diffusional resistance, which can be dominant within the porous 
catalyst.  
 
Figure 7.2: Schematic of a spherical catalyst pellet having inert packing at the core 
and catalyst layer of thickness, δ from inner radius, rp1 to outer radius, rp2 
The apparent bulk density ( 'bρ ) for the packed bed is calculated as follows:  
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      (7.4) 
where ρp is the particle density, εp is the porosity of the bed, and rp1 and rp2 are the 
inner and outer radius of the porous catalyst layer. Particle mass-balance for a 
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where effective diffusivity ( effD ) within the catalyst of porosity ( catε ) and tortuosity    
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=    at rp = rp1     (7.8) 
where, sic is the catalyst surface concentration for the i
th component, i = ester, ether, 
acid, alcohol and water, respectively, and s = surface. 
Hence, component effectiveness factor (Elnashaie and Elshishini, 1993) is 
calculated as: 
i
actual rate for the productionor consumptionof component i
rateof productionor consumptionof component i at outer surfaceconditions
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Reaction rate for acid, alcohol and water is respectively given as: 
Racid = - Rester        (7.11) 
Ralcohol = - (Rester+ 2Rether)       (7.12) 
Rwater = Rester+ Rether       (7.13) 
where, Rester and Rether are given by equations 7.2 and 7.3, respectively. 
7.3.2.2 Gas  phase modeling: Variable superficial velocity for the gas phase within the 





= −         (7.14) 
Gas phase mass balance for determining the concentration of water in the gas 






=         (7.15) 
7.3.2.3 Liquid phase modeling: Reaction between acid and alcohol takes place in the 
liquid phase on a solid catalytic surface of thin layer ‘δ’ (Section 7.3.2.1), and water 
formed during the esterification is removed continuously by stripping. This 
phenomenon is modeled by the following bulk-phase equations. 




=   (7.16) 
Mass balance for water: ( )
' s swl
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U R R R
dr
ρ η= + −   (7.17) 
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Mass balance for alcohol: ( )' 2s salcoholl b alcohol ester etherdcU R Rdr ρ η= − +  (7.20) 




ρ η=     (7.21) 
Two-film theory is assumed to hold good for modeling mass transfer between liquid 
and gas phases:  
( )*m L wl wlR K a c c= −        (7.22) 
Equilibrium relationship is obtained by Henry’s correlation:  
* 1
wl wgc H c
−=         (7.23) 
Due to the unavailability of experimental data in the literature for the studied 1-
octanol-hexanoic acid system, klae correlation is taken from (Chen et al., 2005b) as it is 
claimed to predict most of the available klae data in HiGee literature:  
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 (7.24) 
Gas-side mass-transfer correlation (kgae) is given by (Chen, 2011): 
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  (7.25) 
The above correlations for klae and kgae used for SCRHS modeling are intrinsic 
functions of gas-liquid interfacial area ae, and hence its value is inherently included. 
The overall volumetric mass-transfer coefficient is related to liquid-side and gas-side 
mass-transfer coefficients by: 
1 1 1
L e l e g eK a k a Hk a
= +        (7.26) 






7.3.2.4 Flooding correlation: Singh et al. (1992) presented a second-order Sherwood 
type polynomial curve based on flooding data for experiments on air-water 
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=        (7.28) 
To ensure that the simulated operating conditions of liquid and gas flow rates, and 
angular velocities are within flooding limits, Equations (7.27) and (7.28) are used. In 
addition, to operate within safe limits, the SCRHS system was always simulated within 
80% of flooding limits. 
7.3.2.5 Boundary conditions: Six boundary conditions for the set of six differential 
equations (Equations 7.15, 7.17-7.21) are listed in Table 7.3. In particular, value of the 
gas-phase concentration (c = cg,eq gmol/m3) as one of the boundary condition at the 
outer radius of SCRHS is obtained based on an iterative procedure discussed in the 
following section (Section 7.3.2.6). Values of different physical properties, design and 
operating conditions needed for the modeling of SCRHS are summarized in Table 7.4. 
Table 7.3: Boundary Conditions for Modeling of SCRHS 
At r = ri 
For liquid phase: ci  = 100 gmol/m3 where i = alcohol, acid, and 
ci  = 0 gmol/m3 where i = ester, water and ether 
At r = ro For gas phase: c  = cg,eq gmol/m3 






Table 7.4: Parameters for Modeling of SCRHS 
Physical Properties 
Gas density (ρg) 6.775 kg/m3 
Liquid density (ρl) 777 kg/m3 
Gas viscosity (μg) 1.77×10-5 Pa-s 
Liquid viscosity (μl) 8.9×10-4  Pa-s 
Liquid surface tension (σl) 17 ×10-3 kg/s2 
Water diffusivity in gas (Dwater, g) 6.65×10-6 m2/s 
Water diffusivity in liquid (Dwater, l) 2.29×10-8 m2/s 
Acid diffusivity in liquid (Dacid) 6.75×10-9 m2/s 
Alcohol diffusivity in liquid (Dalcohol) 5.86×10-9 m2/s 
Ester diffusivity in liquid (Dester) 4.43×10-9 m2/s 
Ether diffusivity in liquid (Dether) 3.73×10-9 m2/s 
VLE constant for water (H) 0.2286 
Design Conditions 
Inner radius (ri) 0.04 m 
Outer radius (ro) 0.09 m 
Casing radius (rc) 0.144 m 
Bed height (h) 0.04 m 
Specific area of packing (at) 3300 m2/m3 
Void fraction# (εp) 0.45 
Pellet diameter (dp) 1×10-3 m 
Catalyst actual bulk density (ρb) 6.5×105 g/m3 
Catalyst apparent bulk density ( 'bρ ) 1.76×10
5 g/m3 
Catalyst particle density ( pρ ) 1.18×106 g/m3 
Catalyst particle tortuosity ( catτ ) 3 
Catalyst particle void ( catε ) 0.3 
Catalyst layer thickness (δ) 5×10-5 m 
Operating Conditions 
Temperature (T) 433 K 
Operating pressure (P) 5 barabs 
Liquid flow rate (L) 3×10-5 m3/s 
#  Void fraction is calculated as: ( )1 / 6 0.45p p td aε = − =  






7.3.2.6 Solution procedure: In order to perform rigorous analysis of the SCRHS 
system, several important factors such as component-wise effectiveness factor and gas-
liquid mass transfer within the packed bed and the casing are considered. Since 
effectiveness factor of a given catalyst depends on the concentration in the bulk liquid, 
its value may vary along the packed bed (SCRHS). The variation in the values of 
component effectiveness factor at 1000 rpm (G/L = 52) at three different positions in 
SCRHS, is demonstrated in Figure 7.3.  The obtained results show that its value does 
not change significantly along the radial direction of packed bed. Hence, an average 
value of component effectiveness factor based on the conditions at the inlet, center and 
outlet of the packed bed is implemented for further simulations. 
 
Figure 7.3: Component effectiveness factor for acid, alcohol, ester, ether, and water, at 
different positions along the SCRHS: (1) r = ri, (2) r = (ri + ro)/2, and (3) r = ro 
Apart from the gas-liquid mass transfer within the packed bed, transfer within the 
casing may also be significant, a characteristic typical of HiGee (Chen et al., 2005b). 
Water being the most volatile component among others (Table 7.1) in the reaction 
mixture, it is likely to evaporate easily in the casing of SCRHS. Cumene that is present 






as the solvent and in large quantity in the bulk phase, evaporates simultaneously with 
water.  Hence, pure nitrogen entering the casing becomes nearly saturated with cumene 
before entering the outer radius of the packed bed. This physical phenomena of mass-
transfer within casing is simulated by an adiabatic flash unit in Aspen Plus with the 
liquid leaving at r = ro and the gas (pure nitrogen) entering the casing at r = rc to the 
SCRHS as the two feeds to a flash unit (Figure 7.4). The gas stream composition 
leaving the flash unit is then entered as the modified boundary condition at r = ro in the 
SCRHS model. The packed bed model equations are solved again, and the entire 
procedure is iterated until the convergence, which here is on ester concentration where 
error less than 0.5% for ester concentration in the nth and (n-1)th run should be reached. 
Convergence is expected in 2-4 iterations. Catalyst level and bulk phase model 
equations of SCRHS was solved using COMSOL Multiphysics®. Thermodynamic 
property models chosen for the Aspen Plus simulation were UNIQUAC (for liquid 
phase) and Redlich-Kwong equation of state (for gas phase) (Mueller et al., 2007). 
Figure 7.4 demonstrates the entire phenomena of interacting COMSOL and Aspen 
Plus in a concise schematic. 
 
Figure 7.4: Block diagram demonstrating the interaction of COMSOL and Aspen Plus  
 Stripping of certain components from the liquid phase may lead to reduction in the 
bulk temperature. However, simultaneous occurrence of two reversible reactions 






(esterification and etherification) may help to counteract the heat absorption due to 
stripping, thereby leading to near isothermal conditions within the reactor. To confirm 
this hypothesis, an in-silico experiment in Aspen Plus is performed. SCRHS system 
primarily comprises of a catalytic packed bed zone and a non-catalytic casing zone. 
This system was simulated in Aspen Plus by a process comprising an equilibrium 
reactor (for the catalytic zone) with the reaction extent of 0.001383 gmol/s and 
0.000281 gmol/s for the octyl-hexanoate esterification and dioctyl etherification 
reactions, respectively (as obtained from COMSOL simulation for an angular velocity 
of 750 rpm and G/L = 30 at 80% flooding), and an adiabatic flash vessel attached to it 
(for the casing). The temperature of the incoming and outgoing streams for the reactor 
and casing part of SCRHS system, are shown in Figure 7.5. The results obtained from 
Aspen Plus simulation show that the variation in liquid-phase temperature between the 
inlet and the outlet of the catalytic packed bed can be 2.1% (433 K at inlet and 423.9 K 
at the exit).  Hence, assumption of isothermal condition within the particular reactive 
system is reasonable.  
The effect of this temperature change on reaction rate is inferred from the 
experimental data of Mueller et al. (2007) for the same reaction kinetics and operating 
conditions. At an operating pressure of 5 bar, conversion of hexanoic acid reduces 
from 11.9% to 11.2% for a temperature change from 433 K to 423.9 K, and selectivity 
change for the same temperature range is from 94.3% to 94.6% (Mueller et al., 2007). 
Hence, the effect of the temperature change in SCRHS on its performance is minimal 
for the studied octyl-hexanoate esterification reaction. 
 Phase splitting is generally encountered when water is formed in a reactive system, 
especially for esterification reactions. Hence, verifying the absence of any phase 
splitting in the performed study is important for reliable simulation. For the studied 






component mixture, Schildhauer et al. (2009) observed that liquid samples showed the 
sign of clouding (indications of second phase formation) at more than 0.05 mole 
fraction of water. Due to continuous stripping in SCRHS configuration, mole fraction 
of water was generally observed to be much less than this (e.g., mole fraction of water 
at 1000 rpm in the product stream was 0.0001). Hence, phase splitting may not occur 
at the resulting concentrations of water in the liquid phase. Study of ternary plots 
obtained from Aspen Plus suggests the similar observation, and confirms that phase 
splitting may occur only at higher water concentrations. Since the amount of water at 
any given instant in the liquid phase is very small, no phase splitting is likely to occur 
in the performed simulation study. 
 
Figure 7.5: Simulation of SCRHS system comprising of a catalytic packed bed zone 
and a non-catalytic casing zone, in Aspen Plus 
7.4 Results and Discussion 
7.4.1 Model Validation for O2-Water HiGee Stripping System (No Reaction) 
Although first-principles models are generally a good representation of physical 
systems, they should be validated with experimental data. Due to the novelty and 
absence of experimental data for SCRHS, the following approach is implemented to 
validate the proposed model and the procedure for its simulation. 






1) SCRHS model is converted to HiGee stripper (HS) model by selecting Equations 
7.14-7.17 and setting the rate coefficients, re and rk in Equation 7.17 to zero. Note 
that Equations 7.18-7.21 are not applicable for the modeling of HS. 
2) Experimental data for HS are obtained from the literature, and the model from Step 
1 is validated with these data. Chen et al. (2005b) performed a series of 
experiments for oxygen-water system in a HiGee stripper. Oxygen concentration in 
the water stream at the exit of the RPB for different operating conditions was 
measured, and presented as the experimental data. The parity plot comparing this 
experimental data and the corresponding model prediction values for the 
concentration of oxygen in the liquid stream leaving the RPB is shown in Figure 
7.6. The model for HS predicted the experimental data well giving an R2 of 0.9798. 
Oxygen concentration along the radial direction of HS for countercurrent operation 
is shown in Figure 7.7.  It is observed that, at a liquid flow rate of 2.48×10-6 m3/s, 
gas flow rate of 1.73×10-5 m3/s and angular velocity of 900 rpm, nearly 93.5% of 
O2 is separated from water. This study thus shows that the mathematical model is 
able to predict experimental data well for the non-reactive HiGee system.  
3) The reaction terms for esterification and etherification are then added to the 
validated HS model, and Equations 7.15, 7.17-7.21 are solved to obtain insights on 
the performance of SCRHS. 







Figure 7.6: Parity plot comparing the experimental data and the model predictions for 
the concentration of oxygen in the liquid stream at the exit of HiGee stripper 
 
Figure 7.7: Concentration profile of O2 in gas and liquid phases for countercurrent 
operation in HS along the radial direction; direction of arrows indicates the direction of 
concentration gradient existing for the transfer of O2 from water to N2 phase 
   R2 = 0.98 






7.4.2 Effect of Integrating Reaction, Separation and Rotation in a Single Unit 
The advantage of coupling rotation with reactive stripping over conventional 
reactor followed by separator system is discussed in this section. Traditional process 
synthesis approach (onion model) considers reaction and separation as two mutually 
exclusive and consecutive processes. Figure 7.8 shows the importance of process 
intensification by implementing reaction, rotation and separation in the same unit. 
Simultaneous occurrence of all the three phenomena in the same unit results in driving 
the equilibrium-limited reversible reaction faster in the forward direction. For 
simulating a conventional reactor-only system (Figure 7.8), stripping gas is absent. 
Hence, under steady-state operation, the driving force for mass transfer of water from 
the liquid phase to gas phase is zero (Rm = 0). 
 
 
Figure 7.8: Profiles of ester (continuous lines) and water (dotted lines) concentration 
in liquid phase along the radial length of packed bed for reactive HiGee stripping (at 
1000 rpm) and for reaction only (absence of integrated stripping) 






Figure 7.8 shows the comparison of SCRHS operated at 1000 rpm and 
conventional reactor-only system. The obtained results show that nearly 56% rise in 
the concentration of octyl-hexanoate ester formation occurs in SCHRS (at 1000 rpm 
and G/L = 52) compared to the traditional approach of having independent reactor (no 
integrated separation). Concentration of water continues to accumulate within the 
system if it is not removed instantaneously (dotted line in Figure 7.8 for “no 
stripping”). Thus, the traditional approach of having reactor-only configuration leads 
to higher concentration of water at the exit of the packed bed (25 gmol/m3) compared 
to SCRHS (0.08 gmol/m3). This affects the progress of equilibrium-limited reaction, 
and hence, the overall performance of the system. 
The impact of rotating a reactive stripper system when the reaction is equilibrium 
limited and the separation is mass-transfer limited can be observed in Figure 7.9. As 
discussed for Figure 7.8, in-situ water removal does enhance the performance of the 
reactive system, if the reaction is equilibrium limited. Rotation of the packed bed 
further enhances the stripping process by reducing the gas-liquid mass-transfer 
limitation and the micromixing time. This results in increased product formation (here, 
octyl-hexanoate) within a shorter residence time in the reactor. 
When compared to the operation of SCRHS at lower angular velocity (500 rpm), 
nearly 30% rise in ester formation takes place when it is operated at 1000 rpm (Figure 
7.9). Due to high angular velocity of SCRHS (1000 rpm over 500 rpm) and hence, 
high volumetric gas flow rates, in-situ stripping of water from the liquid phase is 
considerably enhanced (shown by dotted lines in Figure 7.9). Therefore, faster reaction 
rates and higher product concentration (here, octyl-hexanoate) is achieved. 







Figure 7.9: Profiles of ester (continuous lines) and water (dotted lines) concentration 
in liquid phase along the radial length of packed bed for reactive HiGee stripping at an 
angular velocity of 500 rpm (G/L = 13) and 1000 rpm (G/L = 52) 
7.4.3 Analysis of SCRHS for Esterification Reactions 
 Liquid-phase concentration profiles of alcohol, acid, ester, ether and water along 
the radial direction of SCRHS are shown in Figures 7.10 and 7.11. Concentration of 
acid and alcohol within the reactor decreases in a similar manner, although more 
alcohol is consumed over acid in a single pass. This behavior is due to the parallel side 
reaction of 1-octanol forming di-octyl ether. Continuous gas-liquid contacting over the 
solid catalyst results in distribution of water in both the phases. The concentration of 
water in the liquid phase is initially zero, raises to a plateau region (about 3 mol/m3) 
and finally decreases to 0.05 mol/m3 at the periphery of the packed bed. The stripping 
gas removes more water at the inlet and carries the stripped water towards the inner 
radius of SCRHS. Simultaneously, rich feed of alcohol and acid enters the inner radius 






of SCRHS. The rapid formation of ester and water is thus observed as feed travels 
within the reactor. Hence, the plateau formation for water concentration is seen near 
the inlet zone of the SCRHS due to the establishment of equilibrium between reaction 
and mass-transfer phenomena.  
Figure 7.11 shows that a reversal in mass transfer of water takes place at the 
reactor inlet (shown in the enlarged insert of Figure 7.11 as 7.11a). This occurs due to 
component internal looping, which is the phenomenon of re-absorption of the stripped 
component back to the liquid phase within a single pass through the system 
(Schildhauer et al., 2005a). Here, water removed from the liquid phase by nitrogen gets 
re-absorbed to the liquid phase when it comes in contact with the fresh feed (here, 
alcohol, acid and cumene) entering the system, and hence the reversal occurs. 
 
Figure 7.10: Concentration profiles along the radial direction for acid, alcohol, ester, 
ether and water in the liquid phase, for the countercurrent operation in SCRHS at 1000 
rpm  






As discussed earlier, mass transfer of water from liquid to gas phase within the 
casing is captured in the proposed modeling approach. The enlarged insert of Figure 
7.11 as 7.11b demonstrates the relevant phenomena. Under the influence of centrifugal 
force, reactive stripping results in enhanced water mass transfer to the gas phase, and 
relatively low mole fraction of water at the exit of SCRHS. Therefore, the 
corresponding equilibrium concentration of water in the gas phase entering the outer 
radius of the SCRHS (r = ro) is relatively low. 
 
Figure 7.11: Concentration profile of water in liquid and gas phases along the radial 
direction for countercurrent operation in SCRHS at 1000 rpm. Arrow direction 










7.4.4 Parametric Analysis 
7.4.4.1 Intraparticle diffusion and component effectiveness factor: Figure 7.12 shows 
concentration profiles within the thin porous catalyst layer at the mid-point of packed 
bed (radius = 0.065 m) at 1000 rpm. Since the catalyst layer is thin, pore diffusion 
limitation is minimal and the catalyst region is rich in reactants. Hence, high 
effectiveness factors can be maintained at low and high angular velocities.  
 
Figure 7.12: Concentration profiles for alcohol, acid, ester, ether and water within the 
catalyst layer of spherical pellet along the radial direction 
As expected, the component effectiveness factor when the packed bed acts only as 
a reactor (i.e., without stripping) would be marginally higher than the SCRHS system 
(Figure 7.13). This is due to the low conversions and hence, high catalyst surface 
concentrations when stripping gas is absent. When the stripping gas is present, 
conversion achieved within the bed is higher and effectiveness factor may reduce. 






However, rotation of the packed bed at high angular velocities will allow operation at 
increased gas flow rates within the flooding limits. This would result in instantaneous 
in-situ transfer of water from the liquid to gas phase by the enhancement in the mass-
transfer driving force. Therefore, minimization of thermodynamic limitation for the 
reversible reaction can substantially overcome the marginal reduction in effectiveness 
factor in SCRHS, thereby achieving higher conversions than conventional reactors. 
 
Figure 7.13: Variation in average component effectiveness factor for 1) acid, 2) 
alcohol, 3) ester, 4) ether, and 5) water, at 500 rpm, 750 rpm, 1000 rpm, and at no 
stripping 
7.4.4.2 Effect of rotation on instantaneous selectivity: Instantaneous selectivity is 
defined as the ratio of rate of ester formation to the rate of alcohol consumption 
(Schildhauer et al., 2009), at any given point within the reactive system: 
 Instantaneous selectivity =  Rateof ester production
Rateof alcohol consumption  






     (7.29) 






Figure 7.14 shows instantaneous selectivity profiles for the esterification reaction 
within SCRHS at 500 rpm and 1000 rpm. The peak in the instantaneous selectivity 
profile for both the cases in Figure 7.14 is due to the accumulation of maximum 
amount of water near the inlet of the reactor. It can be observed from the reaction 
kinetics (Equations 7.2-7.3) that ether formation and ester formation have an inverse 
quadratic and inverse linear relationship with water concentration in the liquid phase, 
respectively. Hence, qualitatively, ether formation should be more affected over ester 
formation by the water in the liquid phase. To confirm this, scaled sensitivity analysis 
(SSA) for esterification and etherification reaction rates w.r.t. water concentration in 
liquid phase (Sester and Sether, respectively) is performed (Equations 7.30-7.31). 
 
Figure 7.14: Profiles for instantaneous selectivity along the radial direction of SCRHS 
at 500 rpm and 1000 rpm 
 















=   ∂ 










=   ∂ 
∑       (7.31) 
To perform SSA, concentrations of alcohol, acid and ester are fixed at 100 
gmol/m3, 100 gmol/m3 and 50 gmol/m3 respectively, and the concentration of water is 
changed over a range of 1.0-50 gmol/m3. Average Sester and Sether thus obtained are 1.8 
and 3.4, respectively, confirming that etherification is more affected than esterification 
by change in water concentration in the liquid phase. Hence, less ether and more ester 
are formed in the zone where water concentration is high. This observation is in 
agreement with the findings on octyl-hexanoate esterification reaction for RS in 
(Schildhauer et al., 2005a). Therefore, as liquid moves along the radial direction of the 
packed bed, concentration of water decreases (Figure 7.9), and hence selectivity 
decreases (Figure 7.14). 
7.5 Summary 
Mass-transfer and flooding limitations play an important role in lowering the 
productivity of several processes in conventional packed beds. Moreover, several 
reversible reactions cannot be implemented in RD due to its inherent limitations. The 
proposed SCRHS is an attractive option for several applications where high mass 
transfer, low residence time and high capacity of the system are desired. Modeling and 
simulation of SCRHS are performed, and the observed trends in simulation results are 
explained using physical arguments. The study shows that concentration of the octyl-
hexanoate ester obtained from SCRHS operating at 1000 rpm results in 56% 






enhancement when compared to the traditional reactor followed by separator approach. 
Moreover, 30% rise in ester concentration is observed when SCRHS is operated at 
higher angular velocities (1000 rpm rather than 500 rpm), signifying the importance of 








Modeling and Optimization of Reactive HiGee Stripper-Membrane 
Process for Lactic Acid Recovery 
 
8.1 Introduction 
Undeniably, plastics have become an important component for the production of 
vast and expanding range of industrial products. Approximately 180 million metric 
tons of synthetic plastics, mostly based on feedstocks derived from petroleum, are 
produced each year (Nampoothiri et al., 2010). The importance of lactic acid (LA) and 
its associated market demand were stated in Chapter 6. LA is expected to have 
significant growth, especially as the biodegradable monomer for the production of 
bioplastic (polylactic acid, PLA), green solvents and oxygenated chemicals. In 
comparison to the production of petroleum-based polypropylene and polyethylene 
terephthalate, greenhouse gas emissions savings of 30 to 60% is possible by the 
manufacture of PLA with today’s technologies (Patel et al., 2006; Higson, 2011). 
The study described in Chapter 6 of this thesis demonstrated that the performance 
of hybrid reactive stripper (12 m height catalytic packing)-membrane (500 m2 NaA 
zeolite) (RSM) process surpasses that of 12.4 m tall reactive distillation for LA 
recovery and purification. Substantial reduction in the operating cost per kg of LA 
product and increased conversion were observed for both 50 wt% and 88 wt% LA 
grades. Additionally, further intensification in RSM process over RD process was 
achieved by the elimination of triple-effect evaporator train for the production of 50 
wt% LA grade.  






Chapter 7 proposed a novel solid catalyzed reactive HiGee stripper (SCRHS) 
system and was followed by a detailed multi-scale modeling to study its fundamental 
behavior. The performance evaluation based on selectivity and conversion suggested 
that SCRHS could achieve radical process intensification over conventional reactor 
system with 56% enhancement in the resulting product concentration. Rotation of the 
reactive stripper was observed to be the key reason behind the enhanced production 
efficiency. 
This chapter extends the concept of SCRHS from the level of lab-scale design in 
the previous chapter to a plant-scale design for LA recovery and purification process. 
Generally, LA is produced by the microbial fermentation of renewable feedstock (such 
as corn, sugarcane and lignocellulosics) followed by its separation and purification to 
obtain the desired market grades. Depending on the technology and the feedstock 
employed estimates of the land needed for the production of LA through fermentation 
ranges from 0.05 to 0.22 ha/ton of LA (Nampoothiri et al., 2010; Higson, 2011). In 
addition, as observed for any biobased feedstock, cultivation of the feedstock for LA 
production too is correlated and varies with geographical location, climate, moisture, 
strain, harvesting methods, soil type and fertility. Hence, due to the small quantity of 
feedstock per hectare and the high variability in the feed flow rates, on-site processing 
by employing portable, modular and efficient process plants that demonstrate reliable 
performance and handles seasonal dynamics would be an important and attractive 
solution. 
Although RSM process studied in Chapter 6 showed promising performance over 
conventional RD process, the column is yet tall (12 m) and bulky to be placed within 
the dimensions of a commercial motor vehicle (CMV) for the decentralized LA 
recovery and purification (see Section 5.5.3 for details on CMVs). In addition, due to 






the flooding phenomenon, conventional packed beds have a small operational window 
and hence cannot handle large variability in the feed flow rate. The proposed SCRHS 
has potential to overcome these limitations of RSM process for decentralized LA 
recovery and purification.  
The rest of this chapter is organized as follows. Section 8.2 describes the proposed 
reactive HiGee stripper-membrane (RHSM) process for LA recovery and purification. 
Section 8.3 presents the design and operational cost optimization of RSM and RHSM 
processes; limitations of the available cost correlations for the process units and the 
related caution needed during their use are also discussed. In section 8.4, discussion on 
the simulation results obtained by the rigorous modeling of the studied processes and 
the associated costs are presented. Conclusions of the work performed in this chapter 
are presented in section 8.5. 
8.2 Hybrid Reactive HiGee Stripper-Membrane (RHSM) Process 
The schematic of the RHSM shown in Figure 8.1 is similar to the RSM process in 
Figure 6.1 of Chapter 6, and is discussed in brief here. In order to address various 
limitations of the RSM process highlighted in the Introduction section of this chapter, 
it is herewith proposed to replace the conventional reactive stripper (RS) in the RSM 
process by SCRHS (hereon reactive HiGee stripper, or RHS for simplicity) presented 
and discussed in Chapter 7. Due to the compactness of HiGee in addition to better 
catalyst wetting and higher throughput, it is proposed here that the conventional RS 
can be substituted by RHS, for decentralized, on-farm operations. 
The fresh feed of dilute methyl lactate in water and the unconverted feed from the 
recycle enter the inner radius of the catalytic RHS. The RHS in this study has a 






reboiler (Figure 8.1); the liquid leaving the casing radially outwards is vaporized in the 
reboiler.  
 
Figure 8.1: Outline of the reactive HiGee stripper-membrane (RHSM) process. For 
clarity, the unit-operations in the figure are not shown to the scale. 
The vapor enters the casing and flows through the packed bed in the 
countercurrent direction to the flow of dilute methyl lactate. The application of rotation 
on the catalytic packed bed would result in the formation of thin films over the solid 
catalyst surface, enhancing gas-liquid and liquid-solid mass-transfer rates. Due to the 






reduction in the film thickness under high-gravity, reactants would rapidly reach the 
catalyst surface. Thus the diffusional limitation would substantially reduce, resulting in 
high enhancement factors and reaction rates. Vapor leaving the inner radius of RHS 
then passes through the vapor-permeation membrane to selectively separate water at 
high purity, and the retentate stream in the vapor state enters the bottom of overhead 
rectification column. Here, desired purity of methanol can be achieved without 
requiring any reboiler and steam. The unreacted methyl lactate is recycled to the RHS 
(Figure 8.1) where it is mixed with the incoming fresh feed. 
8.3 Design and Optimization of RSM and RHSM Processes 
Both RSM and RHSM processes are analyzed for a feed flow rate of 1 kg/s at 1.3 
atm and 97oC, and for mass fraction of methyl lactate and water in the feed as 0.39 and 
0.61, respectively. To avoid the repetition of the discussion in the earlier chapters, 
design of RHS is presented here in brief. Thermodynamic property package used for 
the hydrolysis of methyl lactate is UNIFAC group contribution model for the liquid 
phase, and Hayden-O’Connell equation of state (HOC EOS) for the vapor phase (Liu 
et al., 2011). Activity coefficient based quasi-homogenous reaction kinetics for the 
hydrolysis of methyl lactate discussed in Chapter 7 is used here (Sanz et al., 2004) and 
inner radius of RHS is obtained by Equation 3.50. To operate within the safe limits, 
height of the catalytic HiGee is designed as 1.25 times the flooding height as 
calculated from Equations 3.48 and 3.49. Although HiGee with nearly 1 m diameter 
are being operated industrially (Trent, 2003), the maximum limit on the outer radius is 
set to be 0.7 m in this study to abide by the dimensions of the CMVs (U.S. Department 
of Transportation, 2004) to be used for decentralized applications.  






Pressure drop within the RPB consists 3 main components namely, due to 
centrifugal, frictional and momentum loss (Sandilya et al., 2001), discussed in 
Chapters 3 and 5 in detail. Additionally, due care was taken while choosing the amount 
of catalyst mass within HiGee such that it is equal to the weight of catalyst in the 
conventional RS for a fair comparison. Moreover, height of the RS column was 
recalculated based on the bulk density of the Amberlyst catalyst (769 kg/m3) and 
maximum permissible catalyst volume fraction of KATAPAK-SP 11 packing (0.46). 
Thus the RS height is reduced such that it has exactly enough space for 
accommodating 780 kg of solid catalyst. This is again for a fair comparison of volume 
reduction in HiGee (if any) over conventional RS columns. 
Generally, performance comparison of different processes is based on the total 
annual cost (i.e., including both the capital and operating costs). However, if the 
capital cost correlations for different units are not available for smaller sizes, the 
obtained results and conclusions may be misleading. This issue was encountered 
during the costing of the unit-operations within the RSM and RHSM processes were 
performed. For example, the size range for cost correlation of the long-tube vertical 
(rising-film) evaporator is 100-8,000 ft2 (Seider et al., 2010). However, calculated size 
of the first evaporator in RSM process was ~19 ft2, much below the size range of the 
cost correlation. Hence, for the comparison of RHSM and RSM processes in this 
study, more reliable performance indicators such as energy cost, conversion and 
equipment size were used. 
For operating cost optimization of RHSM and RSM processes, the objective 
function and the constraints on the desired product purity are as follows: 
Minimize  Operating cost per kg of LA product,  fcost ($/kg) (8.1)  
Subject to  Methanol wt% ≥ 99.5     (8.2) 






  Water wt% ≥ 99.9     (8.3) 
  Lactic acid wt% ≥ 88     (8.4) 
Purity of methanol and water are specified in Equations 8.2 and 8.3 such that these can 
be recycled and used upstream in the relevant unit of the LA production process. Purity 
of LA is specified as 88 wt% in Equations 8.4 to meet the market specification (Datta, 
2000). 
Optimization of each of RHSM and RSM processes involves 3 decision variables: 
mass flow rate of the steam to the first evaporator (Msteam), reflux ratio of the methanol 
rectification column (RR), and reboiler duty of the RHS (Qreboiler). The additional 
degree of freedom for the RHSM process, namely, angular velocity is varied manually 
to obtain the height of RHS that can accommodate exactly 780 kg of Amberlyst 
catalyst. This is yet again to provide similar catalyst mass in RSM and RHSM 
processes for a fair performance comparison. In summary, decision variables and their 
bounds are as follows:    
  0.001 / 0.1 /steamkg s M kg s≤ ≤     (8.5) 
  0.01 5RR≤ ≤        (8.6) 
  800 2000reboilerkW Q kW≤ ≤     (8.7) 
Simulation of both the process flowsheets were performed in Aspen Plus. 
Conventional RSM was simulated similar to the flowsheet in Chapter 6. Simulation of 
RHSM is similar to conventional RSM with the difference being the simulation of 
catalytic HiGee in it. Due to the lack of any HiGee module in Aspen Plus, the 
procedure for simulating it in Aspen Plus was proposed and discussed thoroughly in 
Chapter 5. The Excel workbook where all the correlations for the simulation of HiGee 
were calculated (e.g., mass transfer coefficient on vapor and liquid side, flooding 






correlations, inner radius and pressure drop), is linked with the Aspen Plus, and was 
iteratively updated until the values of the different variables are very close for two 
successive runs. Utility costs for the calculation of total energy cost in the objective 
function are: electricity (assuming thermal inefficiency of 3:1 for converting heat to 
electricity), low-pressure steam (at 5 barg and 160oC) and cooling water at $0.144/kWh, 
$27.7/ton (Turton et al., 2009) and $0.0148/ton (Turton et al., 2009), respectively.   
8.4 Results and Discussion 
8.4.1 Analysis of RHSM and RSM Processes for 88 wt% LA Product 
The flowsheet design for the RHSM process is shown in Figure 8.2; flowsheet for 
RSM process is similar to that in Figure 6.4 of Chapter 6 and so it is not shown here 
for brevity. The packing dimension of RHS calculated is 0.06 m, 0.7 m, and 0.67 m for 
inner radius, outer radius and height, respectively, and is operated at 893 rpm. Reboiler 
duty attached to RHS is 939 kW. The operating pressure obtained for the triple-effect 
evaporator train is 0.55 atm, 0.29 atm, and 0.07 atm, respectively. Mass fraction 
profiles along the radial and axial direction in RHS and RS, respectively, are shown in 
Figures 8.3a and 8.3b, and the corresponding temperature profile in the packed bed is 
shown in Figures 8.4a and 8.4b. Mass fraction and temperature profiles in both the 
systems are similar. LA formation continuously increases as the feed moves from the 
inlet along the catalytic zone of the packed bed. The plateau-region in the methanol 
profile near the inlet of RHS and RS (Figure 8.3) is mainly due to component-internal 
looping phenomenon, discussed in connection with Figures 7.10 and 7.11 in Chapter 7. 
The temperature fluctuations in Figures 8.4a and 8.4b are due to the constant formation 
of methanol (Figures 8.3a and 8.4b) within both the columns.  







Figure 8.2: Process flowsheet for methyl lactate (MeLa) hydrolysis using RHSM, for 88 wt% lactic acid (LA) 








Figure 8.3: Profiles of lactic acid, methanol, methyl lactate and water mass fraction in 
liquid phase along the (a) radial distance of RHS and (b) axial direction of RS 
Methanol being the most volatile component in the reaction mixture, its efficient 
removal is expected to drive the equilibrium-limited reaction in the desired direction. 
The effect of RHS on methanol mass transfer from liquid to vapor phase is shown in 
Figures 8.5, where a negative value indicates the component transfer from the liquid 
phase to the vapor phase. Enhancement of methanol transfer in RHS due to the 
reduction in the liquid film thickness over the solid catalyst surface is observed with 
the maximum methanol mass-transfer rate of -8.53×10-4 kmol/s (Figure 8.5a) 
compared to -2.59×10-4 kmol/s in RS (Figure 8.5b). In addition, in the second half of 
(a) 
(b) 






the methanol mass transfer rate profile in RHS (Figure 8.5a), mass transfer rate is 
negative and much lower than that in RS (Figure 8.5b). At the feed inlet of RHS, 
methanol formation just starts and hence, methanol concentration is lower compared to 
the enriched vapor phase travelling from the outer radius to the inner radius of RHS. 
Hence, re-absorption of methanol from the vapor phase to liquid phase occurs, and is 
higher in RHS than in conventional RS due to faster mass-transfer in the former 
compared to the latter (Figure 8.5). This undesired enhancement in re-absorption of 
methanol from vapor to reaction phase affects LA production from methyl lactate, and 
a nearly-flat region from r = 0.13 m to 0.19 m) can be seen in Figure 8.6a. Despite this, 
LA production rate in RHS is higher than that in RS (Figure 8.6). 
   
Figure 8.4: Temperature profile along the (a) radial distance of RHS and (b) axial 
direction of RS 
The hydrolysis of methyl lactate (feed) is kinetically slow (Liu et al., 2011), and 
substantial space-time within the catalytic packed beds is necessary to achieve 
maximum conversion. From Figures 8.6a and 8.6b, although LA production rate from 
methyl lactate in RHS is much higher than that in conventional RS, methyl lactate 
conversion is observed to be limited (Figure 8.3) in RHS compared to RS; methyl 
lactate mass fraction in the bottoms of the respective reboiler is 0.04 and 0.004. The 
(a) (b) 






higher amount of unreacted methyl lactate in RHSM process leaves as the impurity in 
the 88 wt% LA product stream from the 3rd evaporator. Hence, a relatively longer 
residence time for the substrate is needed to achieve higher conversion. This limitation 
of HiGee to achieve relatively lower conversion when processing the solid-catalyzed 
slow reactions can be minimized by placing a pre-reactor ahead of the RHS. Pre-
reactor would then assist in the partial conversion of the feed which would be followed 
by further reaction of the remaining reactant that is limited by thermodynamic-
equilibrium, within RHS. 
   
Figure 8.5: Methanol mass transfer rates along the (a) radial distance of the RHS and 
(b) axial direction of the conventional RS 
   
Figure 8.6: Profile of LA production rates from hydrolysis of methyl lactate along the 
(a) radial direction of the RHS and (b) axial direction of the conventional RS 
(a) (b) 
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Variation in the component mass fractions on the retentate side of the vapor-
permeation membrane module in RHSM is shown in Figure 8.7. A 250 m2 membrane 
area is able to selectively remove maximum water in the vapor stream leaving RHS. A 
gradual decrease in water concentration and respective increase in the methanol and 
methyl lactate concentration can be seen. The enrichment of methanol in the vapor 
stream facilitates its easy separation from the remaining mixture in the subsequent 
rectification column. 
 
Figure 8.7: Vapor-phase composition profiles of lactic acid, methanol, methyl lactate 
and water at the retentate section of the Zeolite NaA membrane for the RHSM process 
8.4.2 Performance Comparison of RHSM and RSM Processes for 88 wt% LA 
The performance, size and energy cost (EC) of RHSM and RSM processes for 88 
wt% LA are summarized in Tables 8.1 and 8.2, respectively. The packed bed volume 
in RHSM is reduced to 1.02 m3 compared to 2.2 m3 in RSM process. More 
importantly, height of the conventional RS that was originally 8.28 m (includes the 
head and the sump space at the ends of the column, each calculated as 0.8 times the 
column diameter) is squeezed to 1 m due to the rotation of packed bed in RHS.  Hence, 






RHSM process can now be placed on CMVs with maximum height of 4.27 m and 2.6 
m diameter for on-site, decentralized LA purification.  
Table 8.1: Unit-wise Comparison between RHSM and RSM Processes for 88 wt% 
LA 
Reactive Separator  
Reactive separator type RHS RS 
Column internals Spherical Catalyst Structured Catalytic Packing 
(KATAPAK SP 11) 
Packed Bed Dimensions 
HiGee: ri = 0.06 m,  
ro = 0.7 m, ht = 0.67 m,  
rc = 1.05 m, hc = 1 m 
Diameter          =  0.6  m 
Packing height = 7.8 m 
Column height = 8.28 m 
Packing volume (m3)  1.02 2.2 
Packed bed catalyst mass (kg) 780 780 
Reboiler catalyst mass (kg) 50 50 
Feed flow rate (kg/s) 1 1 
Angular velocity (rpm) 893 Not applicable 
Pressure drop  (kPa) 4.35 0.76 
Multi-Effect Evaporator 
Evaporator 1 (T = 89oC) P = 0.55 atm P = 0.54 atm 
Evaporator 2 (T = 76oC) P = 0.29 atm P = 0.29 atm 
Evaporator 3 (T = 56oC) P = 0.06 atm P = 0.07 atm 
Methanol Column 
Number of stages 12 12 
Reflux ratio 0.99 0.85 
Condenser duty (kW) -242 -245 
 Membrane Unit 
 
Membrane type NaA Zeolite 
Membrane area (m2) 250 
Permeance of methanol (m3(STP)/(m2-h-bar)) 0.0042 
Permeance of water (m3(STP)/(m2-h-bar)) 21.3949 






Availability of angular velocity as the extra degree of freedom in RHS can resolve 
the challenge of substantial seasonal variation of biomass availability for producing 
bioproducts (Marquardt et al., 2010). Due to 54% reduction in catalytic packed bed 
size in RHS when compared to RS, considerable reduction in capital cost in the former 
is expected. 
Table 8.2: Comparison of RSM and RD Processes for 88 wt% LA Product 
 
RHSM Process RSM Process 
 
Energy per unit LA (kJ/kg) Energy per unit LA (kJ/kg) 
RS reboiler 2986 2871 
Multi-effect evaporators 371 280 
Heater before membrane unit 12 13 
Total (Steam) 3369 3164 
HiGee motor 21 n.a. 
Other Important Quantities 
LA flow rate (kg/s) 0.314 0.335 
EC ($/kg LA produced) 0.046 0.045 
Methyl lactate conversion 93.3% 99.3% 
Table 8.2 compares individual ECs and conversions in RHSM and RSM 
processes. Due to the physical reasoning provided in Section 8.4.1, methyl lactate 
conversion in RHSM is reduced by 5.7% when compared to RS. Hence, EC for per 
unit of LA produced increases from 0.045 $/kg in RSM to 0.046 $/kg in RHSM. The 
operating power for packed bed rotation at 893 rpm in RHSM is 21 kW/kg of LA 
product. Note that RHSM process achieves similar conversion of nearly 94% as in RD 
(discussed in Chapter 6) but at a 22% lower EC, signifying that the proposed RHSM 
process to be better than the best-known esterification process in the literature. 
  







The integration of rotational field on the catalytic packed bed followed by its 
hybridization with the vapor permeation membrane unit was explored as one of the 
ideas of process intensification in this chapter. Substantial reduction in reactive packed 
volume (especially its height) in RHSM process when compared to conventional RSM 
process was observed, and is necessary for decentralized LA purification. However, 
decrease in feed conversion and marginal increase in operating cost were observed in 
RHSM over conventional RSM process signifying the importance of residence time in 







Conclusions and Recommendations 
 
9.1 Conclusions 
Rapid growth in world population accompanied by changes in economic 
conditions in several countries is expected to dramatically increase the demand for 
potable water, (bio)energy and (bio)chemicals. However, production, purification and 
logistics of water, biofuel and bioproducts processes pose several challenges, and are 
energy and resource intensive tasks. This thesis is focused on providing chemical 
engineering solutions by proposing compact, cheap, efficient and safe process-
intensified systems that can handle seasonal variations and can be used for 
decentralized, on-site processing. Contributions and findings of this research are 
summarized below. 
HiGee (RPB) was identified as an important and promising example of PI, and 
lab-scale studies on it and reported industrial applications were reviewed. Studies to 
develop the fundamental correlations for pressure drop, liquid hold-up, gas- and liquid-
side mass transfer coefficients, power consumption and flooding in HiGee were 
summarized. Further, several opportunities for HiGee in water, biofuel and 
biochemical applications, especially to provide system-level solutions that can achieve 
low cost, efficient, flexible, safe and decentralized processing, were identified. These 
opportunities thereby motivated the development of many reactive and non-reactive 
HiGee separation systems in this thesis.  
The concept of heater-integrated HiGee for on-site VOC removal from 
contaminated groundwater was first studied. Analysis on the synergy effect of HiGee 






and heater showed the use of the latter to be uneconomical as HiGee alone was 
sufficient to achieve very high removal of VOCs. Rotational power was modest even 
for high efficiency of VOC removal, although it was the main contributor to total 
power consumption. HiGee could achieve enhanced contaminant removal at very low 
G/L ratio, which is highly desirable but difficult in conventional packed beds. 
Uncertainty analysis of the mass-transfer correlations showed that their careful 
selection is necessary to avoid improper sizing of HiGee. Performance comparison of 
HiGee stripper with industrial-scale conventional stripper for 98% TCE removal 
showed radical reduction in packed bed size (by 94%), capital cost (by 92%) and G/L 
ratio (by 56%) implying that HiGee for VOC removal can be used for remote, 
decentralized applications. 
For economic recovery and purification of dilute bioethanol feed, an energy-
efficient, recent steam stripper-membrane (SM) process was modified for realistic 
design and then optimized. To reduce the inherent limitations in a conventional SM 
process, a novel HiGee stripper-membrane (HSM) process was proposed and analyzed. 
For this, transformation-based approach for rigorous simulation of HiGee in Aspen 
Plus was described and validated with experimental data. Design and techno-economic 
evaluation of HSM process for producing 99.7 wt% bioethanol from 5 wt% ethanol-
water mixture showed reduction of packed bed volume by 8-fold and capital cost by 
10% compared to the conventional SM process. The compactness of HSM (maximum 
height = 1.08 m, maximum outer radius = 1.13 m) allows it to be placed on 
commercial motor vehicles for transportation to farms for decentralized, on-site 
bioethanol production. 
Esterification followed by catalytic hydrolysis is one of the main approaches to 
recover and purify lactic acid (LA). However, these reaction(s) are equilibrium-limited 






and in-situ removal of product is essential. Hence, a novel reactive stripper-membrane 
(RSM) process for effective hydrolysis of methyl lactate to produce LA was proposed. 
For 88 wt% LA product, nearly 29% savings in energy cost (i.e., $0.85 million for a 
plant of 50,000 tons of LA/annum) and conversion increase of 5.6% was achieved by 
RSM process compared to the RD process. For 50 wt% of LA product, 28% savings in 
energy cost (i.e., $0.65 million for a plant of 50,000 tons of LA/annum) and the 
elimination of triple-effect evaporator system was achieved by RSM process compared 
to the RD process.  
Slow mass transfer and early flooding limit the operation of conventional reactive-
separation columns, and same is the case for reactive stripper in RSM process. To 
minimize these limitations, solid catalyzed reactive HiGee stripper (SCRHS) was 
proposed; it can be used in scenarios where high mass transfer, low residence time and 
high capacity are desired. Intra-particle diffusion-based modeling, component-based 
effectiveness factor and selectivity analysis of SCRHS for octyl-hexanoate 
esterification as an application were done. At 1000 rpm, SCRHS resulted in 56% 
enhancement in ester concentration compared to the traditional reactor followed by 
separator approach. Increase in angular velocities from 500 rpm to 1000 rpm showed 
30% rise in ester concentration signifying the importance of rotation in reactive 
separations. 
The lab-scale design of SCRHS was then extended to a plant-scale application 
where its hybridization with the vapor permeation membrane unit was explored for LA 
recovery and purification. Conversion, energy cost and volume reduction of the 
catalytic packed bed in reactive HiGee stripper-membrane (RHSM) process was 
analyzed. Nearly 53% reduction in catalytic packing volume was observed in RHSM 
process when compared to conventional RSM process. However, decrease in 






conversion efficiency by 5.7% was observed in RHSM process suggesting the need for 
sufficient space-time for kinetically slow, solid-catalyzed reactions in the reactive-
stripper operating under centrifugal field. 
Overall, the work in this thesis has provided several novel intensified processes. 
Insights into each of these processes were obtained by the employment of the PSE 
techniques. PI achieved in these processes for water, bioethanol and LA applications 
are encouraging, and are intended to promote further thinking and implementation of 
decentralized and environmentally friendly future chemical plants. 
9.2 Future Works 
• Life Cycle Analysis (LCA) of Centralized versus Decentralized Processing 
An economic evaluation of centralized versus decentralized HSM process for 
bioethanol purification was presented in Chapter 5. The total annual cost of bioethanol 
purified for centralized, large feed flow rates (100,000 kg/h) was 0.156 $/kg and for 
decentralized, small feed flow rates (10,000 kg/h) was 0.233 $/kg. However, no 
conclusions on which approach is beneficial was made due to several reasons 
discussed in Section 5.7.3. As the future work, a thorough LCA including “cradle-to-
grave” analysis for both centralized and decentralized HSM processes is necessary to 
establish their relative merits. 
• Pre-reactor in RHSM for Kinetically Slow Reactions 
Although the proposed RHSM process was compact than RSM processes, 
conversion in the former was found to be 5.7% lower than in the latter, in Chapter 8. 
Residence time of the reactants due to slow reactions was the key reason for this, 
suggesting the need to improve the design configuration of RHSM plant. For example, 






for slow reactions, a pre-reactor ahead of reactive HiGee stripper (RHS) can be placed, 
for partial conversion of reactants until the equilibrium limit in the pre-reactor. The 
remaining equilibrium-limited reaction can then be performed in the RHS. 
• Measure of Intensification Index (MII) 
As PI aims at designing compact, cheap, safe and environmentally friendly 
processes while achieving high conversion and selectivity at low operating cost, there 
is no “measure” that quantifies all these features into a single, measurable index or 
MII. Such an index is important, and should be developed to measure the level of 
intensification achieved by any intensified process and also to establish the maximum 
level that can be achieved for a particular application.  
• Experimental Validation of Different Novel Processes 
The HiGee processes proposed in this thesis are supported by rigorous first-
principles based models and analysis, and also by partial validation using the available 
experimental data in the literature. These analyses used several correlations for 
calculating pressure drop, vapor-liquid mass transfer, inner radius, etc. for modeling 
and design. These correlations were originally developed based on the experimental 
data for a specific set of scenarios by their proponents. Hence, lab- and pilot-scale 
experiments are required to provide further insights into the proposed processes and 
demonstrate their feasibility. This section gives a brief discussion on the applicability 
of the correlations used and the necessity of experiments to develop more suitable 
correlations in future. 
The pressure drop correlations that are generally complex to model are based on 
the work of Sandilya et al. (2001) on pilot-scale size of HiGee. The correlation is 






generally a summation of three main components (see Table 2.1), and can be used with 
substantial confidence (based on personal communication with Prof. Rao involved in 
the work of Sandilya et al.). The liquid side mass transfer correlation by Chen et al. 
(2005b) is for different type of fluids (Newtonian and non-Newtonian), applications 
(reactive and non-reactive), packing types and sizes of the HiGee. However, it is 
mainly based on data from lab-scale sizes of HiGee. Also, this correlation does not 
account for the changes in velocities in both phases with radius, which can be 
especially important in plant-scale HiGee. Thus, careful usage of these correlations is 
important because vapor-liquid dynamics may change when the rotating packed beds 
are scaled-up. To capture these variations with the available mass transfer correlations 
in the literature, we proposed a transformation-based methodology (see Section 5.3.5). 
It ensures that the variation in vapor-liquid flowrates and physical properties (e.g., 
viscosity and density) within the HiGee are captured to the extent of the detail 
possible. Chen et al. (2005b) also showed that the predictions of liquid-side mass 
transfer coefficient from the proposed correlation were good even for the substantially 
larger dimensions of HiGee using data available in the literature. One of these 
predicted data from Keyvani & Gardner (1992) by the correlation of Chen et al. 
(2005b) is chosen to calculate values of dimensional numbers (see Table 9.1). These 
values are of similar order as of those used in the present studies. Additionally, 
although the power and flooding correlations were used from Singh et al. (1992) for 
considerably large HiGee sizes (0.38 m outer radius), validation of these correlations 
for the processes proposed in this thesis are important. 
Therefore, although considerable care was taken while using the correlations, 
validation using data from industrial-scale HiGee units for different processes and 
operating conditions is imperative to confirm these design correlations. Moreover, 






sensitivity and uncertainty analysis for each of the proposed cases over a certain 
regime may be required to understand the validity of the obtained results. One has to 
note that, even today after several decades of operation of industrial units, correlations 
for the tray and packed columns are being developed and revised. Hence, HiGee may 
also require such kind of extensive evaluation, modification and data sharing before it 
becomes an established unit operation in the process plants.   
Table 9.1: Comparison of Dimensionless Numbers from the Literature Data and 
the Present Studies 
 
Sc Re Gr  We  
Keyvani & Gardner (1992)  8.90E+02 45.30 1.01E+09 1.48E-02 
Chen et al. (2005) kla  1.20E+05 8.7 7.00E+07 9.40E-04 
VOC (~99 %) study in Chapter 3 8.90E+02 32 6.55E+06 9.31E-03 
Bioethanol study in Chapter 5 1.71E+02 93.58  4.99E+09 6.96E-03 
Lactic acid study in Chapter 8 6.46E+01 2.75  2.59E+08 2.76E-05 
• Building Database of Cost Correlations for Process-Intensified Systems 
The cost correlations provided in process design and costing books (e.g., Seider et 
al., 2010) are for size ranges of conventional and large units. This limitation for 
estimating capital cost of intensified systems was noted in Chapter 8, thus limiting the 
particular study to operating cost comparison only. With number of PI applications 
already in industry and the extent of radical size reductions in many of them, new cost 
correlations based on cost data collected from vendors need to be developed for 
smaller equipment sizes involved in intensified process systems. 
• Building HiGee Module in Aspen Custom Modeler (ACM) Platform 
Aspen Plus has a subsidiary-coding platform, namely, ACM that allows building 
the code for user-defined process units. Although this thesis suggested and validated 






transformation-based methodology to simulate HiGee in Aspen Plus, it is tedious and 
time-consuming. As a future work, building rate-based models to simulate HiGee by 
exporting modules built in ACM to Aspen Plus User Interface would be important for 
design and optimization of HiGee systems. Additionally, plant data on HiGee should 
be used to confirm and update correlations for pressure drop, gas-liquid mass transfer 
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First study on RPB as an effective 
apparatus for intensified mass transfer 
between two phases reported; Mass-
transfer study for gas-phase and liquid 
phase limited processes studied and 
enhancement in both the cases observed 
with the implementation of centrifugal 
forces on the packed bed; Volumetric mass 
transfer coefficient for ethanol/methanol 
distillation increased from 0.034 to 0.72 
mol/m3-s with the increase in men 








Ea [0.4, -, -]a La N - - 1500-3000 rpm 
Theoretical plate per meter (NPM) for the 
two RPBs is 50-57 
(Short, 1983; 
Luo et al., 
2012) 
* L: Lab, Pi: Pilot, Pl: Plant 
* E: Experimental, S: Simulation, Ph.: Phase 
* ‘-’ signifies that the respective data is not available/applicable 



















Contaminants with Henry’s constants 
above 4000 atm-cu M/mole air stripped 
with removal efficiencies greater than 
98%; OC greater than conventional packed 
columns (CPC); Economic considerations 
not considered;  Pressure drop (Pa): 2-10 
inches H2O (across rotor) 
(Armstrong) 
H2S-CO2 removal 
from natural gas - [-] Pl Y(L) - - - 
Removal of hydrogen sulfide from natural 
gas and carbon dioxide from sour gases by 

















Parametric effect on removal efficiency 
analyzed; >99% removal efficiencies for 
all contaminants (except 1,2-DCE) at air-
to-water ratio of 30:1 vol/vol and rotor 
speed of 435 rpm; At constant air to water 
ratios, increase in rotor speed above 700 
rpm slightly increases removal efficiency; 
At constant rotor speed, increasing air to 
water ratio above 40:l (vol/vol) has little 
effect on removal efficiency; Not enough 
data available on the cost of the rotary air 




























Gas-liquid interfacial area (ae), gas-liquid 
(kl) and liquid-solid (ks) mass transfer 
coefficients determined and correlation 
proposed in (Munjal, 1989a) validated; ae 
and kl is dependent on angular velocity of 
RPB as ω0.28- ω0.42 and ω1/3, respectively; 









Air stripping of 
groundwater with 
emission control 
R [-] - N - - - 
Technological survey of conventional air 
strippers, activated carbon adsorption, 
membrane biological treatment, chemical 
oxidation performed; Database insufficient 






















Experimental data on pressure drop, and 
liquid-phase transfer coefficients 
presented; Tung & Mah (1985) mass 
transfer correlation holds good; Pressure 
drop correlations in RPB proposed 
(Kumar and 
Rao, 1990) 























Hydraulic performance, pressure drop, 
mass-transfer, and power consumption 
studied in RPB and correlations proposed; 
Sherwood correlation underestimates the 
limit of operability; Introduced area of 
transfer unit (ATU) concept; Power 
consumption in RPB mainly depends on 
liquid flow, rotor outer radius and 
rotational speed; Fouling of packing due to 
high iron content (9 ppm) in groundwater 
observed in RPB 





rotated packed bed 
(HARP) 




- 20-90 rpm 
Techniques developmed to achieve 
uniform fluid distribution in HARP 
packing; Near-uniform distribution 
achieved at small angular velocities under 
steady state; Rotation is a simple mean to 
achieve liquid dispersion (advantage over 
fixed packed beds) 
(Karapant-


























First results of liquid holdup in RPB; 
Anisotropic liquid distribution observed; 
Film-flow assumption based theory cannot 
explain liquid flow in RPBs; An empirical 
correlation for radial saturation mean of 




Air-water system E/M 
[0.083, 0.178, 











Flooding correlation in structured packing 
proposed and Wallis model holds good for 
RPB with changed parameter values; 
Rearrangement of Wallis model results in 
Sherwood’s correlation; HETP estimated 
as 10 mm for structured packing used in 




(approx., with 3-7% 
paint) of water and 
gas 









Flow dynamic within RPB reported 
through visual study; Liquid travels within 
the packing in the form of rivulets (at low 
angular velocity) and changes to pore flow 
to finally droplet flow  (at high angular 
velocity); Liquid and gas maldistribution 






















Pressure drop equation from first 
principles approach and gas-phase mass-
transfer correlations developed; Rotation is 
prime contributor to the pressure drop in 
RPB (>90%) and squared function of 
rotational speed; RPB has higher pressure 
































Pressure drop highly dependent on gas 
flow rate and is lower for wet bed than in 
dry bed; Pressure drop and volumetric 
mass transfer (KGa) correlation developed 
















Cross-flow RPB studied and models for 
liquid film flow velocity and thickness, 
droplet diameter, liquid mean radial 
velocity, gas pressure drop in dry/wet bed, 
mass-transfer etc. developed; No critical 
gas velocity limitations as in 
countercurrent RPB; Gas and liquid plug 
flow reasonable; backmixing negligible 
(Guo, 1997) 
(Chen et al., 
2008) 
Seawater deaeration 
with gas dispersed 
in a continuous 
phase 









High hydraulic capacities (500 m3/hr) with 
modest rotational speed (400 rpm) 
achieved with rotor of 1 m in diameter and 
1 m long; Backmixing elimination can 
result in significant improvement  
(Peel et al., 
1998) 
Air-water system E/M 
[0.035, 0.16, 






13 l/s (max.) 
26-3550 
m/s2 
Liquid holdup correlation determined; 
Holdup inverse ratio with local packing 
radius, weakly dependent on liquid 
viscosity, largely independent of gas flow 
(Burns et al., 
2000) 







Locus of ink on a 
well-rotating disk 
E/
M [-] - - - - - 
All loci made of small section of a curve 
and a straight line deviating from the 
center of the circle; Mean residence time 
model for the liquid and modified 
Danckwerts' surface renewal model to 
predict liquid side mass transfer coefficient 
in RPB developed; Relative error for kl 
within ±14% between model predictions 
with the experimental data 
(Ding et al., 
2000) 













Semi-empirical sectional pressure drop 
model presented; Thinner the packed bed, 
greater is the pressure drop; pressure drop 


















Gas flow in RPB undergoes solid-body 
like rotation and similar to conventional 
packed beds (CPBs); obtained gas-side 
volumetric mass transfer coefficient 
smaller than CPBs and attributed to severe 
liquid maldistribution; gas pressure drop 

















Lumped correlation for KGa in RPB 
proposed; kG lie in similar range as 
conventional packed beds; Mass transfer 
enhancement perhaps mainly due to 




distillation at total 
reflux 








HETP 3-9 compared to 38-40 in 
conventional packed bed; gas flow rates 
affects pressure drop; HETP correlation 
(varies as 0.23-0.26 power centrifugal 
force) and resistance coefficient developed 









α-methyl styrene to 
cumene 
E/
M [0.04,0.01114,-] L Y(S) 
γ-alumina, -
,- 





Rotating string of particles studied; PI 
quantified in trickle bed reactors (TBR); 
Reaction rate enhancement 6-10 times; 
Smaller size particle can be used; 40-50 
reduction in TBR size feasible 
(Sivalingam 
et al., 2002) 
Decolorization of 
dyes in aqueous 
solutions by 
ozonation 









Decolorization efficiency increased due to 









propanol (AMP) & 
MEA-AMP 










CO2 absorption from flue gas with 1-10 
mol% studied; MEA solution superior 
performance than other solvents (by 
~20%); Mass transfer resistance mainly on 
liquid side; KGa comparable to tower 
packed with EX packing (EX provides 
KGa of about 10-33 times higher than the 
random packing) 
(Lin et al., 
2003) 
Micromixing 
analysis by iodide -
iodate test in water 
& water-glycerol 
mixture 












First study on mixing in HiGee; Parallel 
competitive reaction selected; Segregation 
index (XS) decreased (XS = 0 is perfectly 
micromixed) by increasing angular 
velocity and liquid flow; XS is 0.015-0.036, 
0.03-0.07, 0.14-0.95, 0.3-0.7 for HiGee, 
ultrasound based continuous flow cell, 
Couette reactor, and aerated stirred tank, 
respectively; azimuthal velocity of packing 
and liquid injecting velocity affected 
micromixing; Mass transfer resistance 


























- 600-1200 rpm 
Split packing configuration of HiGee 
proposed to enhance slip velocity, and 
hence, gas phase mass-transfer; Total 
pressure drop (centrifugal and frictional 
pressure drop major contributors) 
increased with gas and angular velocity 
(Chandra et 
al., 2005) 
Ozonation of CI 
reactive textile dye 
Reactive Black 5 
(RB5) 








Mineralization rate of RB5 slower than 
decolorization rate; Ozonation kinetics 
independent of gravitational magnitude; 
Ozone mass transfer rate per unit volume 
of RPB significantly higher than CSTR 








0.02] L Y(L) 











Dynamic modeling and validation of 
ozonation in RPB; Assumption of 
complete wetting nearer to experimental 
data (although larger enhancement factor 
and higher mass-transfer rate predicted) 
than partial wetting; Steady state reaches 
in 2 hydraulic retention times 















Centrifugal force intensifies mass transfer 
in viscous media; kla correlation proposed; 
Valid for viscous Newtonian fluids and 
non-Newtonian fluids; Liquid viscosity 
effect (μ) on kla less in RPB (μ-0.32) than in 
packed column (μ-0.5) 





























Mass transfer (kla) for inner and outer radii 
examined in RPB; kla a function of 
rotational speed, liquid flow rate, inner 
radius, outer radius, and radial position of 
RPB; kla correlation developed taking end 
effects in consideration; Reasonably 
estimates most of the kla data in literature 













packing 1 depth: 
0.06 m 
[-]; 















Trickle bed HiGee reactor explored for PI 
in liquid-side mass-transfer controlled 
reaction; Reaction rate enhancement by 
30-40 times higher than conventional 
trickle bed reactor (CTBR) by 500 g 
acceleration; Metal foam reaction rate 
higher than alumina particles; 60 m3 
industrial TBR can be replaced with a RPB 








0.05] L Y(L) 
wire mesh, -, 
0.95 6-9 L/min 
600-1200 
rpm 
Micromixing efficiency characterised; 
Segregation index (Xs) decreases with the 
increase in angular velocity; Micromixing 
time evaluated to be as 10-4 s (for Xs = 
0.01) in RPB 
(Yang et al., 
2005) 
CO2 absorption for 
zinc/air battery 
system 










CO2 reduced from 500 ppm to 20 ppm 
(reqd. for zinc/air battery); Piperazine (PZ) 
more effective than 2-(2-
aminoethylamino) ethanol (AEEA) and 
monoethanolamine (MEA) for CO2 
absorption; Mixtures of PZ+AEEA & 
PZ+MEA suggested due to limitations of 
PZ as solvent (high vap. pressure and 
solubility limited in water); Potential as 


























Extension of (Chen et al., 2005b) kla 
correlation to include of effects of the 
packing size, shape (bead, Raschig ring, 
Intalox saddle, and wire mesh), material 
(acrylic, glass, ceramic, and stainless 
steel), and surface property (critical 
surface tension) in mass transfer kla; 
Estimates most of the kla data in the HiGee 
literature 









chloric acid from 
tris(nonylphenyl)ph
osphate, n-butanol 



























(a) Operating time reduced 10 times w.r.t. 
bubble tank process; Operation performed 
in atm. pressure rather vacuum in 
conventional process (0.033 atm) 
(b) n-butanol in butyl stearate reduced 
from 46,205 ppm at inlet to 43-49 ppm 
(c) RPB reduces ~5 fold operating time, 
20oC  operating temperature and lower 















Optimal compromise between rotational 
speed and separation efficiency necessary 
for industrial-scale applications 









0.03] L Y(L) 












Split-packing performance studied; Gas-
phase mass transfer higher than non-split 
packing for both co-rotation and counter-
rotation; Liquid-phase mass transfer of 




Dyes and textiles 
wastewater 
ozonation 





1.98 L /min 
1500 rpm 
Reactive Red 120, Acid Red 299 dyes and 
textile wastewater ozone oxidation 
investigated; Mineralization efficiency 
reduce with reduced water flow rate, 
rotation and ozone dose due to reduction in 
mass transfer rate of ozone 
(Shang et al., 
2006) 
CO2 absorption 
















Piperazine superior to monoethanolamine, 
2-amino-2-methyl-1-propanol, and 
methyldiethanolamine for 10% CO2 
absorption; Removal efficiency higher 











(PAHs) removal by 
ozonation 
E [0.023, 0.059, 0.02] L Y(L) 





Naphthalene removal from Brij30-
containing solution; Mechanism is 
simultaneous gas stripping and ozonolysis; 
Gas–liquid mass transfer coeff. larger than 
convectional contactors 
(Chiu et al., 
2007) 
Micromixing 
analysis for (a) 







(b) vertical axis: 
[0.03, 0.223, 
0.025] 











Micromixing efficiency of RPB studied 
via benchmark test reactions; Micromixing 
increases and segregation index (XS) 
decreases rapidly with increasing 
rotational speed but decreases slightly with 
increase in flow rates; At similar 
experimental conditions, XS of Tee mixer 
or tubular reactor for diazo coupling 
reactions are larger than that of RPBs 
(Hai, 2006) 
CO2 absorption/ 
desorption in RPB 
in mono-
ethanolamine 










Mass transfer resistance exits in both; 
HTUOG for RPB (absorption) is 0.14-0.27 
m; HTUOG of 3.4 m in conventional 
packed bed (CPB); CO2 desorption in RPB 




CO2 absorption in 
NaOH in crossflow 
RPB 










Crossflow RPB studied for CO2 absorption 
performance in NaOH; Removal efficiency 
increased with liquid flow, and NaOH 






absorption from gas 
E [0.0195, 0.0625, 0.0295] L N 







Blade packing RPB studied; Pressure drop 
highly dependent on gas flow and 
monotonically increased with angular 
velocity; Correlation for pressure drop 
developed; HTU comparable to RPB 
equipped with random and structured 












acetate ) absorption 
in cross-flow RPB 










Mass transfer correlations in a cross-flow 
RPB developed; Mass transfer lower than 
counter-current flow RPB but probably 
more capable of handling higher gas flow 
rates 








and wave thread 




0.063] L N 














Continuous distillation study using 2 
RPBS (as stripping and rectification 
sections) at finite reflux reported; Mass 
transfer efficiency enhanced with 
increasing average high gravity, reflux 
ratio and feedstock flux; NTU model 
developed; WT packing has best mass 
transfer over other two packings; Pressure 
















Decompositions of phenol via high-gravity 
ozonation (HG-OZ), HG photolysis OZ 
(HG-UV-OZ), HG catalytic OZ (HG-Pt-
OZ) and HG-Cat-OZ with UV (HG-Pt-
UV-OZ) are investigated, and the 
respective mineralization efficiency  ηTOC 
(for the studied operating conditions) are 















Decomposition of DMP via HG-OZ, HG-
UV-OZ, HG-Pt-OZ and HG-UV-Pt-OZ 
investigated, and the respective 
mineralization efficiency  ηTOC (for the 
studied operating conditions) are 38%, 
56%, 57%, 68%; DMP decomposition 









CO2 absorption by 
blended amines 


















CO2 absorption with 30 wt% alkanolamine 
aqueous solutions (with atleast 10 wt% PZ) 
appropriate among others;  Removal 
efficiencies more than 90% with HTU less 
than 2 cm (significantly lower than 




into water and 
glycerol/water 
solution 









Compared to conventional packed beds, 
RPB resulted in 193 fold enhancement in 
mass transfer (KGa) efficiency in the 
glycerol/water solution (viscous media), 





from high viscous 
media 
E [0.046, 0.11, 0.03] L N 







vacuum operated RPB (0.084- 0.1 MPa) 
for VOC removal from high viscous liquid 
(acetone as VOC and syrup as viscous 
liquid) examined; RPB boosted 
devolatilization and removal efficiency 
67% higher than industrially applied 
method of flash tank devolatilization 
(Li et al., 
2009b) 














Crossflow RPB study for CO2 absorption 
study performed in mixed amines; 
PZ+MEA mixed amine efficiency superior 










CFD analysis of 
single-phase (air) 
flow in RPB 
M 
[0.008, 0.07, 
0.02]         (Liu 
et al., 1996) 
[0.03, 0.0155, 
0.022] 















-, 0-5 m3/h 










Simulation of 3D non-steady turbulent 
rotating single-phase (gas) flow CFD 
models (the renormalization group (RNG) 
k–ε model) performed and validated with 
literature overall dry pressure drop values 
for 3 RPBs; Alternative designs proposed 
w.r.t. feed options; Zonal pressure drop 
contribution by viz. stationary housing, 
rotor section, free inner rotational zone, 

























Effect of angular velocity on overall 
volumetric mass transfer coefficient (Kyae); 
Greater at high liquid flow rates; Higher 
void fraction rather than high specific area 
packing provided high Kyae; 
Centrifugation efficiency high for low 
liquid flow rates and high angular velocity; 
RPB 5 times smaller than conventional 
column  
(Nascimento 
et al., 2009) 
Simultaneous 
absorption of CO2 














Model for simultaneous CO2 and NH3 
developed and validated; KGa values in 
good agreement with experimental 
predictions 

























Correlation for pressure drop and power 
consumption in CCRB developed; Mass 
transfer coefficient (kla) and power in 
range of 0.027-0.071 s-1 and 0.65-1.08 kW, 
respectively, for the studied conditions; 
Pressure drop: 0.03-1.02 kPa 
(Wang et al., 
2009) 















Modeling and validation of gas-liquid 
Mass transfer process with reaction 
performed; High KGa in the end effect 
zone due to occurrence of intense 








































Systematic design procedure developed 
and applied for split-packing RPBs for 4 
industrial applications; Correlations to 
design inner radius, liquid distributor, and 
power for split packing RPB proposed; 
Significant volume reduction over 
conventional designs; Esp. suitable for gas 
side mass-transfer resistance controlled 
processes; Pressure drop (Pa): 5.1 kPa, 12 



















Split packing RPB used; Can be used as an 
alternative to mechanical draft cooling 
towers due to high volumetric gas-side 
mass transfer, efficiency and compact size 
in RPB; Pressure drop: 4-23 kPaa 
(Bhattachary























PHA from Pseudomonas putida 
fermentation for bio(PI) in HBR; Liquid 
continuous phase and gas dispersed phase 
in HBR; HBR flooded faster than liquid-
phase dispersed RPBs; Bubble size 
reduced (0.36 mm for 1200 rpm) with 
increased angular velocity; HBR 
performance poor than conventional stirred 






gas shift reaction) 


















CO conversion is enhanced in high-gravity 
environment due to intensified mass-







of free fatty acids 
(FFA) in RPB 
reactor 
E [0.0115, 0.0635, 0.02] L Y(L) 












Vigorous micromixing important for TE 
for FAME production due to methanol 
insolubility in oil phase; RPB has small 
estimated hydraulic retention time and 
high YFAME, PFAME, and PFAME per reactor 
volume (PFAME/VR) compared to the other 
continuous systems namely, motionless 
mixers and high-shear reactor, stirred-tank 
reactor, reactive distillation reactor, 
Microwave heating reactor, ultrasonication 
and zigzag micro-channel reactor) 




esterification of free 
fatty acids (FFA) in 
RPB reactor 
E [0.0115, 0.0635, 0.02] L Y(L) 











Excellent micromixing in RPB results in 
highest fatty acid methyl ester (FAME) 
productivity (PFAME) per reactor 
volume(VR) i.e., PFAME/VR = 0.171-4.88 
mol/ml-min, and shortest hydraulic 
retention time (0.22-1.46 min) compared 
to the conventional systems (stirred batch 
reactor, ultrasonic bath, and ultrasonic bath 
flask coupled to an adsorption column) 









cresol in aqueous 
solutions 








1200 rpm o-Cresol almost completely decomposed in 10 minutes of reaction time 

















Fin-baffle packing type for RPBs 
explored; 2 RPBs used as stripping and 
rectifying section for continuous 
distillation; Pressure per theoretical stage 
13.5-64.4 Pa under analyzed conditions; 3 
packing namely, wave disc, wave thread 
and fin baffle explored, and  fin baffle 
packing found to have best mass transfer 
(HETP = 6.6-9.8 mm); HETP of RPB 
order of magnitude lower than traditional 
distillation tower; Pressure drop: 192-415 
Pa 





( acetone as VOC 
and syrup as HV 
media) 
E/





Mass transfer model for devolatilizing 
highly viscous media in RPB developed; 
Experiments of thin film conducted in 
designed diffusion cell including vacuum 
and feeding system; Predicted and 
experimental data error ranges ±15% for 
acetone removal efficiency and ±30% for 
diffusion coefficient of acetone in syrup 
(Li et al., 
2010a) 
NOX Absorption 
into nitric acid 
solutions in 
presence of ozone 













Novel method for NOX removal from 
industrial tail gas and reaction mechanism 
presented; NOX removal greater than 90% 
achieved 








Air-water system in 
rotating zigzag bed 
(RZB) 
E/





Hydrodynamic behavior in RZB (consists 
of stationary and rotating dicks) was 
studied; Gas pressure drop and power 
consumption measured 




in water with blade-
packing RPB 










Blade-packing RPB configuration studied 
(12 blades spaced 30o apart); Performance 
comparable to hollow fiber absorber 
(Lin et al., 
2010) 
Selective 
absorption of H2S 














Removal efficiency, selectivity, and 
overall volumetric mass transfer 
coefficient evaluation in N-
methyldiethanolamine (MDEA) 
investigated; Penetration theory based 
reaction-diffusion mass transfer model 
developed; Liquid film lifetime in RPB 
0.015 s; 99.76% H2S removal efficiency 
achieved 
(Qian et al., 
2010) 
Single-phase fluid 
flow for CFD 
analysis (medium: 
pure water) 








2D and 3D models for fluid flow in RPB 
presented; Mono-phase flow simulation 
reasonable; Pressure drop of dry bed 
consistent with experimental data 
(Yang et al., 
2010) 
CO2 absorption 


















Factorial design of experiments showed 
gas flow rate most significant factor 
compared to temperature, rotational speed, 
liquid flow rate and PZ content; Algebraic 
model assuming stirred tank in series 
followed by gas-liquid contactor (for outer 











solid catalyst RPB 
(reactor only) 







Methanolysis of soybean oil in RPB; 
excellent micromixing to efficiently mix 3 
immiscible phase(oil, methanol, 
heterogeneous catalyst); better YFAME, 
production capacity, and catalyst stability 
over other studied reactors; Pressure drop 
low due to no gas flow 
(Chen et al., 
2011) 
SO2 absorption in 
sodium citrate 
buffer solution 








Effect of w, L/G, G, cSO2, citrate conc. and 
pH on SO2 removal efficiency and  
appropriate conditions determined 
(Jiang et al., 
2011) 
CO2 absorption in 
MEA, NaOH and 2-
amino-2-methyl-1-
propanol (AMP) 









Crossflow RPB for CO2 removal in 
multiple absorbents explored; MEA 

















Determination of real effective interfacial 
area (α) of mass transfer in RPB packing 
in SS wire mesh type; Existence of end-
effect verified where cavity zone 
contributed to nearly 13-25% of the net 
mass transfer; α increases with rotational 
speed and gas flow rate 






rotating packed bed 
(IS-RPB) and coil 
pipes 










p-Hydroxy-benzaldehyde preparation by 
hydrolysis of diazonium salts in IS-RPB 
and coil pipes studied; IS-RPB enhances 
micromixing and reduces poor dispersing 
effect as in traditional kettle-type reactor 
(KTR); Side reactions reduced; Yield 
significantly increased (upto 84.1%) and 














mixture; (a) and (b) 
also involved total 
reflux 

























Two-stage counter-current rotating packed 
bed (TSCC-RPB) explored and compared 
with conventional packed column (CPB), 
two RPBs and a RZB distillation; 
Respective number of theoretical plate per 
meter (NPM) calculated is 24-58, 4, (50-57 
& 20-136), 20-38 and 24-58; Pressure drop 
and flooding study carried with air-water 
& air-glycerin mixture; Pressure drop of 
TSCC-RPB lower than RZB; Pressure 
drop: (a) 200-700Paa, (b) 300-800Paa, (c) 
100-1400 Pa 
(Luo et al., 
2012) 
Methanol–ethanol 
distillation in split 
RPB 




- 600-1550 rpm 
Split RPB performance for distillation at 
total reflux conditions evaluated; HETP 12 
times smaller than conventional packed 
bed; Mass transfer performance claimed to 
better than non-split RPB 
(Mondal et 
al., 2012) 
Nitric oxide flue 
gas removal by 
ferrous chelate 
solution 









NO removal efficiency 87% at 150g; 
Increase in liquid temperature (303 to 343 
K) reduces removal efficiency; Removal 
efficiency unaffected by addition of 
Na2SO3 (often added to ferrous chelate 
absorbent for maintaining high absorbent 










Table A.2: Available Data in Open Literature on Industrial Applications of HiGee (Chen; Creative Energy: Energy transition, 2007; 
GasTranSystems; Trent, 2003; Reay, 2008; Zhao et al., 2010; Qian et al., 2012) 
Company and year Application Capacity and HiGee 
size [ri, ro, h] 
Remarks 




Water deoxygenation for use in 
secondary oil-field recovery 
300 T/h, [0.3, 0.5, 
0.7] 
Two 250 t/h,- 
• O2 content in treated water< 50 ppb (200-800 ppb in 
conventional single tower)  
• Capital cost: 40% less 
• Reactor volume: 70% smaller 
• Plant footprint: 80% lower 




HOCl production (instant removal of 
HOCL form reaction environment to 
prevent its decomposition) 
150 t/h, [-,-,1] • Yield:10% higher 
• Stripping gas: 50% less 
• Operating cost: 30% less 
• Capital cost: 70% less 
• Reactor volume: 40% smaller 
3. Sulfuric acid factory in 
Zibo, China, - 
 
 
SO2 absorption from tail gas - • SO2 reduced to 50 ppm 
• Investment, space and energy consumption decreased 
from $130,000, 120 m3 and 80 kW to $85,000, 60 m3 
and 60kW, respectively 
• Further 300 t/d sulphuric acid plant tail gas (40,000 
m3/h) with 750 g/l ammonium sulphite-bisulphite 
solution as a product, two RPBs can replace three 




Manufacturing nano-material for oil 
and gas, coatings, plastics, glass, 
electronics, pharmaceutical and 
specialty chemicals 
- - 







5. Guangdong Guangping 
Chemical Co. Ltd, 
China, 2000  
6. Inner Mongolia Mengxi 
High-Tech Materials 
Co. Ltd, China, 2001 
7. Shanxi Huaxin 
Nanomaterials Co., 
China, 2001  
8. Anhui Chaodong 
NanoMaterial Science & 
Technology Co., Ltd, 
China, 2002  
9. Shandong Shengda 
Nanomaterials Co., Ltd, 
China, 2002  
Production of CaCO3 nanoparticles 
by reaction of Ca(OH)2 and CO2 
 




3,000 t/y, - 
 
 
10,000 t/y, - 
 
 




10,000 t/y, - 
• Particle size: 15-30 nm 
• Reaction time reduced by 2 to 3 times 












Production of monodispersed copper 
nanoparticles 
100 t/y • Particle size: 2-15 nm 
• Raw materials: 25% less 
• Energy: 30% less 
• Waste generation: 75% less 
11. Petroleum China 
Corporation, Karamay 
Petrochemical Co., 
China, 2007  
 
Production of in-situ monodispersed 
CaCO3 nanoparticles in lubricating 
oil detergent 
 
1,000 t/y, - • CaCO3 particle size 10-20 nm 
• Reaction time shortened 2 to 3 times 
• Raw materials: 20% less 
• Energy: 30% less 












240,000 t/a,- • Reduced the side reactions significantly  
• Boosted product quality 
• Impurity reduced: 30% 
• Energy saving: 20% 
• Production capacity increased from 160 kt/a to 240 kt/a 
13. A pharmaceutical 
enterprise, China, -  
 
 
High-quality emulsification in 
pharmaceutical production line 
droplets 
5,000 t/a, - • Conventional batch production process upgraded to 
continuous HiGee process  
• 132 kW-homogenizer replaced by 10 kW-HiGee 
• product quality improved  energy-saving: greater than 
75% 
14. Fujiang petroleum 
refinery Co., China, -  
 
H2S/CO2 selective absorption 11 t/h (gas feed rate), 
[0.175, 0.45, -] 
• Packed bed volume reduced from 14 m3 (conventional) 
to 0.3 m3 (RPB) 
• Power reduced from 250 kW to 217 kW 
• Steady state conditions in few minutes 
• Residence time reduced from 40s to ~1s 
15. Fertilizer plant, -, - - - • Recycle volume of absorption solution reduced by 50% 
16. PepsiAmericas Plant, 
US, -  
 
Lowering dissolved oxygen (DO) 
levels in feed water and achieving 
consistent CO2 injection 
- • RPB cleaner, had low operating & maintenance cost 
• Achieved 6-sigma, low DO output (200-400 ppb) over 
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